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PREFACE TO TRANSLATION 
 

Since the first version of this book in 1999, the concerns over rising CO2 emissions present an even 
greater challenge to the development of the future energy supply system.  Accordingly, new proposals 
and demonstration projects have been developed to address this issue.  
 
Reducing CO2 emissions associated with power production by measures such as efficiency improve-
ments or switching to low carbon fuels are limited by the residual carbon content of the fuel and the 
availability of the primary energy sources, respectively.  Also, the utilization of renewable energy 
sources is restricted by capacities, as well as by the high cost of the present state of this technology.  On 
the other hand, we will have to depend on reliable, abundant energy sources.  Coal reserves, for exam-
ple, are sufficient to provide a sustainable energy supply for centuries. If fossil fuels continue to be the 
primary energy supply for the next several decades, CO2 capture and storage, also called carbon man-
agement [1], is the only transition solution to both secure energy supplies and reduced CO2 emissions as 
we move to new energy supply systems. 
  
Apart from nuclear energy, CO2 capture and storage by far offers the largest potential for reducing CO2 
emissions at lower costs than utilization of renewable energy sources [2]. Although CO2 avoidance by 
efficiency improvement at a certain point will start to get very expensive compared to CO2 capture (Fig-
ure 1), the development of a low emission, i.e., highly efficient, power plant is advantageous for the ap-
plication of CO2 capture.  The capture requirements would be reduced in proportion to the lower CO2 
emissions.  Regarding CO2 storage, there are potential options; however, there are possible ecological 
problems in CO2 storage in the ocean, safety problems in underground storage, and impact problems of 
possible increases in primary energy consumption that must be considered and understood before this 
technology is feasible on a large scale.   Regardless of the challenges, the vision of clean future energy 
at acceptable costs has to be pursued.   
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Figure 1:  Trends of emission reduction and CO2 reduction costs by efficiency improvement and CO2 capture 

 

CO2 emission reduction in power plants cannot be the only approach to reducing total CO2 emissions.  
The effect of CO2 capture can be increased if it is also applied to centralized hydrogen production from 
fossil fuels. Such a system of carbon management would include centralized power production, as well 
as fuel supply, from centralized hydrogen plants to the transportation sector and to domestic heating or 
to decentralized production of combined heat and power (Figure 2). For such a hydrogen production 
system, the gasification of coal or the reforming of natural gas is required with subsequent separation of 
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the CO2 and H2 produced, such as in Process Family I in the book,  to provide the hydrogen for export 
and the CO2  for storage.   
 

 
Figure 2:  Carbon management system supplying CO2 emission free power and fuel. 

 
Regarding the development of a CO2 emission free fossil fuel-fired power plant, the following state-
ments should be considered:  
•  The development of a low emission, i.e., highly efficient, power plant is also advantageous for the 

application of CO2 capture.  
•  Additional energy demand due to efficiency reduction or power reduction caused by CO2 capture is 

unwanted and would partly negate the effect of emission reduction by increased climate effective 
emissions during mining, transport, and further utilization.  

•  One principle to be followed for minimization of the energy required for CO2 capture is to avoid the 
dilution of the combustion products, e.g. by nitrogen, thus permitting CO2 separation at the highest 
concentration possible. Theoretically, exergy could even be gained by avoiding exergy losses of gas 
mixing during combustion. 

•  As already mentioned in Chapter 2.2.1 (Overview), CO2 is not the end product of chemical carbon 
conversion, but in the global chemical carbon cycle the lowest energy level is finally reached in the 
carbonates of the ocean sediments: 
 Mg3Si2O5(OH)4 + 3 CO2  → 3 MgCO3 + 2 SiO2 + 2 H2O  +63,6 kJ per kmole 
(exothermal) 
In nature this exothermal integration of carbon into the sediments runs extremely slowly [3], pre-
venting the technical utilization of the released energy.  At present, there are no methods to utilize 
the energy of this reaction.  

An optimized system considering all the above statements does not yet exist. 
 

The direct fixation of fuel carbon in carbonates (see reaction above) without the intermediate production 
of CO2 and with the utilization of the additional energy potential of the carbonation reaction should be 
considered as a conceivable process for CO2 capture.  Such a process is depicted in Figure 3 where the 
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only by-products are steam and a mixture of ash and carbonates.  However, a practicable technical solu-
tion has not yet been found.  

 
Figure 3:  Open technical feasibility of direct fixation of fuel carbon in carbonates 

 
From the comparison of the ideal processes described in Chapter 3.10, it is obvious that the combustion 
in oxygen and recirculated CO2 in the long term offers by far the best option.  Indeed, the development 
of oxygen production with membranes is already outlined which will cause clearly lower energy con-
sumption and costs. Furthermore, proposals already exist for which no additional energy demand for 
oxygen supply would be required.  Instead of  supplying oxygen via the energy intensive intermediate 
step of producing highly pure oxygen, the oxygen is directly transferred via intermediate reactions with 
metal oxides as described in the book in Figure 2.18 or membrane reactors at high temperatures 
(Perovskit membranes, e.g. Figure 4) [4, 5, 6].  With the introduction of condensing CO2 cycles, even 
the energy demand for CO2 liquefaction could be eliminated.  Such high-temperature membranes are 
also used in high-temperature fuel cells. The gas separation effect of the fuel cells could be used very 
effectively if this kind of membrane reactor would also be applied to oxidize the residual fuel without 
mixing with nitrogen from air. 
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Figure 4:  Gas turbine process with oxygen supplied by membrane reactor (Advanced Zero Emission Plant � 

AZEP [4]). The efficiency reduction would be less than 5 percentage points. 

 
 
In the ZECA (Zero Coal Alliance) process [7], with the combination of a hydro-gasification process 
with a calcium/calcium oxide cycle acting as a combined CO shift � gas separation system and a SOFC 
with chemical heat recuperation in the calcium/calcium oxide cycle, an efficiency of 70% has been 
claimed when all components including the pressurized fuel cell become available (Figure 5). While 
CO2 capture is inherent in this kind of hydro-gasification, the high efficiency of 70% is only attainable 
in combination with the almost complete utilization of the high temperature exhaust gas of the high tem-
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perature fuel cell. Otherwise additional fuel would have to be consumed for adsorbent reduction (cal-
cium/calcium oxide). The gasification components of this system, as well as the advanced pressurized 
fuel cells, will be subjects of future developments.  Recent estimates assuming state-of-the-art compo-
nents and consideration of chemical equilibrium result in an efficiency of only 39% LHV [8]. 
 

 
Figure 5:  The  ZECA process [7] 

 
As a long term research goal, the possibility of the development of a CO2-free power plant is outlined 
with efficiency reduction due to CO2 capture or even a higher efficiency. To reach this goal, new com-
ponents have to be developed which minimize the effort for the respective gas separation and CO2 lique-
faction or even eliminate it, e.g., by a combustion system with oxygen transfer via membranes and a 
CO2 turbine cycle with condensation. For  CO2 storage, solutions have to be the most environmentally 
neutral and should possibly utilize the chemical potential of the last transformation from the fuel to the 
carbonate.   In any case, one goal for CO2 capture has to be an efficiency as high as possible, because 
then less effort with components and energy is required.  If in the long term, an energetic and economi-
cally favorable oxygen supply can be developed, it would not be important relative to CO2 capture to 
distinguish between gasification technology or a steam power plant.  
 
With existing technology, CO2 capture can reduce emissions.  However, due to the cost of higher pri-
mary energy consumption, it cannot be viewed as a no-regrets solution. Nevertheless, when the de-
scribed development goals can be realized, CO2 capture could offer a long-term, no-regrets solution with 
only a low energy requirement and high efficiency. 
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Abstract 
CO2 capture in power plants is one possible measure, which could potentially be used to reduce CO2 
emissions in the future. This work contains a summary of methods of CO2 capture in power plants, 
which are currently under discussion. It includes an energy analysis of the individual methods, as well as 
an assessment of specific CO2 emissions, penalties in efficiency resulting from CO2 capture, additional 
investment required, additional electricity generation costs incurred, CO2 avoidance costs and technical 
feasibility. The following methods of CO2 capture are examined: separation of carbon dioxide from syn-
thesis gases following CO conversion, CO2 concentration in flue gas through combustion in an atmos-
phere consisting of oxygen and recirculated flue gas, carbon dioxide separation from flue gases, and 
CO2 capture in power plants with fuel cells. In addition to the various power plant cycles, gas separation 
methods such as absorption, adsorption, membrane separation processes, and cryogenic processes are 
analyzed. 
 
A comprehensive review of the literature indicates that cited levels of efficiency in power plants with 
CO2 capture, and the efficiency penalties, are scattered over a broad range. This makes it difficult to 
assess differences between the various methods of CO2 capture and different types of power plants. Fur-
thermore, the majority of published studies on CO2 capture in power plants fail to provide an in-depth 
analysis of the energetics. 
 
Highly efficient power plants consume less primary energy and produce less CO2. At the same electrical 
power out, with increased efficiency, the CO2 mass flow to be separated, and thus the expenditure on 
energy and equipment required for CO2 capture, is smaller. The calculations in this study therefore focus 
on those power plants, which currently display the greatest efficiency potential, specifically natural gas-
fired gas/steam turbine combined cycle (GTCC) power plants and integrated gasification combined 
cycle (IGCC) power plants. 
 
To enable direct comparisons to be made, a number of my own calculations of power plant cycles and 
gas separation methods are performed under standardized conditions, and the contributions of the indi-
vidual process steps to CO2 capture are analyzed. The minimum expenditure required for CO2 capture 
and the effectiveness of individual methods are examined by means of the reversible separation work 
and other ideal process steps. These indicate the development potential. In addition to the gas separation 
techniques, this study also examines CO conversion and � for processes involving concentration of CO2 
in the exhaust gas � cycles with CO2 as a working substance, and O2 supply. For processes involving 
CO2 concentration in the exhaust gas, a selective O2 supply is proposed. In a theoretical, ideal case, this 
would allow for capture of gaseous CO2 through combustion in an atmosphere consisting of O2 and 
recirculated CO2, without any further energy requirement. 
 
CO2 capture in coal-fired power plants, and CO2 liquefaction, result in an efficiency penalty of between 
6 and 14 percentage points. An evaluation of the techniques for CO2 capture in coal-fired power plants 
demonstrates that the most favorable method, at current levels of technology, is separation of carbon 
dioxide from the synthesis gas of an IGCC following CO conversion. With regard to CO2 capture in 
natural gas-fired power plants, the most suitable method, with the current state of the technology, is CO2 
scrubbing from the flue gas. CO2 avoidance costs for CO2 capture and liquefaction range from 20 to 45 
US$/t CO2. This does not include the cost of transporting and disposing of the CO2, which adds on an 
additional 7 to 14 US$/t CO2 (based on a pipeline length of 1000 km). Thus, CO2 capture in power 
plants only becomes an interesting proposition in the case where global CO2 emission reduction targets 
are greater than 10%.



INTRODUCTION  1 

1 INTRODUCTION 

 
1.1 The Problem 
 
As early as 1896, Arrhenius estimated the influence of atmospheric carbon dioxide (CO2) on the tem-
perature of the Earth's surface [9]. The first World Climate Conference, backed by the United Nations, 
took place in 1979, and was followed by further conferences, which continue to the present day, all 
prompted by the concern that increasing concentrations of CO2 and other trace gases (such as CH4, N2O 
and fluorocarbons) in the Earth's atmosphere could lead to global warming. The "International Energy 
Agency" (IEA) set up a special group (IEA Greenhouse Gas R&D) engaged on the task of reducing 
greenhouse gas emissions. Since 1992, this group has held a series of conferences focusing on methods 
for the capture and disposal of CO2. 
 
Of all the anthropogenic greenhouse gas emissions, CO2 makes the most significant contribution to-
wards the greenhouse effect (Figure 1.1) [10]. Since the start of the industrial era, CO2 concentration as 
a proportion by volume has risen from 280 ppm to 360 ppm today. This increase in CO2 concentration 
has primarily been caused by the increasing combustion of fossil fuels (Figure 1.2). According to a 
number of predictions, global energy consumption based on fossil energy fuels will continue to climb 
[11, 12]. For the long term, to prevent a CO2 concentration exceeding a proportion by volume of 500 
ppm, projected worldwide CO2 emissions will have to be cut by around 40% as early as the year 2025 
[10, 13]. According to Schönwiese [14], CO2 emissions will have to be halved by the middle of the next 
century. Taking into account the lesser obligations of the Third World to reduce emissions, this would 
mean industrialized countries having to achieve CO2 emission reductions of 80%.1 
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Fig. 1.1: Proportional contributions of anthropo-

genic greenhouse gas emissions towards 
climate change, allowing for effects over 
a period of 100 years [10] 
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Fig. 1.2: Development of global CO2 emissions from 
various fossil fuels [15] 

In addition to energy conservation, improvements in energy efficiency, and the use of low-carbon or 
carbon-free primary energy sources (nuclear fuels, renewable energies), another possible measure1 is 
CO2 capture in power plants. This study analyzes and evaluates the possibilities of this latter measure. 
The CO2 separated in this process must subsequently be disposed of in a permanent manner. This dis-
posal process is described in other studies (see Section 2.2.1) and is not dealt with in this paper. 
                                                 
1 See also Appendix, Sections 6.1 and 6.2 
 



 2 

 
1.2 Task Definition 
 
The purpose of this dissertation is to analyze and compare methods of CO2 capture in power plants fired 
with fossil fuels. This paper also provides a comprehensive overview of proposals described in the lit-
erature, and includes calculations and comparisons of the expenditure of energy and exergy in these pro-
posals, as well as levels of efficiency and efficiency penalties. 
 
The technical implementation of CO2 capture in power plants and a comparison of the methods have 
already been presented in numerous publications, (e.g. [16, 17, 18]). However, no analysis of the 
energetics of CO2 capture in power plants has yet been described, which systematically demonstrates the 
impact of CO2 capture. 
 
The overview of the literature presented in Chapter 2 of this work ("State of the Science and Technol-
ogy") incorporates a far greater number of process variants than previous studies, and includes process 
data such as efficiency, CO2 emissions and costs. 
 
By combining the various concepts for the integration of CO2 capture in the plant as a whole, with the 
different types of power plant and gas separation methods, it is possible to generate a large number of 
different power plant processes with CO2 capture. In this study, the methods of CO2 capture in power 
plants have been divided into five process families, taking into consideration data from the literature, as 
well as fundamentals of thermodynamics and process engineering: 
 

Grouping the Methods of CO2 Capture 

•  In Process Family I, CO2 is removed from synthesis gases, which are produced through coal gasifi-
cation or steam reforming of natural gas. For CO2 capture, the CO in the synthesis gas must be con-
verted into CO2 and H2 through CO conversion with the addition of steam. Following CO2/H2 sepa-
ration, the hydrogen-rich fuel gas undergoes combustion with air in a gas turbine, subsequent to 
which the CO2 is disposed of. 

 
•  Process Family II (CO2 enrichment) comprises all those processes, in which exhaust gas consist-

ing of CO2 and steam is produced through combustion in an atmosphere of oxygen and recirculated 
flue gas or steam. In cycles with CO2 condensation, liquid CO2 can be separated without further CO2 
liquefaction. 

 
•  Process Family III includes all those combinations of power plant processes in which CO2 is re-

moved from the flue gas at the cold end. 
 
•  Process Family IV comprises processes such as the so-called hydrocarb process, in which carbon is 

removed from the fuel prior to combustion. 
 
•  Process Family V deals with CO2 capture in power plants with fuel cells, which can be operated 

with combustible gases of fossil origin. 
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Building on a comprehensive review of the literature dealing with CO2 capture in power plants (Chapter 
2, "State of the Science and Technology"), this work goes on to consider the distinctive characteristics of 
the various combinations of different power plant types and methods of CO2 capture. 

The studies presented in the literature are based on very different assumptions; consequently, their 
results are scattered over a very broad range (Figure 1.3). For a better comparison of the studies, the data 
contained in the literature has been converted to come close to a set of standardized process conditions 
(see Chapter 2.2.8, Table 2.18). 
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Figure 1.3: Variance of data from the literature (see Chapter 2, "State of the Science and Technology") relating 

to the efficiency of power plants with CO2 capture, and efficiency penalties resulting from CO2 cap-
ture and liquefaction. 

 
Chapter 3 ("Energy and Exergy Analysis") determines the fundamental thermodynamic principles for 
the most important methods of CO2 capture in power plants, and analyzes how individual process steps 
involved in CO2 capture impact on the energy balance and exergy balance in real processes and, in some 
instances, in ideal processes. Detailed calculations in this study are based on standardized boundary 
conditions and process conditions. The core of the calculations deal with gas separation methods, 
chemical conversion of gases, and combined cycle power plants, which therefore also requires the ther-
modynamic calculation of coal gasification, gas turbines and gas/steam turbine combined cycle power 
plants (GTCC, also known as GUD power plants2). 

In the literature (see Chapter 2, "State of the Science and Technology"), the expenditure of energy in 
technical installations is described. In addition to examining the processes under real conditions, this 
present study also determines the minimum expenditure of energy for the ideal case with reversible 
changes of state, and the process-related, minimal irreversibilities, and from this the minimum expendi-
ture for CO2 capture in the various integrated systems. 

Cost comparisons are presented in Chapter 4 ("Economic Comparison of Power Plant Cycles with CO2 
Capture"). Based on estimations of required investment for the individual component groups of the 
power plants and for the CO2 separating equipment, this chapter calculates the electricity generating 
costs of the power plants with CO2 capture, and the CO2 avoidance costs. 

                                                 
2 GUD is a registered trademark of the Siemens company and stands for "Gas und Dampf" (gas and steam) power plant 

(GTCC). 
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1.3 CO2 Capture: Definitions 

Some of the terms relating to CO2 capture used in this study are not particularly common, and are there-
fore explained below. Definitions of separation behavior and of operation conditions of gas separation 
methods are given in the description of the relevant process. 
 
CO2 separation, CO2 separation factor 

2COs : This represents the effectiveness of a gas separation method 
alone. The CO2 separation factor 

2COs  refers solely to the mass flow of CO2 present in the raw gas (not 
in the primary fuel); it is the ratio between the mass flow of separated CO2 and the mass flow of CO2 in 
the raw gas. 
 
CO2 capture, CO2 capture ratio 

2COr : CO2 capture is the overall effect produced by gas separation and 
other process steps, enabling a portion of the CO2 to be separated from the process as a separate mass 
flow and stored or used in some other manner. The CO2 capture ratio 

2COr  is the ratio between the sepa-
rated CO2 mass flow rate and the mass flow rate of the carbon in the primary fuel supplied, or the CO2 
produced from this, respectively: 

   

C

CO
fuelC

removedCO

fuelC

removedCO
CO

M
M

m

m
n

n
r

2

22

2

,

,

,

,

⋅
==

&

&

&

&
 (1.1) 

In the above equation, 
C

CO

M
M

2  is the ratio between the molecular weights of CO2 and carbon. 

 
Reference Power Plant: 
The term "reference power plant" refers to a power plant with no CO2 capture. Efficiency penalties, re-
ductions in CO2 emissions and CO2 avoidance costs resulting from CO2 capture are calculated relative to 
the reference power plant. The reference power plant can be an equivalent type of power plant (baseline 
power plant, see below), or alternatively any other type of power plant, or the average of a power plant 
park, for example. 
 
Baseline Power Plant: 
In this document, a baseline power plant is considered to be a reference power plant with no CO2 cap-
ture, where this is equivalent in type to the corresponding power plant with CO2 capture or where the 
power plant with CO2 capture is derived from the process layout of the baseline power plant. 
 
Specific CO2 Emissions Reduction 

2COε  of a Power Plant (i): 
The specific CO2 emissions reduction of a power plant (i) is the reduction in the emitted, i.e. non-
separated CO2 quantity 2

.

COm , at the same level of power Pel as the reference power plant without CO2 
capture: 
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This equation applies to cases where the reference power plant is of the same type and uses the same 
fuel (baseline power plant), as well as to cases where the fuel is changed or the reference power plant is 
of a different type (i.e. the formula also applies in the case of an IGCC power plant with CO2 capture 
compared to a baseline plant of the pulverized coal-fired steam type, for example, or even a gas-fired 
gas turbine cycle). 
 
Since CO2 capture also involves efficiency penalties, the CO2 emissions reduction 

2COε  differs from 
the CO2 capture ratio 

2COr . Assuming that the fuel composition remains the same, CO2 emissions 
reduction 

2COε  may be calculated from efficiency penalty 
iηηη −=∆ reference
 and CO2 capture ratio 

2COr 3: 

   ( )
22

11
reference

reference
COCO r−

∆−
−=

ηη
ηε  (1.3) 

This equation shows that the CO2 emissions reduction is affected less by efficiency penalty η∆  at high 
efficiency levels of the reference power plant than at low efficiency levels. In the case of 0

2
=COr  and 

negative η∆ , CO2 emissions reduction is obtained merely through efficiency improvement3. 
 
CO2 avoidance costs 

2COk : 
CO2 avoidance costs are the additional costs associated with the avoidance of CO2 emissions, incurred 
over the planning, construction and lifetime of a measure. The CO2 avoidance costs 

2COk  are calculated 
from the ratio between the increase in electricity generating costs ielk ,  and the difference between the 

specific CO2 emissions (relating to the electrical energy output) iCOm ,

.

2  of the reference power plant and 
power plant (i): 
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3 Efficiency penalty η∆  resulting from CO2 capture is considered here as a positive value. This involves reversing the sign, 

when compared with other publications, in which the efficiency improvement with no CO2 capture, as a measure of CO2 
emissions reduction, is counted as positive. 
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2 STATE OF THE SCIENCE AND TECHNOLOGY 
 
2.1 Baseline Efficiencies 
 
By improving the efficiency of a power plant, both fuel consumption and, as a result, CO2 emissions, are 
reduced. In contrast, CO2 capture requires an additional expenditure of energy, and thus causes a penalty 
in efficiency. However, the additional expenditure of energy associated with CO2 capture becomes 
smaller as the efficiency of a power plant increases, since higher efficiency means lower production of 
CO2. For this reason, when considering the baseline power plant with no CO2 capture, on which the de-
velopment of a concept involving CO2 capture is to be based, it is essential that this baseline power plant 
should achieve the highest possible level of efficiency. 

Table 2.1 contains a summary of the various power plants, which have either already been introduced, as 
of today, or are currently under development, together with improvement measures and efficiency po-
tentials. The most important measures for improving efficiency involve increasing steam temperatures 
and gas turbine inlet temperatures, and improving waste heat utilization and component efficiency [19]. 

Of all the power plants currently capable of being built, natural gas-fired gas turbine combined cycle 
(GTCC) power plants (Table 2.2) achieve the highest efficiency, lowest CO2 emissions and lowest costs 
(Table 2.2). 

 
Figure 2.1: Simplified flow diagram of an integrated gasification combined cycle (IGCC) power plant with low-

temperature gas cleaning 

The most common coal-fired power plant is the steam power plant with pulverized coal combustion at 
atmospheric pressure. Coal-fired combined cycle power plant cycles with pressurized fluidized bed 
combustion (PFBC) are commercially viable, but display limited efficiency (43%); integrated gasifica-
tion combined cycle (IGCC) power plants (Figure 2.1) are in the demonstration phase, and pressurized 
pulverized coal-fired combined cycle power plants are at an early stage of development. Among the 
coal-fired power plants, the greatest level of efficiency, at current levels of technology for coal-fired 
plants, is attained by the IGCC power plants. This is why a large proportion of studies on CO2 capture in 
coal-fired power plants suggest the IGCC power plant [20]. Another advantage of the IGCC power 
plant, in terms of CO2 capture, is that this is the only type of coal power plant, which allows CO2 to be 
separated, prior to combustion, from a gas flow, which is not diluted with air. According to recent stud-
ies, there is now virtually no difference between the electricity generating costs of coal-fired steam 
power plants and IGCC power plants of the next generation, in cases where the annual utilization factor 
is high [21].
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Table 2.1: Efficiency of current power plant types and efficiency potential stemming from possibilities for im-
provement and for future power plant cycles [22]4 

Year of Initial 
Operation 

Example Operating Characteristics Efficiency in 
% 

Natural Gas-Fired Power Plant Cycles 
1998 Gas turbine simple cycle TIT approx. 1190°C (ISO 2314)5 approx. 38-40 
1997 
1998 
1996 
>1998 
>>2000 

GT with reheat 
GT with recuperation 
GT with steam injection (STIG/Cheng) 
Humid Air GT (HAT) 
GT with chemical recuperation (CRGT) 

 approx. 38  
approx. 40  

<45  
approx. 58-59 

55-62  
1998 Gas / steam turbine combined cycle power plants TIT approx. 1190°C (ISO 2314) 5 58-59  
 
1995 / >2000 
>2000 / >2005 

Fuel cells, natural gas-fired: 
PAFC / PEMFC 
MCFC / SOFC combined cycle plant 

 
[23, 24] 
[23, 24, 25] 

 
approx. 40  
55 ... >60 

Coal-Fired Steam Power Plants 
Operational since 
1998 

Coal-fired steam power plant  
(seawater cooling system) 
Nordjyllandsvaerket [26] 

Steam: 285 bar/580°C/580°C/580°C 
Feedwater preheating: 300°C 
Condenser pressure: 0.023 bar  
10 feedwater preheating stages 

47  

Planned for 1999 
(adjusted) 

Coal-fired steam power plant 
(wet cooling tower system)  
Gelsenkirchen-Heßler[27] 

Steam: 275 bar/580°C/600°C 
Feedwater preheating: 300°C 
Condenser pressure: 0.037 bar  
9 feedwater preheating stages  

45 to 45.5  

Planned for 
2001-2005 

Coal-fired steam power plant (seawater cooling sys-
tem) Avedoere 2 [28, 29] 

Steam: 300 bar/580°C/600°C 
Condenser pressure: 0.023 bar 

50  

Planned for 2010 Coal-fired steam power plant, study [30] Steam: 700°C 52-55  
Coal-Fired Combined Cycle 
1994 Pressurized Fluidized Bed Combustion (PFBC) 

combined cycle 
Gas turbine: 860°C/12 bar 36-40 

(1999: >45) 
>2010 Pressurized Pulverized Coal-Fired combined cycle 

power plant (with hot gas clean up or warm gas 
clean up according to heat exchanger) 

 >50  

 Magneto Hydro Dynamic generator (MHD) + steam 
cycle 

 50-60  

 
1993 
1998 
>1998 

IGCC Power plant 
   Buggenum (NL) 
   Puertollano (E) 
   Study, ready for construction in 1998 [21] 

 
TIT 1050°C     (ISO 2314) 5 
TIT 1120°C        -"- 
TIT >1190°C      -"- 

 
43.2 
45 

51.5  
 
≥1998 
>2000 
>2005 

IGFC (IGCC with fuel cells): 
PAFC (split fuel stream) / GT combined cycle plant 
MCFC combined cycle plant 
SOFC combined cycle plant 

 
[31] 
[32] 
[32] 

 
approx. 50  

> 55  
> 55  

 Multiple steam cycles  50-51  
 Kalina cycle  >47  
 
There are currently two IGCC power plants in Europe: Buggenum Power Plant (253 MW, η = 43%, in 
operation since 1993) and Puertollano (300 MW, rated efficiency 45%, in operation since 1998). Addi-
tional IGCC demonstration power plants have been constructed in the USA, thanks to a sponsorship 
program run by the US Department of Energy. 

                                                 
4 Key parts of the "Combined Cycles" study were compiled during the writing of this work, such as the chapters dealing 

with the topics of steam power plants, wet gas clean up, the HAT cycle, multiple steam cycles, the Kalina cycle, the 
MHD/steam turbine combined cycle, and fuel cells.  

5 It is important to distinguish gas turbine inlet temperature, according to ISO 2314, from combustion chamber/firing tem-
perature, since the influence of blade cooling is not taken into account in the latter temperature (Figure 3.1, 66). 



Power Plants with CO2 Capture 8 

Table 2.2: Levels of efficiency, specific CO2 emissions and investment costs for power plant types 
 currently ready for construction (off-the-shelf) 
 
 Efficiency (LHV) 

in % 
CO2 Emissions 
in kg CO2/kWh 

Investment 
in US$/kW 

Elec. Generating Costs 
in US$/kWh 

Steam power plant, hard coal 45-47  0.69 � 0.79 1050 0.036 
IGCC, hard coal 50-52  0.62 � 0.71 1100 0.037 
Gas/steam turbine combined 
cycle 

58-59  0.32 � 0.33 510 0.027 

 
2.2 Power Plants with CO2 Capture 
 
2.2.1 Overview 
 
In 1977, Marchetti became the first person to put forward the idea of separating CO2 from flue gases in 
power stations fired with fossil fuels and sinking it in the ocean [33]. A storage period of several hun-
dred years would at least flatten out the peak of CO2 concentration in the atmosphere. A wide variety of 
proven absorption methods are available for CO2 capture; furthermore, demonstration plants, provided 
with absorption facilities, are in operation, and adsorption processes are under development in labora-
tory tests. Removing CO2 by condensing it or freezing it has also been considered in some proposals. 

The idea of burning fuel in an atmosphere of recirculated flue gas enriched with oxygen originated from 
Horn and Steinberg [34, 35]. The flue gas would then consist, primarily, of carbon dioxide and water 
vapor, and it would be easy to subsequently remove the water component through condensation.  

When using synthesis gases from coal gasification, the option exists of removing CO2 at a highly con-
centrated level from the fuel gas prior to combustion (this option also applies for natural gas subsequent 
to steam reforming). One way to achieve this is to convert the CO component of the synthesis gas, i.e. 
conversion of CO (with the addition of steam) into H2 and CO2 followed by combustion of the remain-
ing H2-rich gas with air (thermodynamically at best in a combined cycle). The alternative possibility is 
separation of H2 and CO using a membrane, followed by separate combustion of H2 in air and CO in 
�technically� pure O2. 

Where natural gas or biomass is to be used, Steinberg [36, 37, 38] suggests a process in which, in addi-
tion to the generation of CH4 or methanol, a further variation allows for only the hydrogen component of 
the fuel mixture to be used as an energy supply, and for the carbon component to be stored as carbon 
black. 

Fuel cells provide particularly advantageous conditions for CO2 capture, since they already feature gas 
separation as part of the system, and the electrochemical oxidation is performed with the exclusion of 
atmospheric nitrogen. 
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Demonstration Plants 

The separation of CO2 from power plant flue gases has already been demonstrated to be technically 
feasible. In the period between 1982 and 1986, chemical scrubbing, based on an aqueous solution with a 
percentage by weight of 20% monoethanolamine (MEA), was carried out in two locations: the natural 
gas-fired Lubbock Power Plant in Texas, USA (50 MW), and a natural gas-fired steam generator in 
Carlsbad (New Mexico, USA). The mass flow of CO2 leaving the two plants was on a scale of 1000 t 
and 113 t per day, respectively. It was used to enhance oil recovery in neighboring oilfields. 
Deterioration in the economic climate, coupled with lower oil prices, led to the two plants being shut 
down [39]. Since 1991, CO2 scrubbing with a 15 to 20% MEA solution has been carried out in the 300 
MW Shady Point Combined Heat and Power Station (Oklahoma, USA), and in a coal-fired steam 
generator of a soda ash plant in Botswana. At these sites, more than 400 t of a 99.99+% pure CO2 
product (dry basis) are produced each day, and are used for the food industry and in oil recovery [40, 41, 
42]. In Japan and in the USA, demonstration and test plants are currently seeking to use additives to 
achieve a higher concentration of the MEA solution without increasing oxidation of the absorbent [43, 
39]. 

Norway and Indonesia are both conducting projects to remove (and actually dispose of) CO2 from 
natural gas and from gas turbine exhaust gases. On the gas production platforms of the Norwegian 
�Sleiper Vest� gas field, the volume fraction of CO2 in the recovered natural gas is to be reduced from 
9.5% to 2.5%; the separated CO2 is then injected into a 250m-deep aquifer located 800 m below the 
ocean surface [44]. The primary motivation behind this sequestration process is the CO2 tax totaling 50 
US$ per ton of CO2 emitted, which applies to offshore areas of Norway. In another announced project 
involving the recovery of natural gas from the Indonesian "Natuna" field, the volume fraction of CO2 in 
the recovered natural gas must be reduced from 71% to almost 0%. Exxon and Pertuna, the two 
companies involved in the project, intend to inject the separated CO2 into a nearby aquifer [45]. 

CO2 Sequestration 

Storing global, anthropogenic CO2 emissions amounting to 6 Gt C, corresponding to 22 Gt CO2 per 
year, requires global storage capacity on a scale of up to several hundred Gt of carbon. There are a vari-
ety of sinks and storage options, e.g.: 

•  depleted oil and gas fields, as well as enhanced oil and gas recovery through CO2 injection, 

•  CH4 recovery from coal seams by injecting CO2, 

•  aquifers in geological formations, 

•  oceans (largest capacity), 

•  fixation in biomasses (afforestation, biomass fuel) or 

•  solid CO2 (dry ice) repository: storage in a thermally insulated sphere of dry ice, with a diameter of 
approximately 200 m (dry ice repository with limited storage period) [46].  

A summary of storage capacities, storage duration and costs involved in the sequestration process is 
given in Table 2.3. 

The Strait of Gibraltar has been proposed as a suitable ocean location for CO2 sequestration, based on 
the fact that strong currents from the Mediterranean would thin out the CO2 and transport it to deeper 



Power Plants with CO2 Capture 10 

regions of the Atlantic [47]. Baes [48] has suggested pumping liquid CO2 into deep beds, where dis-
solved CO2 becomes heavier than seawater and sinks; this delays its return into the atmosphere by a few 
hundred years. When CO2 is introduced at depths > 1200 m, the density of the CO2 water solution is 
greater than that of the surrounding seawater, with the result that the solution sinks [49]. If it is intro-
duced at depths > 3000 m, the density of the CO2 is greater than that of seawater, with the result that the 
CO2 collects on the ocean floor. It is anticipated that the CO2 would then remain on the ocean bed for 
more than 1000 years [50]. To avoid the danger to the biosphere posed by high carbonic acid concentra-
tions in the ocean, one proposal is to distribute the CO2 in the ocean via a pipe extending several hun-
dred meters into the depths, which would be attached to a moving tanker [51]. With regard to the con-
cept of sinking blocks of dry ice in the ocean depths, it is certainly possible to circumvent the associated 
technical problems posed by deep-sea pipelines, though these methods nevertheless emerge as being, 
however, very expensive and ineffective, due to the high energy consumption associated with the pro-
duction process and the losses from thawing during the sinking process. 

Injecting CO2 into oilfields is already a popular method of enhancing oil recovery (also see Table 6.4). 
As well as improving oil production, CO2 can also be used to recover methane from coal seams. CO2 
replaces CH4 in the coal seam and does not get ejected with the CH4. The resulting sequestration capac-
ity for CO2 is greater than the quantity of CO2 produced by the recovered CH4. The first CH4-recovery 
pilot plants using CO2 are already in operation [52, 53]. This particular method of utilizing CO2 may 
even potentially yield profits. 

Table 2.3: Natural reservoirs and proposed additional sinks for CO2 sequestration 

Natural Reservoirs Global Storage Capacity 
in Gt CO2 

  

Earth's atmosphere 2631 (with 348 ppm volume fraction of CO2) 
Dissolved in the ocean  154 (hydrocarbonate, carbonate) [60] 
 

Potential CO2 Sinks Global Storage Capacity 
in Gt CO2 [54] 

Storage 
Duration [55] 

in years 

Storage Costs [54]  
in US$/t CO2 

Oceans > 3664 > 500    1.1 (up to a depth of 500 m)
  5.6 (depth of 1200-3000 m)

Aquifers  10³- 106   1.2  
Depleted gas and oil fields >366 106    2.2  
Oil recovery 238 106   
Afforestation 4.4 /a 10²  >0.3 
Afforestation of the entire agricultural land 
effective area of the Fed. Rep. of Germany 
[56] 

0.023 /a 
(<10% of the CO2 emis-
sions in Germany) 

  

Chemicals (current market volumes) [55] < 0.33 /a 
0.006 /a 

10   

Dry ice repository [46]  800  
with 50% 

loss of CO2 

130 

 

CO2 Transport in Pipelines [57]   Ocean: 0.6/100 km 
Land: 0.8/100 km 

 

Aside from the storage potential in the ocean, underground locations, and gas and oil fields, a maximum 
of 1.5% of CO2 emissions could be used for further processing to produce chemical substances. How-
ever, the lifespan of chemicals is limited, which means that storage duration is fairly low. Products, 
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which require CO2 include uric acid, methanol, polymers, polycarbonate, polyurethane, carbamate, sol-
vents, fuel additives and di-methyl carbonate. A larger quantity of CO2 could be used to produce metha-
nol as an alternative fuel [20]. Obviously CO2 used in this way would be re-emitted during combustion 
of the methanol; the purpose of this measure would therefore be to create a simple storage and transport 
medium for hydrogen, which would have to be produced without CO2 emissions. 

Biological methods of CO2 fixation are restricted by the size of the areas required. Fixation of the CO2 
from a 300 MW coal-fired steam power plant would require an area of around 200 km2 of algae pools, 
for example [58]. Other proposals highlight the potential of increasing the natural fixation of CO2 in 
algae or plankton in the ocean by adding nutrients [59]. 

In the natural, geochemical carbon cycle6, carbon dioxide dissolved in water is absorbed into silicate 
minerals, as part of an extremely slow-acting, energy-releasing process7, and is deposited on the floor as 
water-insoluble carbonate rock [60]. Silicate minerals thus act as a carbon dioxide sink. Several research 
studies have therefore attempted to achieve the CO2 fixation, which occurs in the natural sedimentation 
process, in an industrial plant, with increased rates of reaction, aiming to fix the CO2 in rock [61, 62]. 

Fixation of CO2 in lime, which first has to be produced through calcination, involves CO2 emissions 
equal to the quantity to be taken up at a later point, plus the additional emission of the CO2 stemming 
from the primary sources of energy used for the heating process; i.e. the CO2 emissions produced are 
greater than the CO2 absorbed. However, there are some natural rocks, which are capable of chemically 
absorbing CO2. The problem is the mass of rock required in this process. For example, to absorb 1 kg 
CO2 would require 1.4 kg CaO or 2.7 kg CaSiO3. Since these minerals are only found as components of 
natural rock, rather than in their pure form, the mass of rock to be moved is correspondingly larger. 

CO2 Liquefaction and Transport 

In all cases where CO2 is to be transported, stored or further processed, it must be compressed at high 
pressure. As a result, it is nearly always necessary to take into consideration additional energy consump-
tion or an additional efficiency penalty (Table 2.4). The pressure required (Table 2.5) is generally 
greater than the critical pressure of 73.858 (Table 2.6). The low critical temperature of 31.05 ºC means 
that this nearly always involves liquefaction of the CO2. 

Pipelines enable the transportation of large mass flows of CO2. The USA, Canada and Europe all have 
many years of experience in transporting CO2 through pipelines several hundred kilometers long, in the 
context of CO2 injection for the purpose of Enhanced Oil Recovery (EOR). Operation of these pipelines 
has been shown to make more economic sense at supercritical pressures that at lower pressures [63, 64, 
65]. Depending on the pressure drop over the total distance, and the differences in elevation of the pipe-
line, the most suitable pipeline inlet pressure has been cited as high as 172 bar [66, 67, 70]. 

According to Riemer and Ormerod [68], specific transport costs lie in the range of 0.6 US$ per t CO2 
and 100 km pipeline length for pipelines in the sea, and 0.8 US$ per t CO2 and 100 km pipeline length 
for overland pipelines.8 

                                                 
6 Regarding the natural, geochemical carbon cycle, please also see Appendix, Section 6.3. 
7 Assuming unimpeded silicate weathering, it would take 10000 years to absorb the entire quantity of atmospheric CO2. 
However, hindrances involved in exchange of materials and CO2 sources must also be taken into account [60].  
8 For sample designs of CO2 pipelines, see Appendix, Section 6.4. 
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Table 2.4:  Energy consumption for CO2 compression, liquefaction and dry ice production 

 Specific energy expenditure 
in kWh/kg CO2 

Energy expenditure related to fuel utili-
zation (coal) in % of LHV 

Compression to 110 bar    0.11-0.13  ∼ 3.5 
Cryogenic liquefaction    0.16  ( 25 bar, -15°C, Linde) ∼ 5.2 
Dry ice production [48]    0.26-0.42         ∼ 8.4-13.5 

 

Table 2.5:  CO2 pressure for transport, storage or further processing 

Pipeline Transport:  82-172 bar [69, 70] 
Sequestration in the ocean:  depends on depth at which it is injected, higher density than seawater 
Enhancing oil/gas recovery:  90-340 bar [71] 
Methanol synthesis:  250-350 bar (BASF), 50-100 bar (S < 0.1 ppm, Lurgi) 

 

Table 2.6: Properties of CO2 

•  Critical temperature  31.05°C •  Critical pressure:   73.858 bar 
•  Density (at STP):   1.96 kg/m3  •  Triple point    -56.67°C / 0.518 bar 
•  Vapor pressure at 20°C:  57.3 bar •  Boiling point at 1.013 bar: -78.2°C 

 
2.2.2 Gas Separation Methods 
 
Methods of CO2 or H2 Separation 
 
Various methods can be used to separate CO2 and H2: 

•  Absorption 

•  Adsorption 

•  Membrane Process 

•  Cryogenic Engineering Processes (distillation or freezing) 

•  Other processes; for example, those based on a combination of dissolution processes and 
magnetic or electrostatic forces (electrochemical processes), or on proposed biological meth-
ods of CO2 absorption using algae or bacteria. 

 

When CO2 is removed from a gas, which is under pressure, the volumetric flow through the gas turbine 
decreases, which causes gas turbine output to drop. In addition to the energy consumed by the gas sepa-
ration process, it is therefore also necessary to take into account the reduction in gas turbine power out-
put, or the work which would have been gained from expansion of the CO2 stream (e.g. CO2 removal 
from a synthesis gas results in a power output reduction of around 0.03 kWh per kg of CO2 removed, 
where the gas turbine is designed for a pressure ratio of 16). 

          Absorption 
Absorption in liquid solvents is a standard industrial process for CO2 separation, which allows high pu-
rity levels and separation factors to be achieved. Table 6.8 (Appendix) gives examples of operating data 
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for usual absorption techniques. 

In the case of physical solvents, solubility is approximately proportional to the partial pressure of the 
gaseous component. In the case of chemical solvents, saturation of the solvent occurs as loading 
increases (Figure 2.2). In chemical absorption, after scrubbing from the raw gas, the solvent must  be 
heated up to recover the pure CO2 (solvent regeneration). In physical absorption, it must be expanded. In 
a first approximation, the energy expenditure to regenerate the solvent in chemical scrubbing is 
proportional to the quantity of gas taken up. In physical scrubbing it is inversely proportional to the 
partial pressure of the gaseous component to be removed. A rule of thumb would be to use chemical 
scrubbing when CO2 partial pressure is lower than 10 bar, and physical scrubbing when it exceeds this 
figure. Since the operating temperature for chemical absorption may not be any higher than 60ºC (and 
for physical absorption it is much lower), the gas to be scrubbed must be cooled to the required 
temperature. To facilitate comparisons, this study expresses the heat required for regeneration in terms 
of the lost turbine work of the extracted steam29. 

Figure 2.3 shows a typical flow diagram for chemical scrubbing. 

 

Figure 2.2: Characteristic solvent loading of chemical and physical solvents in dependence on the partial pressure 
of the dissolved gaseous component 

 

Figure 2.3: Chemical gas scrubbing process flow 
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          Adsorption 
Adsorption of CO2 in solid solvents requires an expenditure of energy for regeneration through lowering 
the pressure or increasing the temperature. Industrial plants for CO2 adsorption are only suitable for 
small gas streams. 

The adsorption process makes use of the different solubilities of gaseous components in a solid. Physical 
adsorption with regeneration through pressure reduction is referred to as pressure swing adsorption 
(PSA, Figure 2.4). Chemical adsorption with thermal regeneration is known as temperature swing ad-
sorption (TSA). In addition, there are some processes where regeneration consists of a combination of 
lowering the pressure and increasing the temperature (PTSA). 

Activated carbon or coke, carbon molecular sieves, zeolite molecular sieves or activated aluminum may 
be used for regenerative pressure swing adsorption. With these substances, the adsorption of CO2 is 
greater than that of N2 or O2. 

Published data from laboratory and demonstration facilities are summarized in Table 6.8 of the 
Appendix. For CO2 adsorption from synthesis gases at 13 to 21 bar, CO2 separation factors of 60% to 
90% are given, with levels of purity of over 99% volume fraction. 

 

 

Figure 2.4: Flow diagram of a pressure swing adsorption (PSA) installation 
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The gas, which remains (retentate), has approximately the same pressure as the feed gas. Efficient sepa-
ration requires high selectivities (ratio of permeabilities), a reasonably sized membrane surface and high 
permeabilities for the components to be removed. Table 6.9 (Appendix) provides an overview of the 
selectivities of commercial membranes. 

 

 

 

Figure 2.5:  Single-stage membrane separation 
process  Figure 2.6:  Two-stage membrane separation 

process 
 
By adding a purge gas (e.g. steam or waste nitrogen from the air separation facility of an IGCC) on the 
permeate side, the partial pressure difference between the permeating components is increased (Figure 
2.5). This allows a smaller overall pressure difference to be selected, which, in turn, reduces the energy 
consumption for the gas separation process. By arranging the membranes over several stages, the purity 
of the permeate can be increased while simultaneously the yield (separation factor) is lower (Figure 2.6) 
 
H2 removal from synthesis gases using polymer membranes has now been developed to a stage where it 
can nearly compete with other processes. In contrast, no competitive application is yet in sight for CO2 
removal from flue gases (CO2/N2 separation), for which the best selectivity is currently 33, as compared 
to a required minimum selectivity of 200 [73]. Polymer membranes are, however, also used in the pre-
separation of CO2 from natural gas, for example. 
 
          Cryogenic Processes 
 
Direct condensation, sublimation or distillation may all be used, with or without the addition of solvents, 
to remove CO2 from mixtures with gases, which only condense/sublime at lower temperatures. In any 
case, the separation process must be preceded by a drying stage to avoid blockage caused by formed ice. 

In cases where CO2 is the only condensable component of the gas mixture, its partial pressure is reduced 
by cooling it to the saturation vapor pressure (assuming an ideal gas). The highest CO2 separation factor 

2COs  is achieved through reducing the temperature and increasing the pressure. CO2 sublimes below the 
triple point temperature of -56.6ºC. 

The principal advantage of CO2 removal through freezing is that, in theory, the lower sublimation pres-
sure at lower temperatures means that it can be carried out at pressures as low as 4 or 5 bar [16]. In con-
trast, condensation requires significantly higher pressures to obtain lower separation factors (see also p 
93). 

One commercial process for CO2 freezing is the "Controlled Freezing Zone" (CFZ) process designed by 
Exxon, in which expansion of the CO2 as it emerges from nozzles causes it to sublime freely in the 
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chamber, after which it is thawed. One problem, which emerges with freezing using heat exchangers, is 
how to remove the solid CO2 from the surfaces of the heat exchanger. With regard to theoretical energy 
consumption for the production of dry ice through freezing CO2 out of flue gas (which has 13% volume 
fraction of CO2), Kümmel et al. [74] cite figures of 0.3533 kWh per kg of CO2 for a CO2 capture ratio of 
80%, and 0.3768 kWh per kg of CO2 for a CO2 capture ratio of 90% at 4 bar, -100ºC. Hendricks also 
suggests CO2 freezing for CO2 capture in liquid phase due to the advantage of lower operating pressure 
[16]. The CO2 would then have to be thawed out in a heat exchanger. 

Oxygen Recovery from Air 
The most common type of air separation is liquefaction, in accordance with the Linde method, and recti-
fication in a double column. To achieve oxygen purity of 90% (volume fraction), the feed air must have 
a pressure of approximately 5 bar, which results in an oxygen product pressure slightly above ambient 
pressure. For the integration in IGCC power plants, air separation units have been designed with supply 
air having the final discharge pressure of the gas turbine compressor. The maximum air pressure, which 
is technically feasible currently, lies in the range of slightly more than 16 bar, with a resulting oxygen 
pressure of around 6 bar. The nitrogen, which becomes available at around 6 bar, is further compressed 
in the IGCC power plant and mixed into the fuel gas, in order to maintain the required mass flow ratios 
between the compressor and turbine9, and to reduce NOx prior to the gas turbine combustion chamber. 

For installations dealing with up to 100 t of O2 per day, pressure swing adsorption (PSA) or temperature 
swing adsorption (TSA) are also installed. Membrane processes in laboratory experiments have obtained 
85% O2 (volume fraction)[75].  
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Figure 2.7: Energy expended to produce oxygen in a large-scale double column facility. Figures taken from 
Springmann [76]. 

The theoretical, reversible energy consumption for air separation is determined by separation into all the 
components and reversible compression of each partial pressure to the total pressure: 

                                                 
9 Currently, all gas turbines are designed for natural gas as a fuel, i.e. the air and exhaust gas mass flows, which prevail in 

that type of usage must be maintained when using the gas turbine in an IGCC. 
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The reversible separation work10 required to separate air into all its components is 0.01754 kWh per kg 
of air, or 0.0759 kWh per kg of O2. In contrast, reversible separation work, in which just O2 is separated 
from the ambient air, requires just 0.0336 kWh per kg of O2. The work required for oxygen production 
occurs in the course of the cryogenic liquefaction of air utilizing the Joule-Thomson effect, in 
accordance with the Linde process, with the energy recovery of the cooling and liquefaction cold 
processes and the subsequent separation of the components through rectification. The basic separation 
work in a double column is constrained by the liquefaction pressure of the pure nitrogen in a condenser, 
on the other side of which O2 is vaporized. It amounts to around 0.05 kWh per kg of air (approx. 0.215 
kWh/O2 with 99.5% volume fraction) [76]. Irreversibilities through heat transfer or turbulence and 
friction increase the work in a real installation to approx. 0.29 kWh/kg O2. The energy used in 
refrigeration accounts for only 10% of the overall energy demand [76]. 

To calculate the energy required for O2 production at 1 bar with cryogenic air separation, this study uses 
the data given by Springmann [76], in dependence on the O2 concentration according to Figure 2.7. The 
energy requirement shown for oxygen production by various methods refers to the production of O2 at 
above-atmospheric pressure and subsequent work recovery through expansion of the O2 to atmospheric 
pressure. The figures used correspond closely to data published in more recent studies (e.g. [77]). 

Summary: Gas Separation Methods 

Due to the differing CO2 content in synthesis gases and flue gases, a suitable method should be chosen 
to match the specific application. Synthesis gases mainly consist of hydrogen, carbon monoxide and 
carbon dioxide. Flue gases mainly consist of nitrogen and carbon dioxide. Additional data on gas separa-
tion processes is provided in the Appendix in Section 6.5. 

•  CO2 / H2 Removal from Synthesis Gases: 

Physical absorption methods have proved themselves to be highly suitable for CO2 removal from syn-
thesis gases. They are characterized by their low energy demand for solvent regeneration. Taking the 
additional required heat input as a reduction in steam turbine work11, the expenditure for pumps and heat 
input for CO2 removal in commercial processes described in the literature amounts to between 0.04 and 
0.09 kWh per kg of CO2 removed. Physical-chemical methods require around 0.04 to 0.07 kWh per kg 
of CO2 removed. As a rule, chemical scrubbing is not used for pressurized gases. 

Whereas synthesis gas is mostly under pressure, CO2 is normally released from the desorber at ambient 
pressure. For this reason, this method requires an additional 0.05 to 0.08 kWh per kg of CO2 removed, to 
compress from ambient pressure to the pressure of the synthesis gas. 

Membranes used with synthesis gases are only suitable for hydrogen separation. They require high-
pressure ratios. Since the carbon-rich retentate generally still has a fairly considerable calorific value, the 
combustible portions of the retentate have to be burnt with additional oxygen. Commercially available 
polymer membranes are expensive, but they are fully capable of achieving sufficiently high CO2 separa-
tion factors. Taking into account the lost power from the fuel residues and the production of the oxygen 
                                                 
10 For more details on "reversible separation work", see Section 3.4.2. 
11 If the heat required is calculated as a reduction in steam turbine power output through steam extraction. For more details, 

see Section 6.6 of the Appendix. 
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required to burn these residues, the energy demand for CO2 capture with membranes totals 0.17 to 0.29 
kWh per kg of CO2 removed. 

Methods employing cryogenic technologies require high pressures to perform CO2 separation through 
direct condensation without a solvent (88 bar minimum pressure at -56ºC; 592 bar minimum pressure at 
0ºC) in order to achieve a CO2 separation factor of 90%. Moderate pressures are sufficient for CO2 
freezing, though extremely low temperatures are required (33.6 bar at -70ºC; 88.2 bar at -57ºC). For CO2 
removal using cryogenic technologies, in theory, only low separation factors can be obtained, and CO2 
freezing has still not been technologically resolved. 
Adsorption of CO2 or H2 from synthesis gases is technically feasible using very large equipment; the 
energy demand of approx. 0.16 to 0.2 kWh per kg of CO2 removed is higher than with physical 
scrubbing. In this case, too, the compressor work (of around 0.05 to 0.08 kWh per kg of CO2 removed), 
must be considered, which is required to compress the pressure of the separated CO2 to the pressure of 
the synthesis gas. 
 
•  CO2 removal from flue gases: 

With regard to CO2 capture from flue gases, chemical absorption is the method, which achieves the 
greatest exergetic efficiency (see Section 0). This method has also been shown to be technically feasible. 
The power consumption of solvent pumps lies in the range of between 0.02 and 0.4 kWh per kg of CO2 
removed. To this must be added the heat requirements for solvent regeneration, amounting to between 
0.5 to 1.7 kWh12 per kg of CO2 removed. 

When using common sorbents such as amine, strict limit values for SOx must be maintained in order to 
minimize loss of the absorbent through corrosion. Physical solvents are not suitable, due to the low CO2 
concentration in flue gases. 

Membranes require high-pressure ratios of more than 40 and selectivities of CO2 to N2 of almost 200 
(not yet achieved), in order to achieve the required rates of separation and purity at competitive levels of 
energy consumption. 

Cryogenic technology methods require pressures of more than 387 bar to directly condense CO2 or tem-
peratures below -100ºC (at 11 bar) to sublime CO2. However, there are no installations available with 
these technical specifications. 

Adsorption of CO2 from flue gases is currently under development and should achieve a specific energy 
consumption of between 0.42 and 1.2 kWh per kg of CO2 removed. Large-scale implementation fails 
due to the large quantities of adsorbent. 

2.2.3 Process Family I: CO2 Separation from Synthesis Gas Subsequent to CO Conver-
sion 

Synthesis gases can be produced from coal by means of coal gasification, or from natural gas through 
steam reforming13. They mainly consist of CO and H2. Minor quantities of other inert gases in coal gases 
stem from the residual gases in the oxidant and from the transport gas for coal dust sluicing. Without 
conversion of the CO component, a CO2 capture ratio of up to around 14% can be achieved solely 

                                                 
12 Enthalpy of the steam 
13 See pp. 22 and 23 for a description of steam reforming and CO shift conversion 
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through capture of the CO2 produced by coal gasification14. The efficiency penalty in this case amounts 
to less than 1 percentage point [78]. 

By converting CO to CO2 and H2 by adding steam (referred to as the 'carbon monoxide shift reaction', 
'water-gas shift reaction', or 'CO shift conversion'), a concentration of CO2 can be produced in the fuel 
gas which is significantly higher than that produced in flue gases generated by the combustion with air 
of a fuel containing carbon (Figure 2.8). This makes it possible to remove CO2 with a lower expenditure 
of energy. However, the exergy losses caused by the required fuel conversion (CO shift reaction, steam 
reforming for natural gas) result in a further energy demand. This process is therefore only advantageous 
if the energy required for CO shift conversion and CO2 removal from the synthesis gas is lower than that 
required for CO2 removal from a flue gas diluted with atmospheric nitrogen. 
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Figure 2.8: CO2 volume fractions after various process steps in a baseline IGCC, in an IGCC power plant with 

CO conversion (CO shift reaction) and CO2 scrubbing or with an H2/CO2 membrane, and in an IGCC 
power plant with a CO2 gas turbine (combustion in an atmosphere of oxygen and recirculated exhaust 
gas). 

 
Following CO shift conversion, cooling and desulfurization, the CO2 can be separated and the carbon-
lean, cleaned fuel gas can be delivered into a gas turbine cycle or a fuel cell. Figure 2.9 illustrates the 
difference between two process arrangements: the first with a clean gas CO shift reaction (clean gas CO 
conversion), and the second with a raw gas CO shift reaction (raw gas CO conversion) (see also p 24). 
The CO shift reaction causes the CO2 volume fraction to increase from almost zero to approx. 30% 
(Figure 3.35, Section 3.5.1), and the H2 volume fraction to increase from approx. 30% to approx. 50%. 

                                                 
14 The maximum value is only obtained in a coal gasification process with coal slurry charging, i.e. with low exergetic effi-

ciency. 
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Steam
addition

 
 

Figure 2.9: Flow diagram of an IGCC power plant using the raw gas heat recovery method to generate steam, 
with CO conversion (CO shift reaction) and CO2 scrubbing:  
A) Clean gas CO shift reaction, B) Raw gas CO shift reaction15.  

 

After the CO shift reaction, the fuel gas primarily consists of CO2 and H2. It is therefore necessary to 
differentiate between two different ways of increasing CO2 concentration, i.e. either by removing CO2 or 
by removing H2. If CO2 is removed, the gas turbine is operated with the remaining H2-rich gas (combus-
tion in air) and the previously separated CO2 is liquefied. If H2 is removed (separation using mem-
branes), a portion of the combustible components remain in the mixture with the concentrated CO2. This 
portion can subsequently be burnt with technically pure oxygen to avoid fuel losses. The separated, H2-
rich portion of the gas is burnt with air in the gas turbine combustion chamber. 

2.2.3.1 Raw Gas Conversion 
To remove CO2 prior to combustion, coal gas and natural gas must be converted into H2 and CO2, the 
former via the CO shift reaction and the latter through steam reforming and the CO shift reaction. 

The CO shift reaction (CO shift conversion, water-gas shift reaction) is the exothermic conversion of 
carbon monoxide and steam into CO2 and hydrogen: 

  MolkJHHCOOHCO rg /16.4122)(2 −=∆+⇔+  (2.10) 

The exothermic CO shift reaction causes the heating value of one mole of CO (282.98 kJ/mol) to be 
reduced by 14.5% to the heating value of one mole of hydrogen (241.82 kJ/mol). 

                                                 
15 In the case of raw gas cooling through direct quenching with water, raw gas CO shift reaction is preferred. 
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Steam reforming16 refers to the endothermic conversion of hydrocarbons and steam into carbon monox-
ide and hydrogen, in this case using the example of the steam reforming of methane: 

  MolkJHHCOOHCH rg /28.2063 2)(24 +=∆+⇔+  (2.11) 

The overall reaction consisting of steam reforming and CO shift reaction of methane and steam into CO2 
and H2 is endothermic, when taken as a whole: 

  MolkJHCOHOHCH rg /19342 2)(24 2 +=∆+→+  (2.12) 

Endothermic steam reforming, and the subsequent exothermic CO shift reaction of methane and steam, 
causes the fuel energy flow (LHV) to be increased by 20.6% from 802.34 kJ for one mole of CH4 to 4 x 
241.82 kJ = 967.28 kJ for 4 moles of H2. 

Higher hydrocarbons can also be converted through similar reactions: 

  MolkJHHCOOHHC rg /50.347522 2)(262 +=∆+⇔+  (2.13) 

  MolkJHHCOOHHC rg /06.498733 2)(283 +=∆+⇔+  (2.14) 

       .... 

  HHnmnCOOHnHC rgmn ∆+++⇔+ 2)(2 )2/(  (2.15) 

To achieve a high CO2 capture ratio, high CO or CH4 conversion is required. This can only be achieved 
with a high excess of water in relation to the stoichiometric reaction. The enthalpy of vaporization 
delivered with the excess steam contributes significantly to the exergy losses in the CO shift reaction 
and steam reforming. Additionally, exergy losses occur during cooling of the synthesis gas subsequent 
to the CO shift reaction, due to condensation of the excess steam component, even if part of the enthalpy 
of vaporization expended can be recovered via the heat exchanger. 
 
Potential For Improvement 
 
By increasing the number of reaction stages, heat recovery can be improved and the excess of steam can 
be reduced. 
 
If the reaction products (CO2, H2) of the CO shift reaction or steam reforming are removed during the 
reaction, then, in accordance with the Le Chatelier-Braun principle (law of mass action), conversion of 
the reaction educts (CO, CH4, H2O) increases, or, alternatively, less steam need be supplied. 
 
Using a combination of a membrane and catalyst, for example, the hydrogen produced during CO shift 
reaction/steam reforming is separated off, thereby allowing increased CO conversion to be achieved 
with a low expenditure of energy on steam injection (WIHYS process, see page 31). Other possibilities 
are, for example, membrane reactors for steam reforming (laboratory tests [103, 104]), or a combination 
of a CO shift reaction and CO2 adsorption with limestone or dolomite as a catalyst and absorbent (see 
Section 3.5.2). 

                                                 
16 Aside from the process of steam reforming described above, reforming in petrochemical processes refers to a process of 

catalyst-supported chemical conversion, without additives, effected through a combination of isomerization, aromatization 
and ring formation.  
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Operating Conditions for CO Conversion 
In the temperature range between 950ºC and 1000ºC, a CO shift reaction with synthesis gases takes 
place at a sufficiently rapid pace even without a catalyst [79]. At lower temperatures, the speed of the 
reaction is slower, in accordance with Arrhenius' Law, though the Le Chatelier Principle means that 
more CO is converted at lower temperatures in the exothermic CO shift reaction before the state of 
chemical equilibrium is reached. In industrial applications, catalysts have long been employed at reac-
tion temperatures of between 180ºC and 500ºC. 

In practice, a state is reached after the converter corresponding to an equilibrium temperature, which lies 
around 10 to 20 K above the reaction temperature. Pressure losses are between 0.18 and 0.3 bar [79]. For 
reasons of cooling, equipment size and energy utilization, large-scale conversion processes employ a 
multistage CO shift reactor with different temperature stages (Figure 2.10). 

CO shift reactors are classified according to temperature range, and according to the sensitivity of the 
catalysts to impurities, in particular to sulfur compounds [80, 81, 82]: 

•  Catalytic clean gas CO shift conversion: 

− catalyst is sensitive to impurities, i.e. desulfurization required prior to CO shift conver-
sion, 

− advantage: high rate of conversion is possible at low end temperatures, 

− disadvantage: reheating required subsequent to wet desulfurization; in the case of wet 
desulfurization, the water vapor component of the gas condenses, it must subsequently 
be humidified; high excess of steam required, 

− maximum CO conversion: approx. 99% (2-stage). 

•  High temperature CO shift conversion: 

− operating temperature: 300ºC to 530ºC, 

− rapid conversion/smaller volume, full conversion not possible, 

− catalyst types: Ni/Cr oxide, Fe/Cr oxide, 

− minimal molar ratio of steam to CO: > 2 - 2.2; 

− sulfur tolerance: mass fraction <0.03%. 

•  Low temperature CO shift conversion: 

− operating temperature: 180ºC to 270ºC, 

− 2nd stage after HT-CO shift conversion, virtually full CO conversion possible, 

− catalyst types: Cu/Zn oxide, 

− operating temperature: 180ºC to 270ºC, 

− minimal molar ratio of steam to CO: > 2 - 2.2; 

− sulfur tolerance: volume fraction < 0.1 ppm. 
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•  Catalytic raw gas CO shift conversion: 

− requires sulfur-resistant catalyst; simultaneously partial COS hydrolysis; often requires 
two-stage execution (HT/LT). 

− advantage: better use of enthalpy (thermal component) and humidity of the raw gas af-
ter Venturi scrubbing (higher inlet temperature and raw gas humidity than in clean gas 
CO shift conversion after wet scrubbing). This also results in lower costs. 

− disadvantage: lower CO conversion rate than with low temperature clean gas CO shift 
conversion - this latter process may need to be incorporated downstream (combined 
raw gas/clean gas CO shift conversion). 

− maximum CO conversion: approx. 95% (2 stage). 

− operating temperature: 230ºC to 500ºC. 

− catalyst: CoMo/Al oxide. 

− same catalysts for all reactor stages. 

− minimal molar ratio of steam to CO: > 1.8 - 2. 

If a wet scrubber working at low temperatures is used for desulfurization, the gas must consequently be 
reheated prior to the clean gas CO shift reaction. Due to the condensing of the water component, it must 
also be humidified to a greater extent than is necessary in the case of a raw gas CO shift reaction prior to 
cold scrubbing. This distinction does not apply if a hot, dry desulfurization technique is used, such as an 
iron oxide bed [83] or a zinc oxide bed [84]. 

 

 
Figure 2.10: Typical arrangement of a two-stage clean gas CO shift conversion process with a cooler-saturator 

system for heat recovery and for reducing the amount of make-up steam [85, 20] 
 
To set the required proportion of water, the chemical industry frequently employs a cooler-saturator cy-
cle, which utilizes the recovered heat within the "CO shift reactor" system (Figure 2.10). Brand [85], for 
example, has investigated heat integration with a two-stage CO shift reactor. 
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In cases where the raw gas is cooled by injecting water (direct quenching), the steam content may be 
sufficient for the CO shift reaction without the addition of extra steam [79, 86]. At the same time, direct 
quenching with water results in a greater exergy loss than that found in raw gas heat recovery with ex-
ternal steam generation. 

Operating Conditions for Steam Reforming 
According to the Le Chatelier Principle, a high rate of CH4 conversion is achieved in the endothermic 
reforming reaction through high temperatures, low pressures and high water excess. Since it is also true 
that CO conversion in the exothermic CO shift reaction is favored by low temperatures, a further CO 
shift stage at low temperature must be incorporated downstream in order to achieve the fullest possible 
conversion of CH4 to CO2. This means heating prior to steam reforming, subsequent cooling for the CO 
shift reactor and re-cooling for the case of wet CO2 scrubbing. Heat recovery is only possible to a lim-
ited extent, meaning that the heating and cooling processes cause further exergy losses on top of the ex-
ergy lost through chemical conversion. 

Steam reforming generally takes place at temperatures of between 800ºC and 900ºC. Pre-reforming can 
be carried out at temperatures between 325ºC and 600ºC. Compared to the stoichiometric, molar ratio of 
steam to methane of 2, the ratio of steam to methane required for commercial catalysts is at least twice 
as high (4 to 5). In practice, the catalytic reforming reaction results in a composition similar to that 
achieved with an equilibrium temperature reduced by 5 K. 

The typical process stages for steam reforming, CO conversion and CO2 separation are: 

•  Desulfurization to prevent poisoning of the catalysts, 

•  Steam reforming in tubular fixed-bed reactors with Cr/Ni catalysts, 

•  CO shift reactor (HT + LT stage) and 

•  H2/CO2 separation. 

In a similar manner to the CO shift reaction, a membrane reactor may also be used for steam reforming, 
allowing the excess of steam, and potentially the reaction temperature, to be reduced. 

2.2.3.2 Processes with Coal Gasification 

In processes involving oxygen-blown gasification, there are two methods which are suitable for remov-
ing CO2 from a synthesis gas converted through a CO shift process: physical absorption and, as a future 
option, concentration of CO2 through removal of H2 using membranes. For air-blown gasification proc-
esses, it is also possible to use physical-chemical absorption techniques, due to the lower CO2 partial 
pressure. At the current stage of development, only absorption scrubbing has been proven on an indus-
trial scale; membrane techniques with high selectivity and permeability, and the required resistance to 
corrosion, are still at the stage of laboratory testing. Adsorption processes are less suitable for this appli-
cation due to the quantities of adsorbent required, and high energy requirements [87]. 

The majority of IGCC processes discussed in the literature, which incorporate CO conversion (CO shift 
reaction) and CO2 removal, use a raw gas CO shift. For a CO2 capture ratio of between 80% and 96%, 
90% to 95% of the CO is converted via a CO shift reaction, and 91% to 99.8% of the CO2 is removed 
from the converted gas (Table 2.7). The processes described in the literature differ primarily in terms of 
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the different gas turbine efficiencies, on which they are based, meaning that any comparison of efficien-
cies is made on the basis of non-standardized levels of technology. For this reason, it makes more sense 
to compare efficiency penalties resulting from CO2 capture. 

According to various literature sources, CO conversion, CO2 removal and liquefaction reduce the net 
efficiency of an IGCC power plant by between 7 and 13 percentage points (Table 2.7). 
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Table 2.7: Data on CO2 capture in an IGCC power plant with CO conversion (all gasification procedures are O2-
blown, except for nos. 8, 11 and 13) 

Gasification Method 
Reference 

Gas Separa-
tion Method 

CO2 Removal/  
Capture 

CO2 Emissions 
(CO2 liquid) 

Efficiency Penalty 
∆η (percentage points) 

Efficiency 
(CO2 liquid) 

  CO 
conver-

sion in % 

Separation 
factor of scrub-

bing in % 

Capture 
ratio in % 

in kg CO2/kWh CO2 at 
1 bar 

CO2 at 
110 bar 

in % 

Physical absorption 
 Raw gas CO shift conversion 

1 Texaco + direct quench-
ing with water [86, 88] 

Selexol 95  99  90   0.019 
Baseline  0.89 

4.5 7 29.5  

2 Texaco [17]  Selexol 90  91  79  0.137 (4*) (7*) 37.0  
3 HTW [87] Purisol 90 98 86.6 0.13 approx. 

3.5 
approx. 

6.8 
38.2  

4 (British Coal)  
[89] 

phys. scrub-
bing 

not spec. not spec. 90  0.1 
Baseline  0.79 

approx. 
6.4 

approx. 
10 

33.0  

5 (British Coal) 
[89] 

seawater not spec. not spec. 90   0.1 
Baseline   0.79 

approx. 8 35.0  

Clean gas CO shift conversion 
6 PRENFLO [20] Rectisol 91.2 98.1 88  0.10 

Baseline 0.69 
6.2 10.7 36.0  

7 Shell [16, 71, 90] Selexol 98 98-99 96  0.04 
Baseline 0.76 

approx. 
4.0 

7.3 .. 7.7 36.3  

8 KRW (air-blown) + hot 
gas desulfurization[91] 

Glycol 
methanol 

95  95  90   0.16 
 0.20 
Baseline 0.745 

3.5 
14.5 

6.5 
16.6 

35.0  
24.9  

9 KRW (O2-blown) [91] Glycol 95  95  90   0.277 
Baseline 0.8 

1.9 3.3% 35.2  

Raw gas CO shift conversion + chemical absorption 
10 (British Coal) [89] aqueous amine not spec. not spec. 90  0.1 

Baseline 0.79 
approx. 

7.4 
approx. 

11 
32.0  

11 "British Coal Topping 
Cycle" (air-blown) [89] 

aqueous amine not spec. not spec. 87  0.1 approx. 
9 

approx. 
12 

34  

12 Shell [81] DEMEA 95 99.8 94.6  0.057 
Baseline 0.756 

6.6 9.8 33.2  

13 KRW (air-blown) +  hot 
gas desulfurization[91] 

MEA 
K2CO3 

95  95  90   0.19 
 0.18 
Baseline 0.84 

9.4 
7.8 

12.9 
11.3 

28.7  
30.3  

Raw gas CO shift conversion + membrane (H2 separation) 
14 HTW [87] membrane    not spec. >4 >8.5 < 36.5  
15 British Coal [89] metal mem-

brane Separa-
tion factor17 
≈200 

not spec. not spec. 90  0.1 
Baseline 0.79 

approx. 
4.5 

approx. 
8 

35  

16 Shell [92, 93] ceramic mem-
brane Separa-
tion factor17 ≈25 

90 88 (H2) 
>95 (H2) 

96.6 
 -"- 

 0.030 
 0.028 

approx. 
7 

approx. 
4 

approx. 
11.5 

approx. 
8.5 

34.5  
37.5  

17 KRW (O2-blown) [91]  95  95  90   0.457 
Baseline  0.8 

6.0% 8.5% 30.7  

Combined clean gas CO shift conversion + membrane (H2 separation) 
18 PRENFLO [94] ceramic mem-

brane Separa-
tion factor17 ≈25 

90.1  80 (H2) 79.6  0.178 
 
Baseline 0.75 

3.9 
3.3 

7.9 
7.3 

38.8  
39.4  (with hot 
gas clean up) 

Without CO2 conversion: separation only of CO2 component from coal gasification process 
19 Texaco [78] chem. abs. 0.00  99  14.4  0,63 < 1 < 2 46.4  
* my own estimates 

                                                 
17 See equation 2.5 (p 15). 
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CO2 Removal Using Physical Absorption 
A high CO2 partial pressure favors removal via physical absorption [95]. Hence, physical scrubbing to 
remove CO2 is also proposed for the majority of the power plant cycles with CO conversion described in 
the literature. Using combined, selectively acting solvents, CO2 and H2S can be removed simultaneously 
and recovered separately at high levels of purity. 

Fluor Daniel Inc. carries out investigations for EPRI [86, 88] examining CO2 capture in the case of coal 
gasification with coal slurry feed (approx. 50 bar) and raw gas cooling through direct quenching with 
water according to the Texaco method (Table 2.7: No. 1). Poor raw gas heat recovery means that even 
the baseline process displays a low level of efficiency. After cooling by direct quenching, the raw gas 
has an extremely high water vapor content. To reduce the water content, and to ensure that its enthalpy 
of vaporization is not lost through cooling and condensing prior to desulfurization, a raw gas CO shift 
process is used. Using this process arrangement, no additional steam is required for the CO shift reac-
tion, which means that, in principle, it is possible to achieve an efficiency penalty (in this case, 4.5 per-
centage points18), which is smaller than that incurred with raw gas cooling via a steam generator. 

In all other studies, the heat from the raw gas cooling process is used to generate steam, in which cases 
the proportion of water vapor in the raw gas is extremely small (approx. 1% volume fraction at a gasifi-
cation temperature of 1300ºC). For this reason, it is necessary to increase the water content up to a ratio 
of H2O to CO of 1.4 to 2 through humidification and additional steam injection prior to the CO shift 
reaction. The water component, which remains following CO conversion, is condensed no later than the 
point where the gas is cooled to the CO2 scrubber working temperature, causing further exergy losses 
attributable to CO conversion. 

According to KEMA [17], the high operating pressure in a Texaco gasification process (approx. 80 bar, 
with steam generation in the raw gas cooler) allows a water content of approx. 30% volume fraction to 
be achieved subsequent to Venturi scrubbing at temperatures of around 230ºC (Table 2.7: No. 2). This 
reduces the need for additional steam injection, resulting in an efficiency penalty calculated at 4 percent-
age points18 

In the work of Pruschek et al. [20] (Table 2.7: No. 6), relating to gasification according to the 
PRENFLO method with raw gas cooling via the steam generator, the water component required for CO 
conversion in the desulfurized gas is introduced largely via the saturator, meaning that only a small addi-
tional amount is required to be injected directly as steam prior to CO conversion. The efficiency penalty 
comes to 6.2 percentage points18. 

In a study by British Coal [89] (Table 2.7: No. 5), the physical absorption of CO2 in seawater is also 
investigated. Since the seawater simultaneously serves as a solvent and as a sequestration site, neither 
solvent regeneration nor compression work for the separated CO2 is required. Since CO2 will leak out 
again if introduced at ocean depths <2000 m, a large-diameter seawater pipeline extending to great 
depths (> 2000 m) would be required. The efficiency penalty resulting from pump work and pressure 
build-up (with a CO2 capture ratio 

2COr  of 90%) is cited at 8 percentage points. However, the low solu-
bility of CO2 in water means that giant tower scrubbers are required, as well as feed and drainage sys-
tems for the seawater (see also my own calculations in Section 3.4). 

                                                 
18 CO2 gaseous at 1 bar, excluding liquefaction 
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Hendricks et al. [16, 71, 90] abstain from performing any detailed analysis of energy conversion in 
IGCC power plants, instead restricting their calculations to the energy and exergy losses in the clean gas 
CO shift conversion process and CO2 scrubbing (Selexol process) (Table 2.7: No. 7). An efficiency pen-
alty of approx. 4 percentage points18,19 is calculated as a result of the exergy losses in CO conversion and 
the energy required for CO2 scrubbing. 

CO2 Removal Through Chemical and Physical-Chemical Absorption 
In cases where chemical scrubbing is used to remove CO2 from a coal gas after CO conversion (e.g. af-
ter air-blown gasification), the energy requirements for the gas separation process should be expected to 
be slightly higher than for physical scrubbing. However, since the CO2 removal process only accounts 
for part of the efficiency penalty, a slightly increased energy demand for CO2 scrubbing only has a lim-
ited effect on reducing the efficiency of the plant. With chemical scrubbing, virtually 100% of the CO2 
contained in the gas can be removed. This means either that a higher CO2 capture ratio may be achieved 
than with physical scrubbing, or, alternatively, that the same CO2 capture ratio may be achieved with a 
lower rate of CO conversion in the CO shift reaction. 

In a comparison prepared by British Coal [89], the efficiency penalty at a CO2 capture ratio of 90% 
amounts to 11 percentage points, using a chemical scrubbing process with aqueous amines and CO2 liq-
uefaction (Table 2.7: No. 10), a figure which is slightly higher than that obtained with physical scrub-
bing. For gasification using the Shell method and chemical CO2 scrubbing (DEMEA, study by Shell 
[81], Table 2.7: No. 12), a CO2 capture ratio of 94.6% is calculated with an efficiency penalty of 9.8 
percentage points. 

 
Figure 2.11: Process arrangement of an IGCC power plant with raw gas CO shift and H2 removal using a mem-

brane. 

H2/CO2 Separation Using a Membrane 
In a mixture of H2 and CO2, it is virtually impossible to remove CO2 using membranes without having a 
                                                 
19 It is possible that the influence of the reduced mass flow rate on gas turbine performance has not been taken into account 

here. 
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larger proportion of H2. For this reason, it is more advantageous simply to remove the H2 component 
with a membrane and to burn in pure oxygen the residual fuel, which remains with the CO2. At low 
temperatures of up to approx. 100ºC, polymer membranes can be used. At higher temperatures, ceramic 
membranes are required, though these display lower selectivity. For temperatures in the range between 
350ºC and approx. 700ºC, metal membranes (e.g. palladium) can be used; however, these achieve high 
selectivities for H2, meaning that it is virtually only the H2 component, which is removed. Since 
palladium membranes are too expensive for large-scale industrial use, metal membranes are being 
developed, in which an extremely thin metal film is deposited on a ceramic base material. Since 
membranes, which meet the requirements of power plant technology (e.g. in terms of corrosion 
resistance and separation behavior), are still at the development stage, virtually all the studies base their 
research on selectivities and permeabilities, which will be achievable in the future. 

According to ECN [92, 93] (Table 2.7: No. 15), a gas separation procedure using a membrane with a 
separation factor20 of 25 for H2 to CO2, and a pressure ratio between feed and permeate of 3.2, can sepa-
rate out 88% of the H2, after hot gas clean up at 350ºC and CO conversion. The H2 component, which 
remains in the retentate, is liquefied and disposed of together with the CO2. The separated H2-rich gas 
stream is burnt in a gas turbine. An efficiency of 34.5% is obtained, including CO2 liquefaction. Recov-
ery of the residual H2 in the retentate can boost the efficiency of the power plant to 37.5%. This corre-
sponds to an efficiency penalty of 7, or 4, percentage points18, respectively, when set against a compara-
ble baseline power plant. According to British Coal (Table 2.7: No. 16), an efficiency penalty of 4 per-
centage points18 can be achieved, inclusive of CO2 liquefaction, using a metallic membrane after the raw 
gas CO shift to separate out the H2 with an anticipated future separation factor20 of 200 for H2/CO2 [89]. 
At approx. 250ºC, and with a pressure ratio between feed and permeate of approx. 1.33, the H2 partial 
pressure in the permeate is lowered by mixing in excess N2 from the air separation unit as a purge gas 
(Figure 2.11). Subsequent to desulfurization, the CO2 component of the retentate is liquefied through 
condensation, and the remaining mixture of inert gases and H2 is fed into the gas turbine together with 
the separated H2. 

Combination of CO Shift Reaction and Gas Separation 

If a portion of the products (H2; CO2) is removed during the CO shift reaction, its partial pressure drops 
and the chemical equilibrium shifts to the product side. For the CO shift reaction, this means a higher 
rate of CO conversion and, at the same time, a lower excess of steam. The reduced excess of steam 
means that less steam has to be added, so that exergy losses become lower. 

A combination of catalytic CO conversion and a ceramic membrane for removing H2 is being developed 
by ECN and tested in an application known as the WIHYS process in an IGCC power plant, as part of 
the JOULE II program [94] (Table 2.7: No. 18). With a low molar ratio of steam to CO of 1.28, a reactor 
exit temperature of 500ºC, a ratio of feed to permeate pressure of around 1.7, and a selectivity of H2 to 
CO2 of 15, 90% of the CO is converted and 80% of the H2 is removed. 80% of the carbon in the feed 
coal is retained in the retentate. A conventional CO shift reactor would require a higher excess of steam 
and a lower reaction end temperature. The addition of nitrogen from the air separation unit causes the H2 
partial pressure on the permeate side to be reduced to less than a third of the overall pressure, thereby 
improving the separation behavior of the membrane. The H2, which remains in the retentate, is burnt 
with a small proportion of other combustible components, with the addition of pure oxygen, and the 
                                                 
20 See equation (2.5) (p 15). 



Power Plants with CO2 Capture 32 

enthalpy of combustion is used for the steam turbine process. Since the gas separation process works at 
high temperatures, the efficiency penalty with hot desulfurization is lower than with wet H2S scrubbing. 

Apart from membrane reactors, the combination of a CO shift reaction and CO2 adsorption is also a fea-
sible method of reducing the energy expended on CO2 capture. In this study, an efficiency penalty, due 
to CO conversion/CO2 adsorption with CaO, of 12.5 percentage points was calculated for an IGCC 
power plant (see Section 3.5.2). More favorable reaction conditions for CO shift conversion and CO2 
adsorption from coal gas, or for basic CO2 adsorption from flue gases, emerge for a mixture of limestone 
and dolomite. CO shift conversion and CO2 adsorption should be performed at between approx. 300ºC 
and 350ºC, basic CO2 adsorption at between 200ºC and 350ºC, and desorption at around 650ºC. Accord-
ing to Heesink [96], a heat exchanger can limit further heat requirements to 0.38 kWh per kg of CO2. In 
this case, power plant efficiency would be reduced by approx. 10 to 15 percentage points. According to 
Ito and Makino [97], at temperatures of between 150ºC and 300ºC, zeolites can also act simultaneously 
as a catalyst for CO conversion and an adsorbent for CO2. The advantage over MgO/CaO would be the 
fact that zeolite does not need to be heated to high temperatures for desorption, since the PSA principle 
can be applied. 

Air-Blown Gasification 
Subsequent to processing in an air-blown gasifier, coal gas is diluted with N2; therefore, the 
concentration of CO2 and of H2 in the synthesis gas following CO shift conversion is lower than that 
obtained after O2-blown gasification. For this reason, literature sources also suggest chemical absorption 
as a suitable CO2 separation method, as well as physical absorption [98, 91].  

In the case of an IGCC power plant with an air-blown KRW gasifier [91] (Table 2.7: Nos. 8, 13) or of 
the "British Coal Topping Cycle" (Table 2.7: No. 11), an IGCC power plant with partial gasification 
[98], desulfurization can be achieved by adding lime to the fluidized bed combustion process, which 
means that cooling prior to a stage of wet desulfurization is no longer necessary. However, the fact that 
cooling is required prior to wet CO2 scrubbing eliminates the advantage (as compared against the base-
line case) of hot desulfurization in the fluidized bed. Although the KRW gasification process apparently 
achieves virtually complete carbon conversion, the "British Coal Topping Cycle" requires subsequent 
combustion of the residual char, with 20% to 30% of the original proportion of carbon, in a separate 
fluidized bed, which means that, to perform CO2 capture, a second CO2 scrubbing stage must be incor-
porated in the flue gas of the fluidized bed combustion process. 

2.2.3.3 Processes with Natural Gas Reforming 

Since temperatures of between 800ºC and 900ºC are required for steam reforming of a fuel gas contain-
ing hydrocarbons, a portion of the fuel gas is used for reformer heating. The combustion of a portion of 
the fuel for these reformer heating purposes causes the majority of the exergy losses attributable to CO2 
capture. Whereas coal gasification is still required even without CO2 capture, in order to render the coal 
usable for the gas turbine processes, steam reforming in a natural gas-fired power plant is not actually 
required unless CO2 capture is being performed. Thus, in contrast to coal gasification, the exergy losses 
associated with steam reforming, together with CO conversion and gas separation, are entirely attribut-
able to CO2 capture. 
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The separation of CO2 and H2 after steam reforming is performed at significantly lower temperatures 
than the steam reforming process. This means that the synthesis gas produced must be cooled prior to 
gas separation. The heat from the gas cooling process is normally used to generate steam (Figure 2.12).  

 
Figure 2.12: Flow diagram of a natural gas reforming process with downstream CO conversion and CO2 re-

moval (chemical absorption in this example) and external reformer heating with carbon-lean gas 
 
There are relatively few cases in the literature of CO2 separation after natural gas steam reforming and 
CO conversion (see Table 2.8 for data). In any event, exergy losses occur in this case due to: 

•  combustion of a portion of the fuel for reformer heating purposes, 

•  temperature differences in the heat exchange (heating of the reformer, cooling prior to gas 
separation), 

•  steam reforming, 

•  CO conversion including steam losses and 

•  H2/CO2 separation. 

Through steam reforming at 800ºC to 900ºC, with a moderate excess of steam, only a part of the natural 
gas can be converted, which means that it is difficult to achieve a CO2 capture ratio of 90%, even with 
high rates of CO conversion in the water-gas shift reaction, and a high CO2 separation factor 

2COs  in the 
CO2 scrubbing stage. 

In the majority of process arrangements, which have been proposed, the reformer is heated externally 
through combustion of an H2-rich fuel gas (Figure 2.12). In a purely steam power plant, the thermal en-
thalpy of the hot, reformed gas can be used for steam superheating (Table 2.8: No. 1). In this case, the 
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efficiency penalty due to CO2 capture is cited as being approx. 4 percentage points21 [99]. Similar to the 
manner in which heat from the raw gas cooling process is used in the IGCC, only a small portion of the 
thermal enthalpy of the hot synthesis gas in gas/steam turbine combined cycle power plants can be trans-
ferred to the gas turbine, subsequent to reforming, to be exploited at the high efficiency of the combined 
cycle. For this reason, the efficiency penalty due to reforming, CO shift conversion and CO2 separation 
in a gas/steam turbine combined cycle power plant is greater than in a purely steam power plant. Ac-
cording to Hille [100], this efficiency penalty amounts to 14.5 percentage points21 (Table 2.8: No. 2). 
 
Table 2.8: Data on CO2 capture in natural gas-fired processes subsequent to steam reforming and CO conversion 
 
 
 
 

Power Plant Type 
Reference 

Reformer 
Heating 

CO2 Removal/Capture CO2 Emis-
sions 

(with CO2 
liquefaction) 

Efficiency Penalty 
∆η 

(in percentage 
points) 

Efficiency 
(with CO2 liquefac-

tion) 

No.   Method Separation 
factor of 

scrubbing in 
% 

Capture 
ratio  
in %  

in kg 
CO2/kWh 

CO2 at 
1 bar 

CO2 at 
110 bar 

in % 

1 Steam plant 
[99] 

external 
with H2  

distillation not spec. 90  0.059 approx. 
4 

6.8 30  
 

2 Gas/steam turbine 
combined cycle 
[100] 

external 
with H2 
(890°C) 

MDEA 
(phys.-chem.) 

90.9  56  0.167 14.5 15.8 36.5  

3 Gas/steam turbine 
combined cycle 
[101] 

internal chem. scrub-
bing 

not spec. approx. 
90  

not spec. not spec. approx. 9 50  

4 CRGT plant 
(see Sec. 3.5.3) 

external 
with H2 

phys.-chem. 
scrubbing 

90  83.5  0.07 11.3 13 44.0  

 

In a "chemically recuperated" gas turbine (CRGT) (Table 2.8: No. 4), the reformer is heated by hot gas 
turbine exhaust gas, rather than by additional fuel (see Section 3.5.3 for calculations). Due to the lower 
exhaust gas temperatures, the reforming temperature is lower than in steam reforming heated by direct 
firing. Accordingly, there is also a lower conversion of hydrocarbons. To achieve higher conversion 
rates, additional combustion is required (Figure 3.62). Since the reformer is heated using waste heat, the 
resulting efficiency penalty of approx. 11 percentage points is less than that obtained through arranging 
an externally heated steam reformer and CO2 separation process prior to a gas/steam turbine combined 
cycle. 

A significant drop in exergy losses is achieved by heating the natural gas, which is to be reformed, 
solely through internal partial combustion, while mixing in hot gas turbine exhaust gas (Figure 2.13, 
Table 2.8: No. 3) [101]. The portion of fuel gas burnt in this process reduces the mass flow of the gas 
components, which are to be converted via steam reforming and CO shift reaction, and also reduces the 
associated exergy losses, as compared to cases where the reformer is heated by an external source using 
H2. In addition, the enthalpy of the hot gas turbine exhaust gas, mixed in for the combustion process, 
reduces the amount of fuel required for reformer heating. With this method of reformer heating through 
internal partial combustion, CO2 capture and CO2 liquefaction only reduce the efficiency of a gas/steam 
turbine combined cycle by 9 percentage points. Estimated costs lie slightly below those incurred by 
steam reforming with external heating. By comparing various gas/steam turbine combined cycles, 
namely those with CO2 separation subsequent to steam reforming, those with combustion in an 
                                                 
21 CO2 gaseous at 1 bar, excluding liquefaction. 
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atmosphere of O2/CO2, and those with CO2 removal from the flue gas, it can be seen that the smallest 
reductions in efficiency are attributable to CO2 separation subsequent to steam reforming and CO 
conversion with internal partial combustion [101, 102]. 

 

 
Figure 2.13: Flow diagram of a gas/steam turbine combined cycle with steam reforming (heated by internal par-

tial combustion) and subsequent CO conversion and CO2 separation 
 
By using a membrane reactor, which combines steam reforming, CO shift reaction and H2 separation, 
the chemical equilibrium could be shifted in such a way, that sufficient methane conversion becomes 
possible even at lower temperatures. Experiments with a palladium/silver membrane reactor have been 
described by Jørgensen et al. [103]. A CH4 conversion rate of 60% was achieved at a pressure of 10 bar 
using a purge gas. Moritsuka [104] suggests the use of a ceramic membrane reactor. 
 
2.2.4 Process Family II: Carbon Dioxide Concentration in the Exhaust Gas 
 
By burning fuel in an atmosphere consisting of oxygen and CO2 or steam, with the exclusion of other 
inert gases, it is possible to produce an exhaust gas consisting only of CO2 and H2O. 
 
Depending on the way in which the oxygen is supplied, a distinction may be made between processes 
involving: 
 
•  production of a high-purity oxygen gas by means of air separation (Figure 2.14) or 
 
•  oxygen delivery through direct, selective mass transport from the ambient air through to the reaction 

(p 40). 
 
The second method eliminates both the energy required to generate the pure oxygen, and the exergy 
losses resulting from the mixing process with the fuel and the recirculated flue gas. While oxygen pro-
duction through air separation is a proven process, there are only a few laboratory investigations, which 
are currently experimenting with selective processes to generate oxygen for combustion. 
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The temperature of combustion is adjusted by recirculating the CO2 to the combustion chamber. The 
CO2-rich flue gas may be drawn off either at high pressure prior to the gas turbine, or at low pressure 
prior to entering the compressor. If the gas is extracted prior to the gas turbine, the thermal enthalpy of 
the hot CO2 must be incorporated in the subsequent steam cycle. Since the thermal enthalpy of the hot 
CO2, at high temperatures after the gas turbine combustion chamber, is used less efficiently in the steam 
cycle than in the combined cycle, it is preferable to remove the CO2 at low pressure, following 
expansion in the gas turbine (providing that the compressor pressure ratio in the gas turbine and the 
steam cycle are set to optimal performance levels, and that the gas temperature is significantly higher 
than the temperature of the steam). 
 

 
Figure 2.14: Basic principles of a power plant process with combustion in an atmosphere consisting of pure oxy-

gen and recirculated CO2. (a) IGCC power plant, (b) Steam power plant. 
 
This process group practically eliminates the emission of CO2 into the atmosphere. Minor emissions of 
CO2 are caused by dissolution of the CO2 in the condensate from the exhaust gas cooling stage, and in 
the condensate from the CO2 compression process. In addition, CO2 is also absorbed in the desulfuriza-
tion process, and is released with the waste gas from the Claus plant. Furthermore, leakages may occur 
in the compressor and pumps, as well as in the combustion chamber. Overall, however, well over 99% 
of the CO2 is retained. Other CO2 capture techniques are also susceptible to these potential CO2 leakages 
and emissions. 
 
The characteristics of combustion, in an atmosphere consisting of recirculated waste gas (CO2) and pure 
oxygen, have already been investigated in the course of various research experiments. Descriptions of 
experiments involving coal combustion are provided, for example, by Weller and Rising [105], Wolsky 
[106], Abele [107] and Roberts [108]. Experiments involving natural gas combustion are described by 
Kimura et al. [109]. In spite of smaller intrusions of air, CO2 volume fractions of over 90% were 
achieved with a residual oxygen content of 3% to 4% (volume fraction) [108].  
 
CO2 as a Turbine Working Fluid 
 
In a similar manner to operation with air, a gas turbine, in accordance with the Joule cycle, can also be 
driven with CO2, or a mixture of CO2 and H2O, as the working fluid. In the Joule cycle, the changes of 
state are above the critical point, in a region in which CO2 approximates the behavior of an ideal gas. 
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Since the properties of CO2 differ substantially from those of air, it will be necessary to develop a new 
gas turbine for processes, which use CO2 as a working fluid, which has been adapted to satisfy these 
modified characteristics. There are currently no gas turbines of this type available or under development. 
 
Compared to the use of air as a working fluid, the main changes in physical characteristics for a working 
fluid primarily consisting of CO2 are as follows [110]: 
 
•  7% to 12% smaller isentropic exponent, 

•  heat capacity: -17% at 1 bar/15ºC, +20% at 30 bar/15ºC, +9% at 1 to 30 bar/1000ºC, 

•  approx. 22% lower speed of sound, 

•  higher density, 

•  approx. 48% to 38% lower kinematic viscosity, 

•  approx. 58% to 92% higher Reynold's number and 

•  a critical temperature, which lies closer to ambient temperature (Tk = 31.05ºC). 

The fact that these physical characteristics differ from those of air has the following consequences for 
the gas turbine cycle: 

•  higher mass flow in gas turbines, 

•  lower specific compression and expansion work, 

•  higher turbine exit temperature (Figure 2.15), 

•  maximum efficiency of the Joule cycle at significantly higher pressure ratios (Figure 3.70) and 

•  changes to optimal blade shape, turbine and compressor diameter, and number of stages. Bammert 
and Mukherjee [111], for example, have described the design of a CO2 gas turbine in great detail. 

A standard gas turbine (Joule/Brayton process with air as a working fluid) is not suitable for operation 
using CO2 as a working fluid (or can only be used with a significant penalty in performance and effi-
ciency), unless changes are made to blade shape, flow area and the number of stages [112]. 
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•  an intercooled compressor, 
•  intermediate superheating (via heat exchanger) or reheating (via internal combustion, sequential 

combustion chambers). 
 
Increasing the lower operating pressure of a Joule gas turbine cycle to a level above the critical pressure 
results in the Feher cycle (Figure 2.16), which operates entirely in the supercritical region. In the 
Gohstjejn cycle, compression of the working fluid occurs subcritically in the liquid region following 
condensation, whereas expansion occurs in the supercritical region (Figure 2.17). 
Due to the differing heat capacities on the high-pressure and low-pressure sides in the recuperator, and 
the consequent difference in enthalpy flow rates, the heat-up range on the high-pressure side is lower 
than the cooling range on the low-pressure side. Partial compression allows the enthalpy flow rates to be 
balanced out (Schabert cycle = Feher cycle + partial compression; entirely supercritical; Sulzer cycle = 
Gohstjejn cycle + partial compression). Improved heat transfer has a positive effect on efficiency. 
 
Though partial compression improves efficiency, it also simultaneously reduces specific work, and more 
equipment is required due to the additional compressor. According to Ga�parovic [114], processes in-
volving partial compression, or processes with additional compressors required for other purposes, are 
less suitable for practical applications than the Feher or Gohstjejn cycle. Bammert and Mukherjee [111] 
come to a different conclusion for a process limited to 520ºC: they rule out the Feher and Gohstjejn cy-
cles, and only compare processes with partial compression (Schabert cycle, Schabert cycle with addi-
tional intermediate superheating, Sulzer cycle with reheating). Although the Sulzer cycle with reheating 
does, in fact, achieve the highest efficiency in the comparison test, the Schabert cycle with reheating is 
selected as the most favorable in terms of both structural design and economic viability. 
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Figure 2.16: T-S diagram of the Feher cycle (entirely 
supercritical)23 
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Figure 2.17: T-S diagram of the Gohstjejn cycle 
(condensation; pmin<pcrit, pmax>pcrit)23

 
Iantovski [117] proposes a 'quasi'-combined cycle in the form of a Joule cycle (gas turbine: TIT 1300ºC, 
60 bar/4 bar) with a Rankine cycle (steam turbine: 240 bar, 600ºC/60 bar, 20ºC) in a partially subcritical, 
partially supercritical process with recuperators, but without partial compression (see Section 3.6.5, p 
127). In the version with reheat (sequential combustion), this is referred to as the "MATIANT" cycle 
(MAThieu and IANTovski [118]). 
 
All cycles with condensation (Gohstjejn/Sulzer/"MATIANT" cycles) require a coolant to be available, at 
all times, at a sufficiently low temperature (31.05ºC minus the pinch point in the condenser), which can 
be difficult to achieve in hot areas. In the case of fully or partially condensing working fluids, savings 
can also be made on the compression work for CO2 liquefaction. 
 
The "Graz cycle" is a mix between the (H2O) Rankine cycle and a CO2 gas turbine cycle with steam 
injection [119]. The exhaust gas emerges from the final expansion stage, which is arranged downstream 
from the gas turbine waste heat recovery stage, at a temperature of around 30ºC, with the result that vir-
tually no exhaust gas heat losses occur. Nevertheless, high exergy losses in the steam injection process 
in the combustion chamber mean that claimed efficiencies of over 60% (TIT 1400ºC) seem somewhat 
dubious. 

                                                 
23 Values for pure CO2 according to IUPAC [163]. 
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Oxygen Delivery 

One theoretical possibility for delivering oxygen to the combustion process is ambient air oxidation of 
metals with reduction of the oxide in the combustion chamber at high temperatures. This would avoid 
the energy required for air separation. Jody et al. [120] suggest using barium. Ishida [121] proposes an 
arrangement in which a gas turbine is driven by exothermic oxidation of nickel at 1300ºC. Methane is 
burnt with the oxygen atom of the nickel oxide in a second combustion chamber. The net reaction is 
exothermic, and, again, a combustion chamber temperature of 1300ºC should be reached. The turbine is 
driven by the waste gas, consisting of steam and CO2, which arises in this process; the reduced nickel is 
fed into the first combustion chamber (Figure 2.18). In this case, the difference in oxygen partial pres-
sure between air and fuel (in this example, methane, 0% volume fraction of O2) serves as a driving po-
tential for the mass transfer of O2. The overall achievable efficiency is supposed to be higher than that 
achieved by any other gas-fired cycle with the same turbine inlet temperature; in the case of gaseous 
CO2 capture, it is even, theoretically, supposed to be higher than that achieved in combined cycles with 
combustion in air and without CO2 capture. The possibility of high efficiencies can be explained by 
lower exergy losses in the combustion process through intermediate reactions with Ni/NiO [122]. 

 

Figure 2.18: Gas turbine cycle with O2 supplied by Ni/NiO (according to [121]) 

Coal-fired Cycles 

According to data from the literature, steam power plants display an efficiency penalty due to CO2 cap-
ture of between 5 and 7 percentage points (Table 2.9), caused by oxygen production in the air separation 
units and flue gas recirculation. CO2 liquefaction reduces efficiency by a further 3.6 to 4.8 percentage 
points. In some proposals, no desulfurization or nitrogen removal is envisaged, while other processes 
integrate not only desulfurization and nitrogen removal, but also the recovery of residual oxygen. 

Descriptions of coal-fired combined cycles in the literature are limited to gas/steam turbine combined 
cycles. The majority of the proposals deal with IGCC power plants (Table 2.10, No. 1-10; 12) or 
MHD/steam turbine combined cycles (Table 2.10, No. 12-14). Relatively few of the proposals examine 
gas turbines operated directly with flue gas from the coal combustion process (Table 2.10, No. 11). 
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one percentage point. According to Boeddicker [110], the specific useful work of the IGCC power plant 
is 5.7% higher in the case of H2O/O2 gasification than with CO2/O2-blown gasification.  
 
According to data from the literature, the efficiency penalty in IGCC power plants due to oxygen pro-
duction in combination with a CO2 gas turbine cycle (Joule cycle) lies between 6 and almost 9 percent-
age points, excluding CO2 liquefaction (Table 2.10). 
 
The efficiency of a pressurized pulverized coal-fired combined cycle with a gas turbine directly driven 
by hot, cleaned flue gas (TIT 1300ºC) is reduced to 45.2%, excluding CO2 liquefaction, i.e. 6.9 percent-
age points lower than that of the baseline power plant [139] (Table 2.10, No. 11). 
 
Table 2.10: Data from the literature for coal-fired combined cycles (IGCC, PPCC, MHD) with combustion in an 

O2/CO2 atmosphere 
No. Gasification 

Method(24) 
Gas Turbine 

(TIT / π) 
Steam Cycle 

(pressure 
stages) 

Oxygen Purity 
Volume Fraction 

in % 

O2 Production 
in kWh /kg O2 

η (CO2 
1 bar) in % 

∆η 
CO2 gas./ liq. 
in percentage 

points 
IGCC: H2O/O2-blown gasification, Joule gas turbine cycle 
1 van Steenderen [133] Texaco 1050°C / 11 

1050°C / 20 
3 +IH gasifier: 95 

GT: 98 
not spec. 34.5  

34.9  
8.5 / 10 
8.1 / 9.1 

2 Pruschek et al., [20], 
Boeddicker [110] 

PRENFLO 1190°C / 16.2 
1190°C / 30 
1190°C / 46 

3 + IH 95  0.445 (25)  39.1  
 39.9  
 40.2  

7.5 / 10.7 
6.8 / 10.0 
6.5 / 9.7 

3 McMullan et al. [123] partial gasifica-
tion + PFBC 

1000°C / 20 1 +IH not spec. not spec. 33.2  11.0 / 15.7 

4 Pak et al. [134] not spec. STIG:  
1250°C / 60 
30bar/0.5bar 

-- not spec. 0.2379 31.1  ---- 

5 Koetzier et al.[17] Texaco 
Shell 

1050°C / 20 
1050°C / 22 

1 + IH 
2 + IH 

98 0.37 (25) 
0.36 (25) 

38.5  
39.5  

≈  4 / 7.5 (26) 
≈ 3-4 / 7-7.5 (26) 

6 Shao et al.[135]  1140°C/15.6 not spec. not spec. combined with 
CO2 liquefaction 

36.6   
(CO2 liq.) 

- / ≈ 6-8 

7 Pechtl [136] not spec. STIG, not spec. -- not spec. not spec. 39  -- 
IGCC: CO2/O2-blown gasification, Joule gas turbine cycle 
8 Wessel [137] Entrained flow 

(dry feed) 
1150°C / 30 2+ IH not spec. 0.35 (25) 42.8  (0.4 / 4.5)(27) 

9 Knoche et al. [138] not spec. 4-stage compression 
/ 3-stage combustion

-- not spec. not spec. (49.6 ) (28) -- (2) 

10 Pruschek et al., [20], 
Boeddicker [110] 

PRENFLO 1190°C / 16.2 
1190°C / 30 
1190°C / 46 

3 + IH 95  0.445 (25)  39.9  
 40.5  
 40.7  

6.8 / 10.0 
6.2 / 9.2 
6.0 / 9.0 

Pressurized Pulverized Coal-fired Combined Cycle (PPCC), Joule gas turbine cycle, hot gas clean up (1300°C) 
11 Leithner [139] -- 1300°C / 15 1 +IH not spec. not spec. 45.2  7.2 / 12.1 
MHD/steam turbine combined cycle 
12 Davison, Eldershaw 

[140, 141] 
-- (MHD)  

2563°C / 8 
1 + IH 99.5  0.288 42.6  8.1 / 12.4 

13 Goldthorpe et al. [89] -- (MHD) not spec. not spec. not spec. not spec. ≈ 44  ≈ 6 / 9 
14 McMullan et al. [123] -- (MHD) not spec. 1+ IH not spec. not spec. 41.6  8.6 / 11.9 
IGCC: H2/CO membrane separation, separate combustion of H2 and CO, Joule gas turbine cycle 
15 Hendriks, Blok [142] Texaco / Shell 1260°C/14.5 2 + IH 99.5  0.28 37.1  

39.6  
3.7 / 6.8 
4.0 / 7.0 

                                                 
(24) All with raw gas cooler/steam generator 
(25) Including O2 compression. 
(26) Baseline IGCC estimated. 
(27) Baseline IGCC with raw gas cooler as steam generator; in the case of CO2 capture with raw gas/air heat exchanger. 
(28) Efficiency estimated from exergy losses. 
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In the case of an MHD/steam turbine combined cycle power plant with combustion in an O2/CO2 atmos-
phere, the efficiency penalty is greater than with CO2 removal from the flue gas, due to the fact that a 
considerable portion of the enthalpy of combustion can only be utilized after the MHD channel, due to 
dissociation of CO2 at the high temperatures in the combustion chamber (around 1800ºC) [140, 141] 
(Table 2.10, No. 12-14). 

IGCC Power Plant with H2/CO Separation and Separate Combustion in Two Gas Turbine Cy-
cles 

With coal gas, around one-third of the combustion oxygen is used for the oxidation of the hydrogen 
component. By burning the hydrogen component separately with air, less energy is required to generate 
O2 for combustion of the carbon-containing components of the fuel. According to a proposal from 
Hendricks and Blok [142], hydrogen is removed from a cleaned coal gas, using a membrane, and is then 
burnt with air in a gas/steam turbine combined cycle (Figure 2.19; Table 2.10: No. 15). The retentate, 
which remains behind the membrane, primarily consists of CO and a small quantity of CO2 and inert gas 
components. This retentate is burnt with recirculated flue gas, with the addition of oxygen, in a second 
gas turbine cycle, from which highly-concentrated CO2 can be removed subsequent to condensation of 
the combustion water. The efficiency penalties in this process, as compared to the baseline IGCC power 
plant without CO2 removal, arise from the energy required for additional oxygen production and the 
separation work of H2 and CO in the membrane, which is mainly caused by the pressure drop across the 
membrane. Based on a membrane with a selectivity for CO to H2 of 60, Hendricks and Blok calculate an 
efficiency penalty for this process, in comparison to the baseline IGCC power plant, amounting to nearly 
4 percentage points, or nearly 7 percentage points if CO2 liquefaction is included. 

 

 

Figure 2.19: IGCC power plant with separate combustion of carbon-containing synthesis gas components ex-
cluding inert gases 

Gas-Fired Processes 
The highest plant efficiency given in the literature for processes involving combustion in oxygen-
enriched, recirculated flue gas is cited by Iantovski [117, 147], who gives a figure of 54.3% for a 'quasi-
combined' cycle specially adapted to the characteristics of CO2-rich flue gas, and capture of CO2 in its 
liquid form (for recalculations see Section 3.6.5, p 127ff). For combined cycles with a Joule gas turbine 
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The results obtained from a study of the literature, dealing with coal-fired and natural gas-fired power 
plants with CO2 removal from the flue gas, are summarized in Tables 2.12 and 2.13. 

Table 2.12: Data from the literature on CO2 capture from flue gases in coal-fired cycles 

 Source CO2 Separation Method CO2 Capture 
Ratio in % 

CO2 
Emissions

Efficiency Penalty 
∆η 

in percentage 
points 

Efficiency 
(LHV) 
in % 

Specific 
Investment 

CO2 Avoid-
ance Costs

No
. 

   in kg CO2/ 
kWh 

CO2 at 
1 bar 

CO2 at 
110 bar

CO2 at 1 bar  in US$/kW in US$/ 
t CO2  

Steam Power Plants 
1 Kümmel et al. 

[74] 
freezing under pressure 80 - 90  0.136-

0.253 
10-12 -- 26 - 28  not spec. not spec. 

2 Blok et al. [148], 
Hendriks et al. 
[71] 

chem. absorption (MEA) 90  0.115 8.3 11.6 31.7  1691 
1828* 

=Baseline+822 

32 

3 Herzog et al. 
[124] 

a) chem. absorption (MEA) 
b) distillation 
c) membrane (2 stage, polymer) 
d) phys. absorption (seawater) 

90  
90  
80  
-- 

0.17-0.42
0.2-1.76
0.35-0.7

-- 

16-20 
19-34 
17-26 
14-19 

12-14
15-29
13-22
10-15 

11 - 23  
(6 - 20 ) 
13 - 22  

(20 - 25 ) 

not spec. not spec. 

4 Smelser et al. 
[154] 

chem. absorption (MEA) 90  0.085 8.9-9.0  27.9-28.0 1871-2185 
2070-2297* 

not spec. 

5 Bower et al. [98] chem. absorption (aqueous amine) 90  0.13 8 11.9 30.0  not spec. not spec. 
6 Koetzier et al. 

[17] 
a) chem. absorption (column) 
b) chem. absorption (membrane 
apparatus) 

a)86.2  
b)86.4  

a)0.105
b)0.103 

≈11 13.9 a)32.6  
b)33.0  

a) 1752 
1877* 

41 

7 McMullan et al. 
[123] 

chem. absorption (MEA) 86.1   0.123 7.6 10.6 30.7  1843* not spec. 

Hybrid IGCC+PFBC (Topping Cycle) 
8 Bower et al. [98] chem. absorption (aqueous amine) 90  0.1 7.9 11.9 38.1  

GT: 1170°C/16 
not spec. not spec. 

9 McMullan et al. 
[123] 

chem. absorption (MEA) 87.0   0.102 7.3 10.4 36.9  
GT: 1000°C/20 

1741* not spec. 

MHD/Steam Turbine Combined Cycle 
10 McMullan et al. 

[123] 
chem. absorption (MEA) 88.2  0.075 5.3 8.0 44.9  1633* not spec. 

 * incl. CO2 compression 
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must then be heated up again to approx. 60ºC. The solvent regenerator is heated using steam extracted 
from the steam turbine, at 4 bar, which is subsequently released as condensate at approx. 109ºC. 
 

Low CO2 partial pressure means that physical absorption is not a suitable method for removing CO2 
from power plant flue gases, unless seawater is used as a solvent (Table 2.12: No. 3d). Although energy 
expenditure would be lower if regeneration were to be omitted, seawater is still not a suitable CO2 sol-
vent, since the low solubility of CO2 in water would require large quantities of water to be transported, 
and the pump work associated with this would exceed the energy requirements of other processes [152] 
(see also Section 3.4, p 84). 
 
Low-temperature fractional distillation of a flue gas can be used to achieve high purity levels of the 
separated CO2. Specific electrical energy consumption lies between 0.6 and 1 kWh per kg of CO2 re-
moved, higher than the figure for chemical scrubbing [152]. Theoretically, direct freezing of CO2 would 
consume 0.35 to 0.38 kWh per kg of CO2 [74] (Table 2.12: No. 1); however, this is virtually impossible 
to perform from a technical point of view, since the cooling surfaces freeze up. 
 
Using currently available polymer membranes, it is not possible to achieve sufficient purity of the sepa-
rated CO2 (only around 30% volume fraction is obtained) [153]. A two-stage membrane module can 
increase the capture ratio and, at the same time, improve CO2 purity. However, the energy consumed in 
the course of flue gas compression approximates the gross power output of the entire plant [124] (Table 
2.12: No. 3c; Table 2.13: No. 4d). According to van der Sluis et al. [73], membrane modules will require 
a selectivity between CO2 and N2 of at least 200 to 1, if they are to compete with other methods of CO2 
capture from flue gases. 
 
The final method of removing CO2 from flue gases is chemical absorption. For a CO2 capture ratio (or 
separation factor, since in this case 

22 COCO sr = ) of between 80% and 90%, literature sources cite effi-
ciency penalties of between 8 and 13 percentage points for coal-fired steam power plants, and between 
5.5 and 11 percentage points for gas/steam turbine combined cycle power plants. It should be noted, 
however, that the specific work per kg of separated CO2 is much higher in gas-fired power plants. 
 
According to [154], CO2 capture should only reduce the availability of the power plant by approx. 
0.75%. 
 
 
2.2.6 Process Family IV: Carbon Separation 
 
Another possible way of avoiding CO2 emissions is to remove the carbon from the fuel. Since the carbon 
can then no longer be used as a fuel, it only makes sense to apply this method to fuels containing a high 
proportion of hydrogen. 
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Figure 2.20: Process arrangement of the "Hydrocarb" process for producing methanol, methane and carbon from 

mixtures of different fuels (according to [36, 37, 38]) 
 
A system, which retains virtually all of the carbon, and which produces liquid fuels (methanol/carbon 
emulsion) from mixtures of biomass and coal, tar or natural gas, is proposed by Steinberg et al. [36, 37, 
38]. In the version known as the "Hydrocarb" process, the system consists of three stages (Figure 2.20): 
 

•  a hydropyrolysis reactor, in which the fuel used is gasified exothermically with H2 to form a meth-
ane-rich fuel gas, 

 
•  a methane cleavage reactor, in which H2 and C are produced from CH4 using aluminum oxide pellets 

with the addition of heat and 
 
•  possibly a methanol synthesis stage. 
 
H2 and CH4 are produced as co-products. The aluminum oxide pellets act as a heat transfer medium be-
tween the individual process steps. Storing the carbon, which is produced, rather than burning it, can 
certainly lead to a significant reduction in CO2 emissions; however, even with the production of synthe-
sis gas, no more than 70% of the energy of the fuel used is converted into energy of the fuel product 
(Table 2.14). So far the process has not been performed on an industrial scale. 
 
The results of the calculations given in Table 2.14 show that the specific CO2 emissions of the fuel pro-
duced are, in all cases, lower than that of the primary fuel mix. If the CO2 from the combustion of bio-
mass is not counted as a CO2 emission, then C-capture from the fuel creates the effect of a carbon sink 
in the case of the various fuel mixtures, which include biomass, as shown in Table 2.14. 
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If the fuel produced is burnt in a gas/steam turbine combined cycle with an efficiency of 58%, the effi-
ciency penalty due to C-retention and methanol production lies between 24 and 26 percentage points. If 
the synthesis gas is produced directly for conversion into electrical energy, the efficiency penalty ranges 
between 17 and 23 percentage points (Table 2.14). 

2.2.7 Process Family V: CO2 Capture with Fuel Cells 

There are several possible methods of CO2 capture associated with fuel cells, depending on the type of 
fuel cell used: 

•  Removing the carbon component from the fuel gas prior to the fuel cell (PEMFC, PAFC, MCFC, 
SOFC), Figure 2.21.a, .b or 

•  Separating the residual fuel and CO2 in the anode exhaust gas, Figure 2.22, Figure 2.23. 

 

 
Figure 2.21.a: Gasification and CO shift with CO2 removal prior to the fuel cell (PEMFC, PAFC, 

MCFC, SOFC) 
 
 

 

Figure 2.21.b: Natural gas reforming and CO shift with CO2 removal prior to the fuel cell (PEMFC, PAFC, 
MCFC, SOFC) 
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In the first method, the fuel cell is operated with pure H2 and the conversion work corresponds to the 
processing of the fuel described in "Process Family I". Since hydrogen production anyway represents a 
necessary component of the operation of a PEMFC or PAFC, the efficiency penalty incurred with these 
types of fuel cell is conditional solely on the energy required for CO2 removal. Due to the high working 
temperatures associated with MCFC and SOFC, CO shift conversion and steam reforming take place 
internally, after fuel gas humidification, to at least a partial extent. Using a process arrangement featur-
ing anode exhaust gas recirculation or afterburning for preheating purposes, fuel gas conversion is 
avoided for operation without CO2 capture. In the case of the first method of CO2 capture for these types 
of fuel cell, the efficiency penalty can be calculated in accordance with the expenditures cited for "Proc-
ess Family I". 

 

 
Figure 2.22: Flow diagram of an MCFC with removal of CO2 from the anode exhaust gas. Due to the operating 

characteristics of the MCFC, it is necessary to mix a portion of the CO2 into the cathode intake air. 
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Figure 2.23: Flow diagram of a natural gas-fired SOFC with removal of CO2 from the anode exhaust gas 

 
In the second method, the fuel cell could be described as functioning as a gas separation apparatus, since 
the fuel gas is oxidized in the fuel cell without mixing with atmospheric nitrogen and without requiring 
any work for oxygen production. In fact, the oxidation process in the fuel cell represents a suppressed 
mixing of the reaction product with the ambient air (i.e. the anode exhaust gas is not mixed with nitro-
gen) and, in the case of MCFC and SOFC, the selective transport of O2 (and CO2 with the MCFC), and, 
in the case of PAFC and PEM, selective removal of the hydrogen at the cathode, where water is pro-
duced. In this method, CO2 capture work essentially consists of the separation of non-burned compo-
nents (mainly H2) and CO2 in the anode exhaust gas. Since PEM fuel cells are extremely sensitive to 
CO, it is necessary to convert virtually all of the CO to CO2 (or to CH4 through methanation) before the 
fuel cell stage. In some cases in the literature, the theoretical energy advantage of gas separation with a 
high level of concentration in the anode exhaust gas is abandoned, in favor of simple utilization of the 
residual fuel to heat the cathode air, and the CO2 produced is removed from the cathode exhaust gas 
[25]. 

In the case of high-temperature fuel cells, in addition to the electrochemical reaction of H2 with oxygen 
ions to form water (and, in part, of CO to CO2), catalyst-supported CO shift and hydrocarbon reforming 
also take place. Since not all the fuel can be converted, the anode exhaust gas consists of steam, CO2 and 
non-burned fuel. For CO2 capture, the residual fuel must be separated out, and the water component 
must be removed through condensation. There are various possible ways of simplifying the CO2 capture 
process: 

•  subsequent (downstream) CO shift, separation of the CO2 and H2 which are produced, and return of 
the H2 to the anode (best utilization of fuel, most expensive solution), 
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•  afterburning of the anode exhaust gas with oxygen from the air separation unit of a coal gasification 
unit, utilizing this partly to preheat the cathode air, and separation of CO2 and H2O through condensa-
tion from the anode exhaust gas, or 

•  afterburning of the anode exhaust gas, utilizing this to preheat the cathode air, and removal of the 
CO2 from the cathode exhaust gas. 

 
Due to the way in which an MCFC functions, sufficient CO2 must be mixed into the cathode gas. The 
CO2 concentration in the cathode exhaust gas should be expected to be higher than that in the intake air. 
It may therefore make sense to mix all of the burnt anode exhaust gas into the cathode and remove the 
CO2 from the cathode exhaust gas. 

Table 2.15: Concentrations and CO2 absorption rate at the cathode of the MCFC, taken from various studies. 

Source No. in Table 
2.16 

Cathode 
Inlet 

Cathode Ex-
haust Gas 

Operating 
Pressure 

in bar 

CO2 Absorption 
Rate in % 

CO2 capture 

  Volume fraction of CO2 (%)    
MCFC, coal gasification 
IEA-GHG [25] 

2 8.9   5.0   3 60  before anode 

MCFC, coal gasification 
IEA-GHG [25] 

3 6.3   3.3   3 50 from anode 
exhaust gas 

MCFC, natural gas re-
forming 
IEA-GHG [25] 

8 6.5   2.8   3 60  before anode 

MCFC, direct firing with 
natural gas 
IEA-GHG [25] 

9 16.1   5.1   1 74  from cathode 
exhaust gas 

MCFC, coal gasification 
Doctor et al. [155] 

4 9.1   0.85   10 92  from anode 
exhaust gas 

 

Precise analysis of CO2 capture in fuel cells requires knowledge of the electrochemical conversion of 
individual gas components for different gas compositions and fuel cell operating states. For example, 
CO2 absorption in the cathode of the MCFC is a decisive factor for the remaining CO2 emissions after 
the cathode. Table 2.15 shows the wide differences in CO2 absorption in the cathode under different 
operating conditions, which are used as a basis in various literature sources. The fact that fuel cells are 
in such an early stage of development means that exact data is hard to obtain; this study therefore limits 
its scope to a comparison of the data from the literature, rather than providing a separate analysis in 
Section 3. 

For coal gasification power plants, cycles with PAFC, MCFC and SOFC are described in the literature 
(see Table 2.16: No. 1-7). With coal gasification, CO shift and a CO2 capture ratio of 68.5%, an 
efficiency rating of 40.6% can be achieved in a combined cycle consisting of a PAFC and a subsequent 
steam cycle, including CO2 liquefaction [31] (Table 2.16: No. 1). With the combination of an MCFC 
and a steam cycle in a similar configuration, a CO2 capture ratio of 68% and an efficiency of only 
approx. 35%, including CO2 liquefaction, can be achieved [25] (Table 2.16: No. 2). According to IEA-
GHG [25] (Table 2.16: No. 3), CO2 removal from the anode exhaust gas (following combustion with O2 
without CO conversion) holds no potential for improvement, when compared to variations with CO2 
removal from the coal gas prior to the fuel cell (Table 2.16: No. 2). With afterburning of the anode 
exhaust gas of an MCFC with air, and subsequent CO2 scrubbing, the efficiency in a plant with 
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integrated coal gasification and a subsequent steam cycle is even lower, according to a study performed 
by Doctor et al. [155] (Table 2.16: No. 4). The low efficiencies of these cited MCFC power plants can 
primarily be traced back to poor fuel conversion, of around 75%, in the fuel cell, and further exergy lost 
through the cooling of the hot, afterburnt anode exhaust gas prior to CO2 scrubbing. Improved 
efficiencies for MCFC with coal gasification and subsequent steam cycle are obtained with CO 
conversion in the anode exhaust gas and H2 recirculation to the anode [156] (Table 2.16: No. 5). By 
using a ceramic membrane, it is stated that between 88% and 95% of the H2 can be removed hot from 
the anode exhaust gas (converted through a CO shift reaction) and recirculated. Assuming CO 
conversion of 90% in the CO shift reaction and fuel conversion of 75% with a single pass through the 
MCFC, this would mean a reduction in residual fuel energy in the anode exhaust gas of 25% of the fuel 
gas energy before the anode, to between approx. 3.6% and 5.2%. Improved utilization of the fuel gas 
and hot gas separation are the explanation behind the achievable efficiencies of between 47.7% and 
53.2%, including CO2 liquefaction and depending on the H2 separation factor, achieved with a CO2 
capture ratio of 68.5%, according to the study by Jansen et al. [156]. With a similar process 
arrangement, McMullan et al. [32] (Table 2.16: No. 6) calculates an efficiency of 49.6% for an IGCC 
power plant with MCFC and a CO2 capture ratio of 87.9%. Without CO2 capture and liquefaction, the 
efficiency rating is 5.9 percentage points higher. For a corresponding process arrangement of an IGCC 
power plant with SOFC (Table 2.16: No. 7), and a CO2 capture ratio of 98.8% from the anode exhaust 
gas after CO conversion, McMullan et al. [32] cite an efficiency of 47.8%, corresponding to an effici-
ency penalty of 8.7 percentage points when compared to the IGCC power plant with SOFC without CO2 
capture. Due to the early stage of development of the SOFC, McMullan et al. assume a lower efficiency 
for the SOFC than for the MCFC. 

All the cases of MCFC in combination with coal gasification are based on a maximum feasible CO2 cap-
ture ratio of between around 70% and 88%. A large portion of the remaining CO2 emissions stem from 
the emissions of the MCFC cathode, which requires increased CO2 concentrations at the cathode for 
correct functioning. The CO2 absorbed at the cathode of the MCFC varies between 50% and 92% in the 
various studies (Table 2.15). It is possible that the CO2 emissions may be subject to further uncertainty 
due to deviations in CO2 absorption at the cathode. 

In the case of MCFC operation using natural gas, with an efficiency of 49.0% (including CO2 liquefac-
tion), the variant which features CO2 removal subsequent to reforming and CO conversion is inferior to 
a gas/steam turbine combined cycle with CO2 scrubbing from the flue gas [25]. At the same time, this 
process allows less than 60% of the CO2 to be separated. With a CO2 capture ratio of 90%, removal of 
CO2 from the cathode exhaust gas of an MCFC results in a power plant efficiency of 55.5%, including 
CO2 liquefaction, which is marginally higher than that achieved in a gas/steam turbine combined cycle 
with CO2 scrubbing from the flue gas. With an efficiency of 59.7%, including CO2 liquefaction, with a 
CO2 capture ratio of approx. 90%, a combined cycle power plant with SOFC featuring afterburning of 
the anode exhaust gas with air, and subsequent gas turbine and heat recovery steam cycle stages, in 
which 90% of the CO2 arising in the process is washed out of the cathode exhaust gas, is far superior to 
all other methods of CO2 capture, at least from the point of view of efficiency [25]. 

Investment costs for PAFC and MCFC are estimated to be substantially higher than for other types of 
power plant. This is why the CO2 avoidance costs cited in the literature, relating to IGCC power plants 
or gas/steam turbine combined cycle power plants, are so high. The only case where the costs are com-
parable with the costs incurred in other gas/steam turbine combined cycle power plants is that of CO2 
capture with a natural gas-operated SOFC. 
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Table 2.16: Data from the literature on power plant systems with fuel cells, CO2 capture and liquefaction 

 
 
No 

Type of power 
plant, 
literature 
source 

CO2 capture FC operating 
conditions 

(temp./ 
pressure) 

Efficiency 
(LHV) 
in % 

Efficiency 
penalty due to 

CO2 capture and 
liquefaction 
(percentage 

points) 

CO2 emis-
sions 

 
in kg CO2/ 

kWh 

CO2 capture 
ratio 

 
in % 

Investment 
 

in US$/kW 

CO2 avoid-
ance costs 
in US$/t of 

CO2 

1 Coal gasifica-
tion + PAFC 
Campbell et al. 
[31] 

before anode 
(CO shift + 
scrubbing) 

200°C /  
1 bar 

40.6  9.0  0.254 68.5  4310 (1995) 
2100 (future) 

--- 

2 Coal gasifica-
tion + MCFC 
IEA-GHG [25] 

before anode 
(CO shift + 
scrubbing) 

650°C / ≈ 1 bar 
** 

35.2  not spec. 0.306 68  3303 65 

3 Coal gasifica-
tion + MCFC  
IEA-GHG [25] 

from anode 
exhaust gas, 
(after combus-
tion with O2) 

650°C / ≈ 1 
bar ** 

36.3  not spec. 0.217 76  2925 40.4 

4 Coal gasifica-
tion + MCFC  
Doctor et al. 
[155] 

from anode 
exhaust gas 
(scrubbing) 

700ºC / 10 
bar 

31.7  2.3  liquefaction 
+ 0.4  CO2 
scrubbing + x 
other 

0.195 81  2666  

5 Coal gasifica-
tion + MCFC  
Jansen et al. 
[156] 

H2 separation 
from anode 
exhaust gas after 
CO shift 

650ºC / 4 bar 47.7 - 53.2  > 2 0.0228 
(+0.15-0.16 
from cathode 
exhaust gas*)

68.5  IGCC x 1.2-
1.4 

 

6 Coal gasifica-
tion + MCFC  
McMullan et al. 
[32] 

CO2 separation 
from anode 
exhaust gas after 
CO shift 

 49.6  5.9  0.08 87.9  3820 30 
(own calcula-
tion) 

7 Coal gasifica-
tion + SOFC  
McMullan et al. 
[32] 

CO2 separation 
from anode 
exhaust gas after 
CO shift 

 47.8  8.7  0.008 98.8  3820 35 
(own calcula-
tion) 

8 Natural gas 
reforming + 
MCFC  
IEA-GHG [25] 

before anode 
(reforming + 
CO shift + 
scrubbing) 

650°C / ≈ 1 
bar ** 

49.0  not spec. 0.177 58  2153 117 

9 Direct natural 
gas-fired 
MCFC  
IEA-GHG [25] 

from cathode 
exhaust gas 
(scrubbing) 

650°C / ≈ 1 
bar ** 

55.5  not spec. 0.034 91  1955 55.4 

10 Direct natural 
gas-fired 
SOFC  
IEA-GHG [25] 

from cathode 
exhaust gas  
(scrubbing) 

1000°C / ≈ 6 
bar ** 

59.7  not spec. 0.034 90  1637 39.8 

Baseline IGCC power plant according to IEA-GHG [25]         (does not conform to current state of the technology)  
IGCC without CO2 
capture 

--- --- 41.9  --- 0.791 --- 1811 --- 

Gas/steam turbine 
combined cycle 
plant without CO2 
capture 

--- --- 52.0  --- 0.406 -- 840 --- 

* according to my own estimations, a maximum limit of 70%-80% of the CO2 can be absorbed at the cathode, meaning that additional 
emissions should be expected in this case. 

** MCFC: ∆T≈40 K, 85% fuel utilization, SOFC: ∆T≈380 K, 85% fuel conversion 
 
2.2.8 Review of the Literature with Conversion to a Common Basis 
 
The power plants with CO2 capture described in the literature display widely differing levels of technol-
ogy, in terms of factors such as gas turbine inlet temperature and live steam temperature, for example, as 
well as differing ambient conditions. This causes significant discrepancies in the efficiencies described. 
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By using simple conversion equations, it is possible to convert the efficiencies obtainable with CO2 cap-
ture to the same level of baseline power plant (modern steam power plant, or gas/steam turbine com-
bined cycle power plant with currently achievable gas turbine inlet temperature) and the same energy 
requirements for CO2 liquefaction, assuming an identical final pressure. CO2 avoidance costs are calcu-
lated based on the assumption of standard costs for the baseline power plant (Table 2.2, p 8), and further 
investment according to the literature sources. 
However, some of the processes described in the literature are no longer currently available, some can-
not even be performed with current technologies. To a certain extent, information on the efficiencies and 
CO2 avoidance costs is therefore speculative. 
 
Efficiency Conversions and Estimates 
 
Conversion to an IGCC Power Plant with Improved Combined Cycle (Without CO2 Capture) 
 
The efficiency of GTCC power plants has improved significantly over the last few years. When compar-
ing different processes, it is therefore important to assess efficiency on the basis of comparable individ-
ual efficiencies. The following equation provides a first approximation for the conversion of IGCC effi-
ciency 0,IGCCη  (without CO2 capture), in dependence on the efficiency of the gas/steam turbine com-
bined cycle 0,GTCCη  on which this is based, to achievable efficiency η IGCC ,1  using an improved gas/steam 
turbine combined cycle power plant with efficiency 1,GTCCη :  
 

   
0,

1,
0,1,

GTCC

GTCC
IGCCIGCC η

η
ηη =  (2.16). 

 

The following equation applies to CO2 emissions: 
 

   
1,

0,
..

0,21,2

GTCC

GTCC
COCO mm

η
η

=  (2.17). 

 

Power Plants with CO2 Separation from the Flue Gas, CO2 Liquefaction 
 
By relating the additional energy requirements for CO2 separation (or the penalty in output caused by 
CO2 separation) to the heating value of the fuel employed, efficiency 

2,COPPη  of the power plant with 
CO2 separation can be calculated from efficiency Basisη  of the baseline power plant without CO2 separa-
tion, as follows: 
 

   ηηη ∆−= Basis, 2COPP  (2.18) 

where    
FF LHVm

output) in (reduction  or  n)consumptio internal l(additiona
.=∆η  

 

If the energy expenditure for CO2 capture consists solely of the energy expended on gas separation, with 

specific energy expenditure 2COw  related to mass flow mCO

.

2  of the separated CO2, efficiency penalty 

η∆  is calculated from: 
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and efficiency 
2,COPPη  of the power plant with CO2 separation is approximated from: 

 

   
FF

CO
COPP

LHVm

wm CO

.

.

Basis,
22

2
−=ηη . (2.20) 

 
Power Plants with Combustion in an Atmosphere of O2/CO2 
 
In power plants featuring combustion in an atmosphere of oxygen and recirculated exhaust gas or steam, 
additional energy is required to generate the oxygen. Based on the assumption that a working cycle, 
which uses CO2 as a working fluid, has the same cycle efficiency as a cycle using air as a working fluid, 
efficiency 

22 /, COOPPη  of the power plant with CO2 capture is approximated by: 
  

 
FF

O
COOPP

LHVm

wO
.

2min
Basis/, 22

−=ηη  (2.21) 

where:  Omin minimum oxygen required, 2Ow  specific work to generate O2, 
.

Fm mass flow of fuel, LHVF heating value of 
the fuel, Basisη  efficiency of the baseline power plant without CO2 capture 

IGCC Power Plants with CO Conversion and CO2 Capture 

For an IGCC power plant with CO conversion and subsequent CO2 separation, it is not possible to esti-
mate the efficiency of the power plant with CO2 capture directly from that of the baseline power plant, 
since the efficiency is influenced not only by internal consumption for the gas separation process, but 
also by the CO2 conversion process. The relationships involved in determining the efficiency of the 
IGCC with CO2 capture are illustrated by the following equation: 
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 (2.22) 

where: 
ShiftCO−η : efficiency of the CO shift (95 to 97%); 

CGη : ratio of fuel energy flow (HHV/HHV) or cold gas "efficiency", see equation 3.12, p 74; 

GTCCη : efficiency of the gas/steam turbine combined cycle power plant; 

Steamη : efficiency of the steam cycle; 

HTη : efficiency in the utilization of heat from the raw gas cooling stage in the steam cycle; 

)(/
.

intint CoalLHVmWw Coal= : specific internal consumption 
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Coal
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CO
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int,
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2
−= : internal consumption of the CO2 separation process; 

 
2COw : specific work required to separate a kg of CO2; 

Gc : enthalpy for the gasification steam requirement related to the coal energy; 

1c : constant representing the proportion of the heat from the raw gas cooling stage, which is used 
in the steam cycle; 

2c : proportion of the heat from the raw gas cooling stage, which is transferred from the raw gas to 
the clean gas. Since ratio of fuel energy flows CGη  does not include the exergy expenditure for 
gasifying agent (H2O) and oxidant (O2), this expenditure must be taken into account in the val-
ues for 2c  and specific internal consumption intw  and adjusted to the specific application under 
examination. 

The third from last term approximately describes the lost expansion work of the separated CO2. Values 
for the constants are given in Table 2.17. 
 
Table 2.17:  Constants used for approximate estimation of the efficiency of an IGCC 
Gasification temperature     in °C 1300 1200 1100 1000 900 
Ratio of gross heating value (cold gas efficiency)  in % 88.0 89.1 90.2 91.1 91.8 
Heat from raw gas cooling to HRSG   in % * 6.0 4.9 3.8 2.5 0.9 
Heat from raw gas cooling to clean gas preheating in % * 4.8 4.8 4.7 4.7 4.7 
Heat from raw gas cooling to saturator heating in % * 1.6 1.7 1.9 2.5 3.9 

HTη  (Efficiency of the heat from the raw gas cooling process in the 
steam cycle) in %  

47 47 47 47 47 

cG (Gasification steam)     in % * 1.7 2.0 2.6 3.7 6.1 
c1 (Steam produced from heat from the raw gas cooling process) in 
%  

52.5 48.0 42.0 33.0 15.1 

c2 (Heat from raw gas cooling to the clean gas)  in %  55.8 63.3 74.5 95.0 142.6 
wint (ASU; DESOX,...)     in % 1.3 1.2 1.2 1.2 1.1 

2int,COw  (Internal consumption of the CO2 separation process) in % 1.0 - 1.7 1.0 - 1.7 1.0 - 1.7 1.0 - 1.7 1.0 - 1.7

 * based on the fuel energy flow (LHV) of the feed coal 
 
Evaluation and Comparison 
 
A comprehensive assessment of the different processes may be performed on the basis of technical/ 
economic operating data (e.g. costs, efficiency, emissions, simple operation), and social criteria, such as 
acceptance on the part of the local population and decision-makers in energy supply companies and the 
political arena. By evaluating and weighting the individual criteria, the different designs may be ranked 
according to their suitability (e.g. see [157]30). The scope of this present study is restricted to the 
evaluation of individual, objectively assessable, technical criteria. Specifically, these are: 

•  specific CO2 emissions, 
•  efficiency with and without CO2 capture, 
•  efficiency penalties, or specific energy expended on reducing CO2 emissions, respectively 

(establishing the contributions of the individual steps in the process), 
•  increase in specific investment due to CO2 capture, 

                                                 
30 Criteria compiled and weighted by R. Pruschek and G. Göttlicher, among others. 
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•  increase in electricity generating costs31 caused by CO2 capture, 
•  CO2 avoidance costs and 
•  technical feasibility. 

The achievable CO2 capture ratio and the incorporation of CO2 liquefaction are two of the most impor-
tant boundary conditions in a standardized comparison of CO2 capture processes. 
 
Efficiency penalties due to CO2 capture, and the specific additional energy requirements of CO2 capture, 
are primarily dependent on the method and the level of technology of the CO2 capture process, and only 
depend to a small degree on the efficiency of the baseline power plant32. The efficiency penalty can thus 
be viewed as a characteristic variable for energy expenditure. 
 
Table 2.18 shows the results of the conversion process, where the baseline power plants are converted to 
a standardized level of technology of the steam power plant, the IGCC power plant and the gas/steam 
turbine combined cycle power plant, and where the specific energy requirements of CO2 liquefaction, 
related to the CO2 mass flow, are the same in all cases. The occasionally inconsistent discrepancies be-
tween the data (e.g. the efficiency penalties due to combustion in an atmosphere of oxygen and recircu-
lated CO2 in a natural gas-fired steam power plant are different from those in a natural gas-fired 
gas/steam turbine combined cycle) are due to the fact that the data is based on literature sources which 
differ by up to approx. 30%. 
 
Specific CO2 Emissions (kg CO2/kWh) 
 
The only way of achieving virtually complete avoidance of CO2 emissions is through combustion in an 
atmosphere of O2/CO2. In all other processes, the maximum CO2 capture ratio that can be achieved with 
a reasonable amount of work done only amounts to around 95%. CO2 separation from the flue gas of a 
coal-fired power plant (steam power plant or IGCC), or CO2 separation following CO conversion in an 
IGCC power plant, can serve to reduce specific CO2 emissions to between one-quarter and one-fifth of 
the CO2 emissions of a natural gas-fired gas/steam turbine power plant without CO2 capture. With CO2 
capture, the specific CO2 emissions of a natural gas-fired power plant again lie below those of the coal-
fired power plant, in accordance with the lower carbon content of the fuel. 
 
Efficiency With and Without CO2 Capture 
 
The highest efficiencies with CO2 capture are achieved by high-temperature fuel cell power plants. Set-
ting aside fuel cells for the time being as a "future option", the natural gas-fired gas/steam turbine com-
bined cycle power stations and the coal-fired IGCC power stations display the greatest efficiency, as is 
the case with the baseline power plants. In IGCC power plants, the most advantageous method, from the 
point of view of energy expenditure, is CO2 capture after CO conversion, closely followed by combus-
tion in an atmosphere of O2/CO2. 
 
In the case of natural gas-fired gas/steam turbine combined cycle power stations, literature sources cite 
both CO2 separation from the flue gas, and CO2 separation subsequent to reforming with internal partial 
combustion and CO conversion as the most advantageous methods. According to the results from Table 
2.18, CO2 separation from flue gases ranks slightly higher than CO2 separation subsequent to reforming 
with internal partial combustion and CO conversion. 
 
                                                 
31 Electricity generating costs calculated according to the annuity method, see Appendix, Section 6.7 [180]. 
32 In spite of this, the baseline power plant needs to display high efficiency, since this is the only way to create a small ratio 

between power output penalties caused by CO2 capture and gross electricity generation, and thereby to make the additional 
costs low. 
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Several processes can be ruled out due to their low efficiencies: namely, processes with CO2 adsorption, 
CO2 separation from synthesis gases following gasification with air or following direct quenching of the 
raw gas with water, STIG processes with combustion in an atmosphere of O2/CO2 and Rankine cycles 
with internal combustion, as well as processes with CO2 separation subsequent to externally heated 
reforming or CO2 separation from flue gases using a membrane process. 
 
Specific Expenditure of Energy on Reducing CO2 Emissions / Efficiency Penalty 
 
In this case, too, high-temperature fuel cell power plant cycles again achieve the lowest energy 
requirements related to avoided CO2 emissions, followed by CO2 separation from synthesis gases after 
CO conversion in an IGCC power plant (if adsorption, air-blown gasification and raw gas cooling 
through direct quenching with water are excluded), and IGCC power plants with combustion in an 
O2/CO2 atmosphere. The variation featuring H2/CO separation and combustion of just the CO portion in 
an O2/CO2 atmosphere also achieves low specific energy expenditure. 
 
In the case of natural gas-fired processes, the specific expenditure of energy on reducing CO2 emissions 
is significantly higher than that required in all the coal-fired processes. However, the efficiency penalty 
due to CO2 capture in natural gas-fired processes is smaller, since the CO2 mass flow to be separated is 
substantially smaller overall. Specific energy expenditure on CO2 capture from the flue gas, and with 
combustion in an O2/CO2 atmosphere, lies slightly below that of CO2 separation with reforming with 
internal partial combustion and CO conversion. 
 
CO2 adsorption after CO conversion in an IGCC, CO2 separation subsequent to externally heated re-
forming and CO conversion, and the Rankine cycle with internal combustion (working fluid: mixture of 
H2O and burner gas) all require a significantly higher expenditure of energy than that of the other cases. 
 
Increase in Specific Investment Due to CO2 Capture 
 
The additional investment for CO2 capture stems from the efficiency/output penalties and the additional 
equipment required for CO2 capture. Overall, CO2 capture increases specific investment by between 
20% and 40%, if processes with low efficiencies or high expenditures of energy are disregarded. The 
lowest relative increase in investment caused by CO2 capture occurs in the case of CO2 capture in power 
plants using fuel cells, followed by gas/steam turbine combined cycle power plants with flue gas 
scrubbing, and CO2 capture using membranes from the synthesis gas of an IGCC power plant 
subsequent to CO conversion. For CO2 capture through combustion in an atmosphere of O2/CO2, the 
investment required increases slightly more than in the case of CO2 separation from synthesis gases after 
CO conversion in an IGCC. In the case of fuel cell power plants, however, the costs of the baseline 
power station are already extremely high, and, at the same time, the efficiency penalties are lower than 
in the other cases, meaning that the additional investment required for CO2 capture will be less 
significant overall. No significant difference was found between natural gas-fired and coal-fired 
processes in terms of the increase in additional costs due to CO2 capture. 
 
Increase in Electricity Generating Costs Due to CO2 Capture 
 
According to the results given in Table 2.18, electricity generating costs rise by between approx. 20% 
and 40% in the case of CO2 separation from the synthesis gas of an IGCC power plant following CO 
conversion. For combustion in an O2/CO2 atmosphere, this figure ranges between around 30% to over 
50%, and for CO2 capture from flue gases it ranges from 40% to over 60%. In spite of this, thanks to 
higher efficiencies overall, natural gas-fired combined cycle power plants achieve lower electricity gen-
erating costs than coal-fired power plants. 
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CO2 Avoidance Costs 
 
CO2 avoidance costs (Equation 1.4) depend heavily on the choice of reference power plant. In Table 
2.18, two instances of reference power plants are given. 
 
If CO2 avoidance costs are related to the emissions of a baseline power plant of the same type, they can 
be seen to be significantly higher in the case of natural gas-fired processes with reforming or combustion 
in an atmosphere of O2/CO2, than in the case of coal-fired processes. The lowest costs, amounting to 
between 16 and 35 US$ per ton of CO2 avoided, are achieved with CO2 separation from synthesis gases 
following CO conversion in an IGCC power plant (where possible with hot gas desulfurization), in a 
steam power plant with combustion in an O2/CO2 atmosphere, and with flue gas scrubbing following a 
gas/steam turbine combined cycle. The costs of CO2 capture with fuel cells in coal-fired processes are 
much higher. 
 
If CO2 avoidance costs are related more generally to a coal-fired steam power plant as a reference power 
plant, the change to a fuel with a lower carbon content (in the case of natural gas-fired power plants), 
and the simultaneously lower specific investments, make the CO2 avoidance costs much lower. In the 
case of CO2 separation from the flue gas, these costs even turn out to represent a net cost saving as 
compared to a coal-fired steam power plant without CO2 capture (though this excludes transport and 
disposal costs), meaning that the CO2 avoidance costs become negative. 
 
To evaluate CO2 capture without the factor of the change in fuel, the reference power plant must be op-
erated with the same fuel as the power plant with CO2 capture. Analyzed in this way, CO2 capture from 
natural gas-fired power plants would no longer be favorable. 
 
Technical Feasibility. 
 
At current levels of technology, gas/steam turbine combined cycle power plants, steam power plants and 
IGCC power plants with CO2 capture via flue gas scrubbing can all be built, as can IGCC power plants 
with CO2 scrubbing subsequent to CO conversion. In contrast, membranes for CO2 separation, and 
membrane reactors which combine H2/CO2 separation with CO conversion or reforming, are not yet 
available for large-scale industrial use in power plants. Fuel cell power plants are still in the 
development stage; no implementation of MHD processes is yet in sight. In principle, the current state of 
combustion technology and O2 generating technology means that processes involving combustion in an 
atmosphere of O2/CO2 are feasible, though there is still a lack of a CO2 gas turbine. Development of CO2 
gas turbines would have to be stimulated by concrete demand. This would involve new technical 
challenges due to the higher pressure ratios of CO2 gas turbines as compared to today's gas turbines. 
 
Summary 
 
With the current state of the technology, the following designs have been proven to be advantageous: in 
the case of coal-fired processes, designs involving CO2 separation from synthesis gases following CO 
conversion in an IGCC power plant and, in the case of natural gas-fired power plants, designs involving 
CO2 separation from flue gases in gas/steam turbine combined cycle power plants. Fuel cell power 
plants will only provide a realistic alternative in the future if costs are reduced. 
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Table 2.18: Data comparison of processes (converted to a common technical basis). Costs based on assumptions for com-
ponent groups (see Section 4). Costs of MHD and IGCC hybrid investment according to data from the litera-
ture. All costs exclude pipelines and sequestration 

1) Investment 1 2 3 4 3 1 2 3 4 5 6  
2) CO2 emissions   Reference power 

plant: 
3) Efficiency 
4) Electricity generating costs 

Baseline power plant 
(same type of power plant) 

with CO2 capture Baseline 
power 
plant 

Steam 
PP, 

η=45% 
5) Specific power consumption  without CO2 capture gas. CO2 liq. liq. gas. / liq. liq. 
    to reduce CO2 emissions 
6) CO2 avoidance costs 

US$/ 
kW 

kg CO2/ 
kWh 

η 
in % 

US$/ 
kWh 

η 
in % 

US$/ 
kW 

kg CO2/ 
kWh 

η 
in % 

US$/ 
kWh 

kWh/ 
kg CO2 

US$/t 
CO2 

US$/t 
CO2 

Process Family I:  
IGCC + CO conversion/ reforming + CO conversion 

Dir. quenching with water, phys. abs. 967 0.78 40.2 0.052 35.9 1300 0.099 31.9 0.067 0.293 11 / 23 27 
    Phys. abs. 1112 0.62 51.5 0.050 47.3 1436 0.075 42.8 0.063 0.300 11 / 23 18 
    Phys. abs. (seawater) 1112 0.63 51.5 0.050 --- 1470 0.095 43.1 0.064 0.299 26 / 26 20 
    Chem. abs. 1112 0.63 51.5 0.050 44.3 1649 0.047 40.3 0.070 0.370 23 / 35 28 
    Membrane, hot gas clean up 1112 0.61 52.4 0.050 48.2 1336 0.020 44.2 0.060 0.262 7 / 16 12 
    Membrane reactor 1112 0.63 51.5 0.050 47.6 1384 0.155 43.6 0.061 0.311 11 / 23 18 
    Distillation 1112 0.63 51.5 0.050 45.2 1573 0.121 41.2 0.067 0.378 21 / 35 27 
    Adsorption 1112 0.63 51.5 0.050 35.3 2236 0.135 31.3 0.094 0.722 64 / 88 73 
    Air-blown gasification, chem. abs. 947 0.67 48.0 0.047 39.7 1547 0.178 35.7 0.071 0.476 31 / 48 36 
  Natural gas-fired cycles (reformer, CO conversion) 
Steam power plant 1049 0.46 45.0 0.062 35.0 1417 0.053 33.3 0.085 0.623 42 / 54 50 
GTCC (reform. externally heated) 510 0.35 59.0 0.040 44.5 936 0.225 42.8 0.061 1.476 139 / 171 20 
GTCC (reform.: internal partial combus-
tion) 

510 0.35 59.0 0.040 51.8 760 0.062 50.0 0.051 0.514 32 / 40 -1 

Process Family II: combustion in an O2/CO2 atmosphere 
Steam power plant 1049 0.72 45.0 0.052 40.0 1414 0.007 35.6 0.067 0.296 11 / 23 23 
DFCC 1134 0.61 52.5 0.050 45.0 1754 0.007 40.6 0.073 0.374 24 / 37 30 
MHD + steam cycle 1170 0.64 50.2 0.052 41.6 1902 0.007 37.2 0.079 0.408 28 / 43 39 
IGCC hybrid (+ PFBC) 945 0.67 48.0 0.047 40.0 1726 0.007 35.6 0.075 0.390 29 / 43 34 
 IGCC (O2/H2O-blown.)  1112 0.63 51.5 0.050 46.5 1613 0.007 42.1 0.068 0.296 18 / 29 24 
 IGCC (O2/H2O-blown) / STIG 1112 0.84 38.4 0.057 32.6 1901 0.007 28.2 0.088 0.320 22 / 37 52 
 IGCC (CO2/H2O-blown) 1112 0.63 51.5 0.050 46.7 1609 0.007 42.3 0.068 0.290 18 / 29 23 
 
IGCC, H2/CO membrane 1112 0.63 51.5 0.050 47.4 1668 0.048 43.4 0.069 0.269 21 / 32 26 
 Natural gas-fired cycles  
 Steam power plant 1049 0.46 45.0 0.062 39.0 1375 0.007 37.1 0.078 0.390 26 / 36 38 
 GTCC 510 0.35 59.0 0.040 51.0 914 0.007 49.1 0.056 0.490 40 / 47 6 
Gas turbine cycle with evaporation 505 0.35 59.0 0.040 47.2 1002 0.007 45.3 0.061 0.677 53 / 62 14 
Rankine cycle with internal combustion 510 0.35 59.0 0.040 38.5 2022 0.007 36.6 0.096 1.102 150/165 64 
Process Family III: CO2 separation from the flue gas 
Steam power plant, distillation 1049 0.78 45.0 0.052 37.8 1920 0.190 33.8 0.082 0.389 36 / 52 59 
Steam power plant, chem. absorption 1049 0.78 45.0 0.052 37.4 1721 0.102 33.4 0.078 0.364 25 / 39 43 
Steam power plant, membrane 1049 0.78 45.0 0.052 32.0 1870 0.514 28.0 0.087 0.816 74 /134 180 
MHD + steam cycle, chem. abs. 1170 0.78 50.2 0.052 44.9 1706 0.077 40.9 0.071 0.257 17 / 27 31 
IGCC hybrid (+ PFBC), chem. abs. 945 0.67 48.2 0.047 40.9 1514 0.092 36.9 0.069 0.392 25 / 38 28 
 Natural gas-fired cycles  
Steam power plant, chem. abs. 1049 0.46 45.0 0.062 38.0 1471 0.042 36.3 0.082 0.458 37 / 47 45 
 GTCC + chem. abs. 510 0.35 59.0 0.040 53.5 594 0.045 51.8 0.046 0.396 13 / 19 -9 
 HAT + chem. abs. 488 0.35 59.0 0.039 55.0 724 0.088 53.3 0.048 0.361 27 / 35 -5 
Process Family V: CO2 capture with fuel cells 
IG-PAFC+CO shift, (future costs) 1503 0.78 50.5 0.061 44.6 2098 0.279 40.6 0.082 0.351 52 / 93 70 
IGCC MCFC (exhaust gas scrubbing) 3318 0.58 55.5 0.108 53.6 3700 0.081 49.6 0.120 0.209 6  / 26 108 
IGCC SOFC (exhaust gas scrubbing) 3188 0.57 56.5 0.104 51.8 3772 0.0081 47.8 0.123 0.274 16 / 34 101 
 Natural gas-fired cycles  
MCFC (exhaust gas scrubbing) 1361 0.35 58.5 0.054 57.3 1953 0.034 55.5 0.071 0.160 26 / 31 29 
SOFC (exhaust gas scrubbing) 1134 0.33 62.7 0.047 61.5 1628 0.034 59.7 0.061 0.161 20 / 24 14 
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3 ENERGY AND EXERGY ANALYSIS 
 
The overwhelming majority of published studies and investigations, which deal with the various 
possible methods of CO2 capture in power plants, do not include any detailed analysis of the energetics. 
In particular, investigations into how individual process steps in CO2 capture influence efficiency 
penalties and the energy required for CO2 capture, and analysis of the minimum energy required for CO2 
capture, could open up new horizons in the systematic evaluation of the thermodynamic qualities of 
different processes, and the possible ways of minimizing the energy expended on CO2 capture. 
Table 3.1: How individual process steps contribute to efficiency penalties in the various CO2 capture processes 

(see the "Introduction" Section for definitions of the process families) 
Process family: I II III IV V

coal fired natural gas fired
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Chemical conversion
CO-Shift X X X X X X X X Basis (X) (X)

Reforming X X X X Basis (X) (X)
C-separation X

Pressure losses
CO-Shift/Reformer x x x x x x x x x (x) (x)

Absorber x x x x x x x
Adsorber x x (x) (x) (x)

Membrane X X X X X (X)
Flue gas recirculation x (x) (x)

Gas separation Energiebedarf:            E= electric work         Q=heat        P=pressure loss      F=fuel loss
CO2-separation E Q P/E/Q E Q P/Q Q P E P/E P/E P/E

H2-separation (P/E/Q) P / F (P/Q) P P (P/E) (P/E) (P/E)
O2-separation E E

Influence on cycle characteristics
Gasifiyng agent (CO2) (CO2)

Turbine working fluid CO2
Bottoming stem acycle: 
influence of steam/water 

extraction (heat 
consumption) x Xx x x x Xx x x X

Changes in fuel conversion
MHD  

- (x +) (x +) (x +)

CO2-liquefaction X X X X X X X X X X X X X X X X X X  
 

Efficiency penalties due to CO2 capture in power plants are caused by the energy requirements of indi-
vidual process steps (e.g. heat and/or compressor work for solvent regeneration in gas scrubbing, pres-
sure losses), and by exergy losses (e.g. through temperature differences in heat transfer, or in fuel con-
version processes involving a CO shift reaction or steam reforming). In some cases, CO2 capture results 
in process data being changed slightly; for example, the composition of the raw gas in a gasification 
process using CO2 as a gasification substance, combustion in a CO2-rich atmosphere in a high-
temperature combustion chamber, or gas turbine characteristics in cases where the fuel or working fluids 
are changed. The potential contributions to efficiency penalties caused by CO2 capture, which are exam-
ined in the following investigations into complete plant cycles, are marked in Table 3.1. Expenditure 
required for CO2 compression and liquefaction must be added in addition. 
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Due to the high carbon content of coal, CO2 capture in coal-fired power plants results in a greater CO2 
emissions reduction than in natural gas-fired power plants. At current levels of technology, the coal-fired 
plant, which achieves the highest levels of efficiency, is the IGCC power plant, which also allows for the 
possibility of separating the CO2 from the fuel gas. For this reason, the following calculations primarily 
focus on CO2 capture in an IGCC. 
 
 
3.1 Calculation Methods in the Energy and Exergy Analysis of Power Plant Sys-

tems 
 
To calculate power plant cycles, and the individual components of these cycles, including gas separa-
tion, a computer program was developed for use in a spreadsheet program, allowing a variety of tasks to 
be solved in a flexible manner. 
The calculations are based on: 

− Steam tables according to IFC67 [158]33: functions for liquid water, superheated steam, wet steam, 
saturation line; 

− Physical characteristics of ideal gases according to Hougen et al. [160]34: heat capacity, enthalpy, 
entropy, wet bulb temperature, speed of sound, adiabatic exponent;  

− Exergy according to the environment model developed by Baehr and Schmidt [161]; 
− Physical characteristics of coal. 

 
The most important calculation routines, designed to calculate work/power output, temperatures and 
compositions, and exergy and exergy losses, comprise the following: 

− Steam turbines (isentropic expansion), pumps, steam/water mixture; 
− Compression, expansion of gases (polytropic/isentropic expansion); 
− Gas humidifier ("saturator"; it is assumed that the water exit temperature is equivalent to the wet 

bulb temperature35 of the incoming gas); 
− Gas separation: reversible separation work, membrane model according to Shindo[162]; 
− stoichiometric combustion; 
− Chemical equilibrium reactions: CO shift reaction, reforming (partial reaction towards the equilib-

rium is simulated through deviations of the reaction temperature); 
− Coal gasification: 
    − compositions of the delivered coal mix subsequent to ash recirculation, 
    − coal gasification, 
    − integrated gas production with ASU, raw gas cooler, gas cleaning, gas humidification, reheating 

    (optionally with CO shift and CO      2 scrubbing or membrane); 
− Integrated gas turbine module (optionally with capacity to define the optimum pressure ratio for 

maximum efficiency or maximum specific work, optional blade cooling). 
 

                                                 
33 With the functions for the steam tables according to IFC67, uncertainties of up to 1% arise, primarily at the boundaries of 

numerical regions (phase changes, numerical boundary changes); these uncertainties can even be as high as 6.5% in ex-
treme cases close to the critical point [158]. During the preparation of this paper, a more precise formulation with a higher 
rate of accuracy was published [159]. 

34 Numerical formulations of physical characteristics always deviate from the given values at boundaries. The accuracy of 
the formulations of physical characteristics employed here for ideal gases for the current heat capacity lie, on average, be-
tween 0.24% and 0.57%, depending on the gas component (Appendix, Table 6.6).  

35 aka: wind chill temperature 
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For processes involving the condensation of CO2 or changes of state close to the critical point of CO2 
(Table 2.6), real gas behavior must be taken into account. For these kinds of changes of state with pure 
CO2, functions were created to calculate the CO2 steam tables according to IUPAC [163]. The ASPEN-
plus simulation program was used for process simulations with mixtures. 

3.1.1 Calculations for Gas Turbines 

For a simple gas turbine cycle, the compressor, combustion chamber and turbine components are calcu-
lated. Pressure loss in the combustion chamber is also taken into account in this calculation, as well as 
the option of a simple model for blade cooling air (Figure 3.1). The given values and calculated values 
are summarized in Table 3.2. 

Table 3.2:  Initial parameters and calculated values for the simple gas turbine cycle 
 Parameters  Calculated Values 
•  Turbine inlet temperature ac-

cording to ISO 2314 
•  Compressor pressure ratio 
•  Polytropic compressor and 

turbine efficiency 
•  Pressure loss in the combustion 

chamber 
•  Air: composition, temperature 

and pressure 
•  Fuel: mass flow, composition, 

temperature and pressure 

•  Efficiency of the gas turbine (in relation to LHV, HHV, exergy) 
•  Combustion chamber temperature prior to blade cooling (combus-

tion temperature) 
•  Turbine exit temperature (Toff in Figure 3.1) 
•  Temperature after compressor 
•  Mass flow of intake air 
•  Flue gas: mass flow and composition 
•  Compressor and turbine output 
•  Exergy losses: compressor, combustion chamber, turbine blade 

cooling, total 
•  Exergy of exhaust gas, compressor intake air, fuel 
•  Specific total work, related to mass flow of intake air 

 
 
 

 

 
Figure 3.1:  Process flow simulating a simple gas turbine cycle. 

3.1.2 Calculations for the Heat Recovery Steam Cycle 

The process arrangement of a heat recovery steam cycle is very elaborate. In order to adapt to the 
sources of heat and heat sinks used in each case (waste gas enthalpy flow, heat from raw gas cooling, 
steam extraction), it requires the variation of a number of parameters (adjustment of flue gas cooling 
curve, Figure 3.2). Since this study required the calculation of so many different processes, the output of 
the heat recovery steam cycle was determined using a simplified method, rather than by calculating a 
detailed heat recovery steam cycle each time. 
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Figure 3.2:  Flue gas cooling curve of the heat recovery steam cycle according to Figure 3.4 
 
If exergetic efficiency HRSGζ  of the downstream heat recovery steam cycle is defined as the ratio of 
power used STP  to useful difference in exergy 

.
E∆  (e.g. between the exergy of the flue gas at the turbine 

exit and at the stack after the heat recovery steam generator) 

   .
E

PST
HRSG

∆
=ζ   (3.1) 

and exergetic efficiency HRSGζ  is taken as being constant, the output of the steam turbine is proportional 
to the useful difference in exergy. The exergetic efficiency is used to calculate the proportion of the ex-
ergy supplied or released, which is converted into electric work, or which results in a reduction in work, 
respectively. 

For the tests carried out here, it proved to be practical to introduce two further exergetic efficiencies in 
addition to the equivalence factor for the utilization of the hot gas turbine exhaust gas; namely, efficien-
cies for the import of saturated steam and the export of hot feed water.  

The exergies supplied and released are split into: 

− HRSGe∆  useful flue gas exergy (exergy of enthalpy36), 
− HTe∆  exergy of the enthalpy36 from the balance of imported and exported steam or high-

temperature heat (e.g. from raw gas cooling) and 
− LTe∆  exergy of the enthalpy36 from the balance of imported and exported feed water, or low-

temperature heat. 
The output of the heat recovery steam cycle comprises: 

   LTLTLTHTHTHTHRSGHRSGHRSGST mememeP && ∆+∆+∆= ζζζ
.

 (3.2) 

where:  
ζ : exergetic efficiency for the conversion of the exergy supplied or released in the steam cycle 
into electrical energy 
HRSG : gas turbine exhaust gas, 
HT: steam import/export, 

                                                 
36 'Exergy of enthalpy' (= only the thermal portion of the exergy, excluding fuel exergy or mixing exergy): sThe uh ∆−∆=  

according to Baehr [161], aka contact exergy [174]. 
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LT: hot feed water import/export. 
 

The useful flue gas exergy was taken to be the difference in exergy between the exhaust gas temperature 
at the inlet of the waste heat steam boiler and 100ºC as the minimal exit temperature after the waste heat 
steam boiler: 

   ( )),(),( Stack aFGaFGRGHRSG pTepTee −=∆  (3.3) 

With use of the hot gas turbine exhaust gas, this gives an electric output of: 

   HRSGHRSGHRSGST meP
.

∆⋅= ζ  (3.4) 

A more detailed waste heat steam cycle according to Figures 3.4 and 3.2 was calculated to obtain a more 
precise determination of the exergetic efficiencies in utilizing the exergy flows supplied and released in 
the waste heat steam cycle. For utilization of the flue gas exergy in a three-pressure heat recovery steam 
cycle (evaporation at three different pressures), according to Figure 3.4, an exergetic efficiency HRSGζ  of 
87.0% was calculated. 
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Figure 3.3: Exergetic efficiency HRSGζ  for evaluating exergy utilization with heat consumption and heat supply 

in the heat recovery steam cycle 
 

The output of a heat recovery steam cycle in an IGCC power plant is also influenced by the steam or hot 
feed water imported from, or exported to, the gasifier island. For a temperature range of 150ºC to 350ºC, 
changes in steam turbine output were calculated for saturated steam consumption, saturated steam sup-
ply and hot water consumption and supply, as well as for cases involving steam import/export, in which 
the corresponding mass flow of hot feed water is recirculated. The exergetic efficiencies for the conver-
sion of the exergy supplied and released in the heat recovery steam cycle were determined from these 
calculations (Figure 3.3). 
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Flue gas temp. [°C] 1.051 804 cp 1.1140 155.5 3442 23.3 2946 22.8 2957   
582.0  679.04 582.0  83.54 550.0  83.54 272.069 114.68 275.5

170.0 3427   Power [M W]
56.80 550.0  46504.5 Q 23819.4 Q T-HP 1.29
175.0 2608 ηi s ηis ηis T-IP 41.45
56.80 359.3 89.1% 93.5% 88.2% T-LP 101.33

P-HP -1.272
175.0 2608 P-M P -0.5189

494.0 0 359.3 P-LP -0.0063
HP-ST Q 157.5 3157 P-COND -0.3223

175.0 2608 54329.3 83.54 453.4 SUM 141.96
56.80 359.3 157.5 3404 h x  

56.80 536.8 0.030 2073.34 0.8068  
114.68 24.1

182.5 1652   
424.9 0 .00 349.3 182.5 1652   Qin eta

HP-BF 56.80 349.263 545670.9 26.01%
157.5 2633.1

14205.8 Q -52 Q 26.74 349.2
182.5 1652
56.80 349.3  

158.5 2635 Q cond.
406.7 0.000 350.1 158.5 2635 22.8 2985 226241

26.74 350.1 31.1 287.0
IP-ST

158.5 2635 26458.7 Q
26.74 350.1 22.8 2985 0.030 100.585

31.19 287.0 114.683 24.0
Flue gas [Gew.%]

186.2 1401 O2 11.34%
372.5 56.80 312.0 H2O 6.21%

163.5 1646 CO2 11.45%
163.544 1646 26.74 347.1 N2 69.81%

0 347.1 24988.8 Q 18379.3 Q 5739 Q Ar 1.19%
SO2 0.00%
H2 0.00%
CO 0.00%
CH4 0.00%

308.2 167.5 959 H2S 0.00%
26.745 222.3 58084.7 Q 22.8 2802 22.8 2985 COS 0.00%
LP-ST 31.19 219.6 0 .05 287 Sum 1.0000

22.8 2802
0.000 219.6 167.5 958.5 0.03 100.585

24.3 939 26.745 222.3 24.2631 939.3 114.68 23.9996
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0 .03 219.0   
231.0 22.2868 433 p 22.763 0.03 62.94
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M ass flow distribution Live steam pressures: T-S  [°C] T SH/RH
HP-Pu 0.0107 0.49503 P HP 170.0 bar 352.3 550.0 170
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T exit 180
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Figure 3.4:  Process diagram of the heat recovery steam cycle 

Application to Gas/Steam Turbine Combined Cycle Power Plants 

By working on the simplified basis of an ideal gas with constant isentropic exponent and a simple gas 
turbine without pressure losses in the combustion chamber, and calculating the heat recovery steam cy-
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cle with the help of exergetic efficiency HRSGζ  for utilization of the enthalpy of the gas turbine exhaust 
gas, the power output of the steam turbine STP  can be calculated as follows: 

   ( ) 
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The efficiency of the gas/steam turbine combined cycle may be expressed as: 
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 (3.7), 

 CCp∆  = pressure loss in the combustion chamber,   Compp  = pressure after gas turbine compressor, 

  π     = compressor pressure ratio, 

 Compη  = compressor efficiency (isentropic),     ηT  = turbine efficiency (isotropic). 

 
As shown in Figure 3.5, the energetic efficiency and the specific useful work of the combined cycle 
power plant increase with a higher exergetic efficiency HRSGζ  of the heat recovery steam cycle. At the 
same time, the pressure ratio drops at the point of maximum efficiency.  
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Figure 3.5: Efficiency and specific work of a simple gas turbine and gas/steam turbine combined cycle power 

plant at different pressure ratios and exergetic efficiencies HRSGζ  of the heat recovery steam cycle. 
Turbine inlet temperature 1190°C (ISO 2314). 
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3.1.3 Calculations for Coal Gasification 

Coal gasification involves the production of a synthesis gas consisting primarily of carbon monoxide 
and hydrogen. The fundamental reactions of coal gasification are presented in Table 3.3. In the case of 
autothermic gasification, oxygen acts as an oxidant for the exothermic combustion reaction. In allother-
mic gasification, the energy required for gasification can theoretically also be delivered from an external 
source via a heat exchanger. Steam is used as the gasification agent, which reacts with carbon in the wa-
ter-gas shift reaction to form CO and H2. The Boudouard reaction and the hydrogasification reaction 
only play a minor role in coal gasification if steam is used as the gasification agent. The gasification 
products are converted further by means of the water-gas shift reaction and the methane-forming reac-
tion. 

For the simulation of coal gasification, after entering the gasification temperature, the coal and the tem-
perature of the gasification steam and oxygen, the raw gas composition, and the mass flows of the oxi-
dant (O2, air), of the gasification agent (H2O) and of the raw gas produced are calculated from the 
chemical equilibrium and the energy balance, as are the efficiencies of the coal gasification process (see 
below). 

•  Input data:  
− Composition of coal, oxidant, transport gas (nitrogen),  
− Gasification temperature, gasification pressure, 
− Temperature and pressure of coal, oxidant, transport gas (nitrogen), H2O at reactor inlet 
− Mass flow of coal, dissipation of heat through gasifier wall cooling, 
− Particulates clean up (separation of residual carbon and ash in cyclone dust separator and 

filter, recirculation to the gasifier). 
 

•  Values calculated for: 
•  Fuel composition and mass flow at gasifier inlet of a mixture of fresh coal and ash recirculated 

from the cyclone dust separator and filter, 
•  Energy balance of all gaseous, liquid and solid material flows delivered and removed. 
•  Reaction equilibrium and conversion: 

partial combustion C + 1/2 O2 ! CO (conversion n1     in mol), (3.8) 

water-gas (steam-carbon) reaction C + H2O  ! CO + H2 (conversion N2     in mol), (3.9) 

methane-forming reaction C + 2 H2  ! CH4 (conversion n3        in mol),          (3.10) 

CO shift reaction CO + H2O ! CO2 + H2 (conversion nwgs   in mol).         (3.11) 

•  Conversion of sulfur into H2S and COS, formation of HCl (assuming conversion of the entire 
amount of S and Cl), 

•  Exergy losses. 
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Table 3.3: Basic reactions of coal gasification 
Partial combustion   → close to equilibrium 
C+1/2 O2 = CO        -123.1 kJ/mol 
←increase of pressure 
 

Combustion    → close to equilibrium 
C + O2 = CO2      -393.6 kJ/mol 
 = pressure-independent = 
 

Boudouard reaction   →  equilibrium reached at low CO2 concentrations 
C + CO2 = 2 CO   +159.9 kJ/mol 
← increase of pressure  increase of temperature→  
 

Heterogeneous shift reaction   →  close to equilibrium 
C + H2O = CO + H2    +118.5 kJ/mol 
← increase of pressure increase of temperature → 
 

Hydrogasification reaction  → equilibrium not reached (dependent on volatile matter) 
C + H2 = CH4     -87.5 kJ/mol 
←increase of temperature  increase of pressure →  
 

(Homogeneous) CO shift reaction → close to equilibrium 
CO + H2O = H2 + CO2    -40.9 kJ/mol 
←increase of temperature = pressure-independent =  
 

Methane-forming reaction  → equilibrium not reached  
CO + 3 H2 = CH4 + H2O   -205.9 kJ/mol 
← increase of temperature  increase of pressure → 
 

Molar conversion n1, N2, n3 and nwgs is calculated iteratively with the aid of the equilibrium constants 
and the energy balance (Figure 3.6). It determines the composition of the raw gas (Figure 3.7) and the 
mass flows (Figure 3.8). All seven of the fundamental reactions of coal gasification presented in Table 
3.3 may be combined from these four reactions. A partial reaction equilibrium as proposed by Steiner 
[164] is assumed for the methane forming reaction. For the CO shift reaction (water-gas shift reaction), a 
partial equilibrium is simulated through raising the reaction temperature by 300 K.  
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Figure 3.6:  Molar conversion of the individual reactions in dependence on gasification temperature 
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Figure 3.7:  Composition of the raw gas 
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Figure 3.8: Supplied mass flows of gasification medium (H2O) and oxidant (O2), as well as enthalpy and gross 

heating value of the raw gas produced 
 
Three different efficiencies are used to evaluate coal gasification in this case:  

•  Cold gas " efficiency" CGη  (proper thermodynamic term: ratio of fuel energy flow (HHV)):  

  
Coal

gasRaw
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HHVm

HHVm

Coal

gasRaw

.

.

=η . (3.12) 

This value is not suitable for energetic or exergetic evaluation of the overall process, since it does not 
take into consideration the auxiliary energy required for gasification (steam, oxygen, �). 

•  Exergetic efficiency of the gasification process (hot raw gas at gasifier exit):  
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•  Exergetic efficiency of gas generation (gasifier island) including raw gas cooling (cooled raw gas, 
excluding gas cleaning and reheating) and the balance of the steam generated: 
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The exergetic efficiencies take into consideration all exergy flows supplied and released. The exergy of 
the materials is made up of the chemical and the thermal exergy components. 

3.1.4 Calculations for an IGCC Power Plant 

The calculation for an IGCC power plant is divided into three areas: 

•  gas generation, 

•  gas turbine (Section 3.1.1) and 

•  heat recovery steam cycle (Section 3.1.2). 

The process arrangement, on which the calculations are based, is shown in Figure 3.9. 

As well as the energy and exergy analysis of coal gasification, the calculation of gas generation also 
includes the balances of raw gas cooling, Venturi scrubbing, desulfurization, gas humidification, and 
reheating, as well as oxygen supply and the mixing of nitrogen from the ASU into the cleaned fuel gas. 

An exergetic efficiency of 7% is assumed in calculating the electrical internal consumption of the desul-
furization plant. 

The calculation of oxygen production by means of air separation is simplified by the assumption that 
energy expenditure 

2Ow  is required to produce 1 kg of O2 at 1 bar with an O2 volume fraction of 
2Oy , as 

expressed in the following equation (see Figure 2.7; p 18): 

 0,0357-e 0,21)-(y 0,3868  w )y-(1 / 0,00021
OO

O2

22
=      (in kWh/kg O2 at 1 bar) (3.15) 

For example, to produce O2 with a purity of 95% volume fraction, solving the equation results in an 
energy requirement of 0.25 kWh per kg O2 at 1 bar. It is also necessary to take into account the energy 
required to further compress the oxygen to the gasification pressure, and to compress the nitrogen 
(mixed into the clean gas) to the pressure required prior to the combustion chamber. If air is used for the 
gasification process, both oxygen production and the admixing of nitrogen may be omitted from the 
calculations. Nitrogen admixing is omitted in the case of IGCC cycles with combustion in an 
atmosphere of O2/CO2. 

After deducting the heat/enthalpy flows released and consumed in the gas generation process at varying 

temperatures, the heat values LTQ
.

, HTQ
.

 transferred to the heat recovery steam cycle (Figure 3.9) are 
determined from the energy balance and exergy analysis, as are their exergies, the exergy losses in the 
individual process steps and the exergetic efficiency of the gas generation process. 
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Figure 3.9:  Model for calculating an IGCC power plant 
 
To calculate gas generation with CO2 capture, special program modules were designed, which determine 
energy conversion, exergy conversion and substance conversion in the gas generation process with raw 
gas CO shift and CO2 capture (see process diagram in Figure 2.10). The heat required to humidify the 
raw gas prior to CO conversion, and the useful component of the lost heat from CO conversion, both 

play a part in determining heat value HTQ
.

 given off in the heat recovery steam cycle, extracted heat 

value LTQ
.

, and their exergies. The CO2 capture is simulated either through the exergetic efficiency of 
the gas separation process with input of the separation factor, or through a membrane calculation37 with 
input of the relative permeabilities of all the gas components, the pressure ratios and the quantity of 
permeating gas. 

3.1.5 Baseline Case for Performing Calculations for an IGCC Power Plant 

Calculations of IGCC power plants are based on more recent studies prepared for an IGCC power plant, 
ready for construction in 1998, which uses an entrained flow gasification process (PRENFLO) and a gas 
turbine with a turbine inlet temperature of 1250ºC (ISO 2314); these studies were carried out as part of a 

                                                 
37 Membrane model according to Shindo [162] 
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project sponsored by the European Commission [20]. The gasifying installation is operated with oxygen 
(95% volume fraction O2) as an oxidant. It achieves a carbon conversion rate of 99.6% and a cold gas 
"efficiency" (Equation 3.12) of 87.2% at a gasifier exit temperature of 1300ºC. Raw gas cooling basi-
cally consists of a steam generator and a raw gas/clean gas heat exchanger for reheating the cleaned fuel 
gas to around 360ºC. The air separation unit is fully integrated, i.e. the air required is included in the 
compression process of the gas turbine compressor, and a portion of the nitrogen is re-mixed into the 
generated fuel gas prior to the gas turbine combustion chamber. The nitrogen and the cleaned fuel gas 
are humidified with the required water component in the saturator, prior to mixing, at the lowest possible 
temperature. The saturator columns are heated with hot water. 
 
Under the ambient conditions stated, the IGCC power plant achieves an efficiency of 51.5% (exergetic 
efficiency: 47.4%) with a gas turbine inlet temperature of 1250ºC. The largest exergy losses result from 
combustion of the generated gas in the gas turbine combustion chamber, gasification and partial com-
bustion of the coal in the gasifier, and heat transfer in the raw gas cooler and the heat recovery steam 
cycle (Figure 3.10). 
 
To conform with legal limit values for NOx emissions without using additional nitrogen oxide reduction 
measures, it is necessary to observe a minimum water content in the clean gas, in dependence on the gas 
temperature, in conformance with the guidelines issued by the gas turbine manufacturer. The equation 
used in this case to describe the dependence of the water content on the fuel gas temperature is as 
follows: 
 
 0992476,010719168,0101946,0 426

,2
+⋅⋅+⋅⋅= −−

gasfuelgasfuelgasfuelOH ttx  (3.16) 

 where:   
gasfuel

OH
gasfuelOH

m

mx .

.

,
2

2
=   and gasfuelt  in °C. 
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Figure 3.10: Exergy losses in an IGCC power plant (gasification at 1302°C, TIT 1250°C) 

 

3.2 Boundary Conditions and Process Data 

Table 3.4: Ambient conditions 
 

Ambient temp. 20°C 
Ambient pressure 1.013 bar 
    

Air   
Rel. humidity 80.0% 
 Mass Fractions 
O2  22.88% 
H2O    1.16% 
CO2     0.05% 
N2  74.65% 
Ar    1.27% 
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Table 3.5: Gas turbine data 
Compressor pressure ratio 17.8 
TIT (ISO 2314) 1250°C 
Compressor efficiency (polytropic) 89.7% 
Turbine efficiency (polytropic) 89.7% 
Pressure loss in combustion chamber 2.6% 
Pressure at gas turbine exit 1.06 bar 
 

Table 3.6: Data on heat recovery steam cycle 
 

Steam circuit   
Min. waste gas temp. 75°C 
Difference in temp. between hot waste gas and steam 30 K 
Exergetic efficiency (gas turbine waste heat) 87.0% 
Exergetic efficiency for HT heat (steam from raw gas cooling) 90.0% 
Exergetic efficiency for LT heat (feedwater) 125.0% 
Max. permissible temp. of the steam 580°C 
 

        Vapor States 
 LP steam 163.8°C / 6.3 bar 
 MP steam 245.9°C / 35.2 bar 
 HP steam 365.0°C / 180 bar 
 LP feedwater 154.1°C / 11 bar 
 MP feedwater 245.8°C / 39 bar 
 HP feedwater 358.4°C / 190 bar 
 
Table 3.7: Coal gasification data 

Gasifier exit temperature   in °C 1302 
Gasification pressure    in bar 29.0  
Residual moisture after coal drying  in % 1.2 
Exerget. efficiency of desulfurization in % 7.0 
Degree of desulfurization   in % 99.0 
Pressure drop at gasification island  in bar 1.2 
Temperature prior to Venturi scrubbing in °C 288 
Temp. of clean gas   in °C 375 
Moisture in clean gas Equation (3.16) 
C conversion, single pass   in % 97.0 
Ash to slag    in % 57.01 
C to slag     in % 1.98 
Residual ash in filter cake   in % 24.25 
Residual C in filter cake   in % 11.11 
Gasifier wall cooling:   
Cooling, related to ( CoalmHHV &⋅ )  in % 0.659 

Difference in pressure (gasifier/GT comb. chamber) in bar 11.0 
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Table 3.8: Composition of coal, oxygen for gasification and transport nitrogen 
Coal Pittsburgh No.8   Gasification Oxygen   Transport Nitrogen 
 Mass fractions in %    Volume 

fraction in 
% 

  Volume 
fraction in %

C  76.56  (mf)   O2 95.0  O2 0.64 
H  5.26  (mf)   H2O 0.0  H2O 0.00 
O  5.88  (mf)   CO2 0.0  CO2 0.00 
N  1.44  (mf)   N2 1.7  N2 99.01 
S  3.00  (mf)   Ar 3.4  Ar 0.35 
Cl  0.06  (mf)       N2/coal (kg/kg)  0.0578 
Ash  7.80  (mf)   Temp. in °C 200  Temp. in °C as for coal 
Volatile 
matter  

39.15  (mf)   Pressure in 
bar 

33.8  Pressure in bar 40 

H2O  5.50 (raw) 
  1.2 (dried) 

       

LHV (mf) 31438 kJ/kg        
HHV (mf) 32613 kJ/kg        
 

Table 3.9: Source data for CO2 capture 

CO2 capture ratio 
2COr     in % 88.0  

CO conversion in CO shift reaction  in % 91.2  
CO2 separation factor 

2COs in scrubber in % 96.9  

Exerget. efficiency of CO2 scrubbing in % 30.5  
 
For details of influencing factors in the calculation of electricity generating costs, see Table 4.2,  
p 143. 
 

3.3 CO2 Compression and Liquefaction 

Liquefaction of CO2 may be performed using cryogenic techniques, or through intercooled compression 
and subsequent cooling to ambient temperature. The results of an example calculation for multi-stage 
compression ranging from 1 bar to a maximum of 200 bar, with intercooling to 30ºC, are shown in Fig-
ure 3.11.  

Since CO2 is a highly corrosive medium, the water content must be reduced to less than 60% of the 
saturation state [165]. In the case of intercooled compression, a portion of the moisture is removed 
through condensation; however, it is still necessary to provide a further drying stage after the final 
compressor stage (e.g. using triethylene glycol, glycerol, activated aluminum, silicate gel or molecular 
sieves) [65]. The small quantity of water involved means that the energy expended in the drying process 
is negligible in comparison to the compression work. 

For the purposes of the conversion process and simulations in this study, CO2 final pressure after 
liquefaction is assumed to be 110 bar. The costs and additional energy expenditure, which is required to 
overcome pressure loss in transporting CO2 through a pipeline, increase in dependence on the 
discharged CO2 mass flow and the pipeline length; they are nevertheless independent of the power plant 
cycle and do not therefore fall within the mandate of this study.
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Figure 3.11: Compressor work in intercooled compression of CO2. The compression stages and the corresponding 

pressure ratios are shown in the lower diagram. Intercooling: 30ºC, polytropic compressor 
efficiency: 72%. Calculated using ASPENplus and real gas factors according to Redlich-Kwong-
Soave. 
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Using Pittsburgh No.8 coal, and with a CO2 capture ratio of 90%, the efficiency penalty resulting from 
CO2 liquefaction in this case equals 3.1 percentage points. With a CO2 capture ratio of 100%, it rises to 
3.9 percentage points. CO2 liquefaction in natural gas-fired cycles with a CO2 capture ratio of 90% re-
duces efficiency by 2.0 percentage points.

3.4 Gas Separation 

The energy required for CO2 separation in physical and chemical absorption processes is calculated us-
ing information on solubility for different solvents, and the exergetic efficiency of the scrubbing process 
is determined through a comparison between the theoretical work required for gas separation (reversible 
separation work) and data from the literature concerning energy requirements for gas scrubbing proce-
dures, on the basis of typical gas compositions. For adsorption methods and membrane separation tech-
niques, the results of calculations are shown, which also calculate the composition of the exhaust gases. 
For the calculations in Section 3.4, the example gas compositions presented in Table 3.10 are used. 

Table 3.10: Composition of the gases compared (volume fractions in %) 
 Air Coal gas (O2 blown entrained flow 

gasification) 
Flue gases 

Fuel -- Coal Coal Coal Coal Natural gas 
Type of plant 
(syngas) 

-- IGCC 
(95% CO conver-

sion) 

IGCC 
(raw gas) 

Steam power 
plant 

IGCC Combined cycle 

O2  20.47   6.13 11.90 13.74 
H2O   2.30 0.10 2.12 1.10 7.00 7.20 
CO2   0.03 40.50 1.49 11.10 8.08 3.20 
N2   76.29 3.70 6.05 72.00 72.07 74.90 
Ar 0.91  0.96 9.67 0.95 0.98 
H2    54.00 28.78    
CO   1.80 59.66    
CH4  0.01 0.01    
H2S    0.92    
 
 
3.4.1 Estimated Energy Requirements of Gas Separation Processes 
 
Physical absorption of CO2 with methanol at low temperatures (similar to Rectisol proc-
ess) 
 
Working on assumptions designed to simplify the calculation (disregarding product purities, cooling 
work and heating work), an estimated first approximation of the energy required for solvent regeneration 
in the form of pump work for recirculation of the solution Ppump  is given by: 

   
pump

Solventpump
pVP

η
∆=

.
, (3.17) 

where ∆p  is the pressure drop between absorption and desorption and pumpη  is the efficiency of the 

pump. Solvent circulation 
.

SolventV  can be estimated if solvent charge Solventb  (in 
barm

m

Solvent

Solut
3

3
), in dependence 

on pressure, is known: 
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   pbV SolventSolvent ∆=
.

 . (3.18) 

Part of the solvent pump conveying work can be recovered by a pressure drop in a hydraulic turbine.  
 

 
Figure 3.12:  Flow diagram for calculating physi-

cal absorption from synthesis gases 
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Figure 3.13:  Proportion of total energy consumption 
represented by pumping and refrigerat-
ing work for a physical CO2 scrubbing 
process with methanol in dependence on 
the absorber temperature (for informa-
tion on assumptions and partial results, 
see Appendix, Table 6.10). 

 
CO2 solubility increases as the temperature drops, meaning that solvent recirculation and energy 
consumption decrease. The refrigerating energy38 to be applied is kept to a minimum through cold 
recovery. 
 
Using these formulae, calculations are performed for the required solvent recirculation and the pump 
work for CO2 separation from a coal gas following CO conversion according to the flow diagram shown 
in Figure 3.12. The solubility coefficients of CO2 in methanol were taken from Landolt-Börnstein [166]. 
As absorption temperature sinks, so too does the pump work required to circulate the solvent, as a 
consequence of the increasing solubility of CO2 in methanol; at the same time, however, more 
refrigerating energy is required (Figure 3.13). The most advantageous absorber temperature to achieve 
the lowest energy consumption is around -60ºC in this example. In real processes, the operating 
temperature of the absorber lies between-70ºC and -30ºC.  
 

                                                 
38 Efficiency of refrigerating unit ηRU =35 %, performance coefficient εRU= ηRU/ηCarnot    (see Appendix, Table 6.10, for calcu-

lation of values). 
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CO2 Absorption Using Seawater as a Solvent 
If seawater39 is used to scrub CO2 out of flue gases or synthesis 
gases, then solvent regeneration is no longer required. The low 
solubility of CO2 in seawater makes it necessary to use high 
pressures or large quantities of solvent. Working on the 
assumption that the pump and compressor work can be 
partially recovered using turbines, in accordance with the flow 
diagram shown in Figure 3.14, energy consumption primarily 
occurs as a result of the irreversibilities in the pumps, 
compressors and turbines, and of the lost expansion work of 
the compressed CO2 component in the raw gas, in the case of 
a pressurized raw gas.  

Calculation of the pump work and the recoverable hydraulic 
work shows the optimum absorption pressure to achieve 
minimal energy consumption as lying between 15 and 20 bar 
(Figure 3.15). Pressure losses in the supply and disposal pipes 
are not taken into account in this calculation. The energy 
consumption for all the gas compositions considered is greater 
than that of the standard absorption processes. Furthermore, 
the large quantity of water involved (approx. 100 kg water per 
kilogram CO2 in the case of a synthesis gas after CO 
conversion, or between 350 and 930 kg water per kg CO2 in 

the case of flue gases) means that expensive pipe layouts and absorption columns with large diameters 
are required. 
 

                                                 
39 Calculations are based on the solubility of CO2 in water according to IUPAC [167].  

 
Figure 3.14: Flow diagram of physical 

absorption with seawater 
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Figure 3.15: Energy required to separate 90% of the CO2 from various gases, using seawater at 20ºC as a solvent 

(for process data and partial results, see Appendix, Table 6.11). 

Chemical CO2 Scrubbing 
Approximately 80% of the energy required in chemical scrubbing occurs in the regeneration of the sol-
vent [168], which is synonymous with desorption of the components to be separated. The following 
formula applies for a simplified estimate [168]: 

     enthalpy of reaction 
 + thermal enthalpy component of the solution (heating) 
Energy for regeneration = + enthalpy of vaporization of the vaporized water 
 + enthalpy of vaporization of the vaporized absorbent 
 + pump and compressor work           (3.19) 
 
In this case, the enthalpy of reaction represents the lower boundary of the energy expenditure for chemi-
cal scrubbing, since it is always required to break the chemical bond of the dissolved gas with the absor-
bent (MEA, DIPA, DEA, K2CO3, ...). A skilful process arrangement can ensure that the heat supplied to 
heat up the charged solution can be kept to a minimum (e.g. through heat recovery via the solvent heat 
exchanger (Figure 2.3)). The absolute enthalpy of vaporization, and the proportions of the absorbent and 
the water required as a solvent for the absorbent, which evaporate during regeneration, are dependent on 
the steam pressure and on the temperature in the desorber, respectively. From this, it is possible to ap-
proximate the amount of water/absorbent, which is evaporated proportionally with the desorbed gas40. 
 
An estimation of the overall energy expenditure comprising these various components is shown in Fig-
ure 3.16. In these assessments, the reaction enthalpy represents a proportion of between 19% and 37% of 
the total energy consumption (see also Appendix, Table 6.12). 

                                                 
40 Assisting desorption by lowering the pressure (flash), and lowering the partial pressure through stripping with an inert gas 

(e.g. water vapor), are not considered here. 

{
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Figure 3.16: Energy consumption for chemical CO2 scrubbing, calculated in terms of the reduction in electricity 

production (for information on assumptions and partial results, see Appendix, Table 6.12). 

CO2 Separation in a PSA Plant Using Zeolite 5A41 

The energy required for gas separation in a PSA plant comprises: 

•  Increasing the pressure of the raw gas to the absorption pressure, utilizing the pressure potential of 
the clean gas (not required for synthesis gases), 

•  Evacuation to desorption pressure, e.g. using a water-ring pump, 
•  Pressure build-up in the column to adsorption pressure after desorption. 
 
Impurities in the product are caused by: 
 
•  simultaneous adsorption of several components and 
•  the dead volume of the columns. 
 
The charge is calculated using adsorption isothermals according to Figure 3.17, and the multi-
component equilibrium according to Myers and Prausnitz [170]. For the sake of simplicity, these calcu-
lations are performed with isothermal adsorption and desorption at 20ºC. (For assumptions, see Table 
3.11). 
 
Firstly, steam is adsorbed on the zeolite, then CO2 and, only much later, CO, N2, O2, and, finally, H2 
(Figure 3.17). Prior condensing of the water component can improve the CO2 separation process. 

                                                 
41 Results for CO2 separation with a PSA plant stem from a dissertation (Adorni [169]) written under my supervision during 

the writing of this work. 
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Figure 3.17: Adsorption isotherms of the pure components for zeolite 5A molecular sieve at 20°C 42 
 

Table 3.11: Assumptions on which the example PSA calculation is based 
 Desorption pressure   in bar 0.3 
 Flue gas pressure    in bar  1 
 Syngas pressure    in bar 24 
 Adsorption and desorption temperature  in °C, (isothermal)  20 
 CO2 separation factor

2COs (total, three PSA plants in sequence) in % 80 

 

Calculation of a PSA process comprises: 

•  Selecting the adsorption pressure, 

•  Calculating the amount of adsorbent, among other factors from the raw gas volume flow and compo-
sition, adsorption pressure, residence time, the form of the adsorbent, 

•  Calculating the empty volumes of the columns, the number of columns and the pressure loss, 

•  Adsorption: calculating the adsorbed quantities of the individual components, 

•  Desorption: calculating the quantities which remain in the adsorbent, 

•  Calculating the energy expended on increasing pressure, evacuation and pressure build-up. 
In comparison to CO2 separation from the flue gases of a natural gas-fired combined cycle power plant, 
an IGCC power plant or a coal-fired steam power plant, CO2 separation from the synthesis gas of an 
IGCC plant after CO conversion consumes the lowest amount of energy and requires the smallest 
quantity of adsorbent (Figure 3.18, Table 3.12). More than 80% of the higher energy expenditure 
required for CO2 separation from flue gases is caused by the pressure build-up. Moreover, the amount of 
adsorbent required for CO2 separation from flue gases is unacceptably large.  
 
To achieve greater levels of purity, it is necessary to connect up several PSA plants in sequence. The 
diagram in Figure 3.20 was generated from a series of calculated values, which enable the product 
purities and the specific separation work for PSA plants connected in sequence with zeolite 5A (Figure 
3.19) and with a CO2 separation factor (

2COs ) of 93% per column to be evaluated in dependence on the 
CO2 content of the raw gas. 
                                                 
42 Data for CO and H2 based on Kapoor et al. [171], data for CO2 and N2 based on Burkert [172], data for H2O based on 

Gerhartz [79], data for O2 interpolated from figures for N2 and H2. 
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Figure 3.18: Comparison of amount of absorbent for 80% CO2 separation factor 

2COs  with zeolite 5A 

 

Table 3.12: Impact on power plant efficiency (CO2 separation factor 80%, zeolite 5A) 
 Efficiency penalty resulting 

from CO2 capture ∆η 
CO2 mass frac-
tion in the gas 

Specific separation 
work 

 in % in % in kWh/kg CO2 
Flue gases 
Gas-fired combined cycle   7.8    4.94 1.28 
Integrated coal gasification plant 21.4 11.70 0.72 
Coal-fired plant 13.9 17.14 0.42 
Synthesis gas 
Coal gas from IGCC after CO shift   6.0 82.02 0.21 
 
 
 

 
 

Figure 3.19: Three PSA processes connected in sequence to increase purity of product gas (CO2). 
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Figure 3.20: Specific separation work and CO2 product purity with PSA plants connected in sequence using 

zeolite 5A (Figure 3.19). The separation factor per PSA plant is laid down as 93%. 

Example for Figure 3.20:  raw gas with CO2 mass fraction x0 of 10%. After the first stage, purity is x1≈43%, after 
the second stage x2≈86% and after the third stage x3≈99,3%. Thus, the specific work of the complete, three-stage 
plant is: PPSA=(P1/0.93+P2)/0.93+P3≈0,7 kWh/kg CO2. 

 

Membranes 
The following example calculations for single-stage membrane modules use the process described by 
Shindo et al. [162] and Stern et al. [173]. The CO2 capture ratio in all cases is 90%. In situations where 
permeabilities were unknown, selectivity αij was calculated from the ratio of the mole masses. To calcu-
late the gas separation process with membranes, with known permeabilities, it is necessary to take into 
consideration the gas transfer equations and the mass balances corresponding to the variable composi-
tion over the membrane surface in the various flow models (countercurrent flow, co-current flow, cross-
current flow). 

H2/CO2 Separation with Synthesis Gases 

This first example of H2 separation from a coal gas after CO conversion is based on the assumption that 
the enthalpy of combustion from subsequent combustion of the retentate is used in a steam cycle, while 
the hydrogen-rich permeate is used in a gas/steam turbine combined cycle with a higher efficiency. The 
largest component of the energy expenditure for H2 separation consists of the compressor work/the 
pressure loss of the permeate and the reduced output resulting from fuel loss in the retentate (Figure 
3.21). Simulations show that, as selectivity increases, the pressure ratio between the feed and permeate 
side of the membrane, which is most favorable in terms of energy expenditure, becomes lower (Figure 
3.22). A higher H2 separation factor should be aimed for (Figure 3.23). 
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Figure 3.21: Composition of the energy expenditure on H2/CO2 separation with a CO2-rich coal gas after CO 

shift (excluding losses from CO shift) 

H2/CO Separation With Synthesis Gases 

In a second example, a membrane is used to separate the hydrogen from a coal gas primarily consisting 
of H2 and CO. The hydrogen is then utilized in a gas turbine cycle. The retentate is burnt in a second, 
semi-closed gas turbine cycle with the same efficiency, supplied with oxygen. In this case, the energy 
used in capturing the CO2 is primarily determined by the compressor work involved. Consequently, the 
lowest energy expenditure is achieved by selecting the smallest possible pressure ratio in the membrane 
(Figure 3.24, Figure 3.25). 
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Figure 3.22: Total energy expended on H2/CO2 separa-
tion with a CO2-rich coal gas after CO shift, 
(incl. subsequent combustion of the reten-
tate with heat recovery, without losses from 
CO shift). 

Figure 3.23: H2 separation factor achieved 
(pertaining to Figure 3.22). 
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Figure 3.24: Total energy expended on H2/CO 

separation of a coal gas (incl. O2 pro-
duction for gas turbine cycle with 
combustion in an atmosphere of 
O2/CO2, assuming that both gas tur-
bine cycles display the same effi-
ciency). 

Figure 3.25: H2 separation factor achieved (pertain-
ing to Figure 3.24). 
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Figure 3.26:  Energy consumption and CO2 purity in the permeate for CO2 separation from flue gases (coal-
fired steam power plant, IGCC, gas/steam turbine power plant) with a CO2 capture ratio of 90% 
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CO2 Separation from Flue Gases 
In CO2 separation from flue gases (Figure 3.26), a portion of the compression work required in this 
process can be recovered through retentate expansion. As CO2 concentration increases 
(GTCC→IGCC→coal-fired steam power plant), the amount of energy required for CO2 separation de-
creases. An optimum pressure ratio in terms of energy expenditure can also be obtained in this process; 
in contrast to the situation of hydrogen separation from synthesis gas, this optimum pressure ratio be-
comes larger as selectivity increases. Although higher selectivity significantly improves the purity of the 
separated CO2, it has little influence on energy requirements. 
 
 
Condensation and Sublimation of CO2 from Flue Gases and Synthesis Gases 
 

The CO2 separation factor 
2COs  in the condensing or subliming of CO2 from synthesis gases or flue 

gases is dependent on saturation or sublimation pressure ps, total pressure p and molar fraction yi: 
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Equation 3.20 clearly shows that, aside from a low temperature, high overall pressure together with a 
high initial content of CO2 also play an important role in achieving a high rate of separation. The pres-
sures and temperatures required to achieve a CO2 separation factor of 90% are shown in Figure 3.27. 
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Figure 3.27: Pressure required to capture 90% of the CO2 through condensing/freezing43. 

 
For an exergetic efficiency of 35%44 for the refrigerating unit, a polytropic efficiency of 85% for the 
compressor and turbine, and heat recovery with a pinch point of 40 K, the energy required to con-

                                                 
43 Calculated from steam and sublimation pressure of CO2 according to IUPAC [163]. 
44 The efficiencies were assumed to be constant over the temperature range. 
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dense/freeze out 90% of the CO2 from the example gases was calculated according to Table 3.10 (Fig-
ure 3.28, Figure 3.29). If the freezing of CO2 were technically feasible, the energy consumption involved 
would be lower than that of condensing, where a great deal of compressor work is required to achieve 
the high pressure required.  

The process data for the calculation is summarized in the Appendix in Tables 6.14 to 6.17 
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Figure 3.28: How energy consumption is divided up in the condensation/sublimation of 90% of the CO2 from the 

flue gas of a gas/steam combined cycle. 
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Figure 3.29: Energy required for condensation/sublimation of 90% of the CO2 from various gases. 
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   ( )∑ =
= n

i itotiir ppRxTw
10 /ln'  (3.23) 

 
where:  ix  mass fraction of separated gas component i 
  Ri  individual gas constant 

 pi  partial pressure,   ptot absolute pressure. 
 

Working on the assumption that the work of expansion, which is to be applied owing to the reduced vol-
ume of the remaining gas, is drawn from the environment, reversible separation work wr  to separate an 
individual component i can be reduced to: 
   ( )itotiir ppTRxw /ln0=  (3.24) 

The reversible separation work for a component should not be confused with the minimum work of a 
separation process, which is conditional on the system (e.g. as in air separation, where this system-
contingent separation work is often indicated by the reversible separation work to separate air into all its 
individual components) [76]. 
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Figure 3.30:  Reversible separa-
tion work in dependence on CO2 
separation factor46 

Figure 3.31:  Reversible 
separation work in depend-
ence on CO2 purity (volume 
fractions)46 

Figure 3.32:  Influence of gas 
temperature on reversible sepa-
ration work46 (isothermal com-
pression) 

 
In accordance with Equation 3.24, minimum separation work increases, as concentration in the initial 
mixture of the components, which are to be separated, decreases. Thus, the work required to separate 
CO2 from gases increases in accordance with CO2 concentration in the following sequence: coal gas 
after CO conversion (40% vol fraction CO2), flue gases (11% to 3% vol fraction CO2) and air (0.03% 
vol fraction CO2) (Table 3.13). Transport of the emitted CO2 through the atmosphere and removal of the 
CO2 from air would therefore theoretically require between two and six times more energy compared 
with direct CO2 separation. In the case of synthesis gases, CO2 can also be enriched by removing H2. 
The energy expended on H2 separation, together with the energy required to produce O2 for combustion 
in an atmosphere of O2/CO2 (Table 3.13), cannot be directly compared with the work required for CO2 
separation, but must instead be viewed in relation to the proportion of carbon as compared to H2, and the 
                                                 
46 See Table 3.10 for information on gas compositions. 
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minimum oxygen requirements, respectively. Rising separation factors, product purity and gas 
temperature (T0) increase the reversible separation work (Figure 3.30 to Figure 3.32). 
 
Table 3.13: Reversible separation work wr  for CO2, H2 and O2 separation with various gas compositions accord-

ing to Table 3.10 
 Coal gas after Air Flue gases: 
 CO shift  Coal-fired steam 

power plant 
IGCC power 

plant 
Gas/steam 

turbine com-
bined cycle 

plant (GTCC)
Feed gas 
  Volume fraction of CO2  in % 

 
40.5  

 
0.032 

 
11.1 

 
 8.1 

 
3.2 

  Mass fraction of CO2  in % 87.1  0.049 17.1 11.7 4.9 
Reversible Separation Work 

CO2 separation in kWh/kg CO2 0.026  0.142  0.048  0.055 0.069 
H2 separation in kWh/kg H2 
             in kWh/kg CO2 

0.4354  
≅ 0.0266  

- - - - 

O2 separation in kWh/kg O2  0.0336  - - - 
 
Exergetic Efficiency ζ of Technical CO2 Separation Installations 
 
The overview of exergetic efficiency ζ sep for various gas separation processes, which is presented in 
Table 3.14, was compiled on the basis of data from the literature concerning gas composition, separation 
factors and energy requirements. In the case of H2/CO2 separation from synthesis gases, the highest ex-
ergetic efficiencies are obtained through physical absorption methods and membrane separation meth-
ods, followed by physical-chemical scrubbing. The differences in energy expenditure of physical scrub-
bing processes are caused by the different solvents used. 
 
Among the processes for separating CO2 from pressurized synthesis gases, the highest exergetic effi-
ciency, of up to 31%, is obtained using physical scrubbing, followed by an efficiency of 22% for physi-
cal-chemical scrubbing and 14% for chemical scrubbing. 
 
In the case of CO2 separation from flue gases, chemical scrubbing achieves the highest exergetic effi-
ciency, at up to 21%. The exergetic efficiency of chemical scrubbing deteriorates as the concentration of 
amine in the aqueous solution decreases. 
 
In the case of membrane processes and adsorption, exergetic efficiency is heavily dependent on the 
composition of the gas. 
 
In this study, calculations of the internal consumption of physical scrubbing are based on an exergetic 
efficiency of 30.5%. Membrane separation processes are interpreted on the basis of a special simulation 
method. 
 
According to the energy consumption calculated using Equation 3.15, the exergetic efficiency of O2 
production via air separation is around 19%47, if only the O2 generated is counted as a product. 

                                                 
47 Baehr [161] calculates an exergetic efficiency of 9.1% for the Linde process. However, this value relates to the production 

of liquid air, not to the production of gaseous O2 as described in this study. The exergy of liquid air is approx. 693 kJ/kg, 
which is more than five times higher than the figure of 124.6 kJ/kg for gaseous O2, at 25ºC and 1 bar. According to 
Bosnjakovic and Knoche [174], air separation units obtain an exergetic efficiency of 33%. In contrast to the values stated 
above, this figure includes the exergy of all the products, i.e. also that of the nitrogen stream. 
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Table 3.14: Operating data and exergetic efficiencies of CO2 and H2 separation processes (80% to 90% CO2 
capture ratio) 

 
Process / Solvent 

Specific Expenditure of Energy 
kWh/kg CO2 

Total Pres-
sure Ptot  

Volume Frac-
tion of CO2  

Exergetic Effi-
ciency 

 without expan-
sion losses48 

with expansion 
losses49 

in bar in % in % 

donework 
 worksep.reversible=Sepζ

 

Physical Scrubbing  (CO2 separation from pressurized synthesis gas after CO shift) 
 0.04-0.09 0.09-0.14 approx. 24 approx. 36 20-31  
Physical/Chemical Scrubbing  (CO2 separation from pressurized synthesis gas and CO2-rich flue gases) 
Adip (DIPA & MDEA) 0.07 0.15 approx. 130 approx. 36  approx. 18 50 (20 51)
Activated MDEA 0.04 0.09 approx. 24 approx. 36  approx. 29 50 (32 51)
Chemical Scrubbing  (CO2 separation from flue gas) 
Amine 
MEA 12% aqueous sol., mass frac. 0.55 = approx. 1.2 approx. 11.0  approx. 9 50 (11 51)
MEA 20% aqueous sol., mass frac. 0.35 = approx. 1.2 approx. 11.0  approx. 14 50 (17 51)
MEA 30% aqueous sol., mass frac. 0.23 = approx. 1.2 approx. 11.0  approx. 21 50 (25 51)
Inorganic Scrubbing 
Benfield and variants 0.42 = approx. 1.2 approx. 11.0  approx. 8 50 (10 51)
Flexsorb 0.43 0.5 approx. 60 approx. 36    approx. 5-6 50 (6-

7 51) 
Membrane Processes 
H2 sep. from synthesis gas 52 
(selectivity H2/CO2= 4-200) 

-- 0.17-0.2953 approx. 24 approx. 40 
(H2) 

approx. 36 
(CO2) 

25-32  

CO2 sep. from flue gas 
   Coal-fired steam plant 
   IGCC power plant (coal) 
   Gas/steam turbine plant (GTCC 
- natural gas) 
(selectivity CO2/N2= 10-200) 

 
0.3 - 0.4 

0.45 - 0.55 
1 - 1.3 

 
= 
= 
= 

 
 

approx. 1.2 

 
approx. 11.0 
approx. 7.4  
approx. 3.2  

 
10-14  
6.5-8  

1.5 - 2  

Adsorption   (PSA/TSA) 
CO2 sep. from synthesis gas 0.16-0.2 0.2-0.25 approx. 24 approx. 36  8-12  
CO2 sep. from flue gas 
   Coal-fired steam plant 
   IGCC power plant  (coal) 
   Gas/steam turbine plant (GTCC 
- natural gas) 

 
0.4 
0.7 
1.2 

 
= 
= 
= 

 
 

approx. 1.2 

 
 

approx. 11.0  

 
9  
5  

1.5  

 

                                                 
48 With high feed gas pressure and low separated gas pressure. 
49 Incl. compensation for pressure loss of separated gas stream through isothermal compression of the separated gas to the 

total pressure of the raw gas (where ηisotherm=100%). 
50 Work done = (consumption of electrical energy) + (drop in steam turbine performance due to steam extraction)  
51 Work done as exergy of the steam. 
52 Incl. fuel losses and oxygen production, excl. losses due to CO shift reaction. 
53 Corresponds to 1.1 � 1.4 kWh/kg H2 
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3.5 Process Family I: CO2 Separation From Synthesis Gas After CO Shift 
 
Efficiency penalties due to CO2 capture in processes with coal gasification, CO conversion and CO2/H2 
separation are primarily caused by54: 
•  Exergy losses in CO conversion (exergetic efficiency of CO conversion approx. 90% to 95%, effi-

ciency penalty approx. 2 to 3 percentage points54,55), 
•  Energy required for gas separation (regeneration, pressure losses). The resulting efficiency penalty is 

approx. 2.5 to 3 percentage points54,55) 
•  Reduction in gas turbine power output corresponding to the expansion work of the separated CO2 

volume flow56 (efficiency penalty approx. 0.8 percentage points54,55) 
 

In cases where figures are available for total CO2 capture ratio to be achieved totCOr ,2
, and for CO2 sepa-

ration factor scrubbingCOs ,2
 in the gas scrubbing process, related to the CO2 component in the converted syn-

thesis gases, required CO conversion rCO in the CO shift reaction may be calculated from: 
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totCO
CO rs

r
r

,,

,

2

2

−⋅
=  (3.25) 

 
3.5.1 CO Conversion, Steam Reforming 
 

The expenditure of exergy in the CO conversion process consists of exergy rawgasE
.

 of the raw gas sup-

plied, exergy OHE 2

.
 of the water/steam supplied, and exergy heatQE ,

.
 of the heat used for saturator heat-

ing. With useful exergy gasconvertedE
.

 of the converted gas (the gas after the CO shift reaction) and useful 

component useQE ,

.
 of the heat released, the exergetic efficiency of the CO shift reaction may be defined 

as: 
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The energy efficiency of the CO shift is: 
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HHH

,

..
,
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2

+

++=η  

The highest exergetic efficiencies through CO conversion can only be achieved in an ideal case, if, 
starting from the highest possible temperature, the heat released as the temperature drops is used 
continuously, and thus at the maximum possible temperature, and if no more water is supplied than that 
which may actually be converted at each specific moment in time. In an example of a 19-stage CO shift 
reactor, CO conversion of 90% and exergetic efficiency of around 97% (related to overall expenditure 

                                                 
54 Derivation of values in following sections. 
55 Values for 90% CO2 separation 
56 In the majority of cases involving CO2 separation, the CO2 produced is released at approximately ambient pressure. Since 

the partial pressure of the CO2 in the fuel gas prior to separation is significantly higher, expansion work would be avail-
able in the reversible case (ideal case). This is why it is necessary to take into account the reduction in the amount of work 
gained through expansion of the fuel gas, from which the CO2 component has been removed. 
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and gain) are obtained using a raw gas from an oxygen-blown gasification process involving a step-by-
step drop in temperature from 1000ºC to 100ºC with simultaneous, stepwise heat recovery and addition 
of the minimum quantity of steam required (Figure 3.33 to Figure 3.35). The exergy of the synthesis gas 
after CO conversion is reduced to 90.5% of the raw gas. Excluding heat recovery, the exergetic 
efficiency is 90%. The fuel energy flow (LHV) is reduced to 91% of the initial value. The ratio of total 
energy gain (fuel energy flow (LHV) + thermal enthalpy) to the minimum, overall energy expenditure 
(enthalpy flow of the raw gas including fuel energy flow (LHV) and steam) is around 86%. 
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Figure 3.33: "Ideal" CO shift with continuous heat recovery and addition of steam: exergetic efficiency and CO 

conversion achieved57. 

                                                 
57 Volume fractions of the components of the raw gas from oxygen-blown coal gasification: 2.12% H2O; 1.49% CO2; 6.05% 

N2; 0.96% Ar; 28.8% H2; 59.6% CO; 0.01% CH4; 0.92% H2S. Reaction pressure: 25 bar. 
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Figure 3.34: "Ideal" CO shift with continuous heat recovery and addition of steam: energy efficiency, reduction 

in fuel energy (ratio of fuel energy flows, LHV) and CO conversion achieved57. 
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Figure 3.35: Development of the molar ratio of H2O to CO and volume fraction of the gas components in rela-

tion to reaction temperature for an "ideal" CO shift according to Figure 3.33, Figure 3.34 
 

In a real case (Figure 3.36), the number of reaction stages is restricted to between one and three, which 
means that a far higher excess of steam is required, and that the reaction enthalpy can only be used at 
low temperatures. As CO conversion and temperature increase, so too do the required steam excess 
(Figure 3.36, left) and the exergy losses (Figure 3.36, right). 
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Table 3.15: Operating data for an IGCC power plant with CO2 capture from coal gas after CO shift according to 
Pruschek et al. [20], and re-calculation of the IGCC power plant with CO2 capture for this study 
based on most recent figures ("IGCC 1998").  

 IGCC, (updated 1995 [20]) IGCC, updated 1998 
(ambient temp. 8°C) 

  
Baseline 

with CO2 capture
(CO2 gaseous) 

 
Baseline [21] 

with CO2 capture
(CO2 gaseous) 

CO2 emissions, absolute   in kg/s   72.9  8.4  77.9 8.7 
     in kg/kWh     0.69 0.09 0.62 0.086 
Coal energy used    in MJ/s 811.2  876.1  874.8 891.7 
Natural gas (for drying coal)   0.9 0.9 
Gross output of gas turbine  in MW 238.8  234.1  302.3 277.1 
                         steam turbine in MW 177.7  170.2  177.3 174.3 
Internal consumption  in MW   37.8  49.1  28.8 42.8 
of which gas separation  in %     3  24  <5 25 
Net output   in MW 378.6  355.2  450.8 408.6 
Net efficiency    in %   46.7  40.5  51.5 45.8 
O2 for gasification (volume fraction of O2 in %) 85  95  
Conversion to ambient temp. of 20°C   51.1 45.4 
 
Greater exergetic efficiency of the CO2 scrubbing process reduces separation work and improves IGCC 
efficiency. Figure 3.39 shows the different levels of exergetic efficiency and the corresponding effi-
ciency penalty for different gas separation processes. 
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Figure 3.39: Influence of the exergetic efficiency of CO2 scrubbing on the efficiency penalty and specific separa-

tion work at CO2 capture ratio of 90% (TIT 1250°C) 

 
For the following calculations with CO2 separation by means of physical scrubbing, an exergetic effi-
ciency of 30.5% is assumed when calculating the internal electrical consumption of the gas scrubbing 
process. 
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Figure 3.40: How the CO2 capture ratio influences the contribution made by individual steps in the CO2 capture 

process towards the efficiency penalty and specific energy requirements (exergetic efficiency of the 
scrubbing process: 30.5%). 

 
At a high CO2 capture ratio, a high level of 
CO conversion must be achieved; this in-
creases the concentration of CO2, and the spe-
cific energy required for gas separation drops 
(Figure 3.40, right). Specific energy expendi-
ture is virtually independent of CO2 capture 
ratio 

2COr  for all other process steps. This 
makes it more advantageous to strive for a 
high CO2 capture ratio in a split stream, than 
to remove only a small portion of CO2 from 
the total stream. Figure 3.41 shows the 
achievable reduction in CO2 emissions and the 
lower efficiencies associated with this. 
 
The largest component of energy expenditure 
in CO2 capture is caused by CO2 liquefaction, 
followed by CO conversion, gas separation 
and lost turbine work resulting from the CO2 
which is not expanded in the gas turbine (Figure 3.40, left and Figure 3.42). 
 
At higher CO2 capture ratios, exergy losses increase, primarily due to the higher exergy of the separated 
CO2, and the greater energy requirement in the CO2 scrubbing process (Figure 3.42). 
 
Increasing the gas turbine inlet temperature has the effect, above all, of reducing exergy losses in the gas 
turbine combustion chamber, while simultaneously causing gas turbine power output and overall effi-
ciency to increase (Figure 3.43, Figure 3.44). Losses due to CO2 capture, related to the exergy of the 
feed coal, remain virtually unchanged (Figure 3.45). 
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Figure 3.41:  How the CO2 capture ratio influ-

ences the efficiency penalty and 
specific CO2 emissions (exergetic 
efficiency of the scrubbing process: 
30.5%). 
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Figure 3.42: Change in output and changes in exergy conversion as a result of increasing the CO2 capture ratio 

(exergetic efficiency of scrubbing: 30.5%, TIT 1250°C) 
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Figure 3.43: Efficiency of an IGCC power plant with CO2 capture in dependence on gas turbine inlet temperature 
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Figure 3.46: Changing the gas turbine pressure ratio for maximum IGCC efficiency, with CO2 capture ratio and 

gas turbine inlet temperature 
 

Table 3.16: Operating parameters and results for IGCC power plants with O2-blown gasification and CO2 separa-
tion by means of physical scrubbing after CO shift, with variation of CO2 capture ratio 

2COr  

Assumptions 
Gasification temperature in °C 1302 

Gasification pressure in bar 34 35 36 39 42 
Gas turbine inlet temperature (ISO 2314) 1190 1250 1300 1400 1500 
Compressor pressure ratio of the gas turbine 15.4 16.9 18.2 21.0 24.1 
CO2 capture ratio in % 90  
CO2 separation factor in scrubbing process (synthesis gas after 
CO shift) in % 

99  

exergetic efficiency ζ  of CO2 scrubbing in % 30.5  
CO conversion     in % 91.27  
 

Results: 
 

Output and Internal Consumption in MW  (positive = delivery of electric power, negative = consumption ) 
Coal energy supplied (LHV) 874.9 874.9 874.9 874.9 874.9 
Gas turbine  258.00 264.65 269.83 279.33 287.77 
 

 Steam from GT waste heat 157.90 158.49 157.89 154.62 151.58 
 Steam from raw gas cooling 27.4 27.6 27.8 28.1 28.5 
 Low temperature raw gas cooling -6.3 -6.4 -6.4 -6.6 -6.8 
 Steam for drying coal -0.5 -0.5 -0.5 -0.5 -0.5 
 Feedwater for gasification -1.6 -1.6 -1.6 -1.6 -1.6 
Σ Steam turbine output Σ  177.1 Σ  177.7 Σ  177.2 Σ  174.1 Σ  171.2

 

O2+N2 compression for gasification -16.7 -15.3 -14.2 -12.4 -10.6 
CO2 scrubbing -10.9 -10.8 -10.6 -10.2 -9.8 
Desulfurization -2.8 -2.8 -2.7 -2.6 -2.6 
Other internal consumption -16.7 -16.7 -16.7 -16.7 -16.7 
CO2 compression/liquefaction at 110 bar -27.41 -27.40 -27.40 -27.38 -27.37 
 

Net output in MW 360.6 369.5 375.4 384.1 392.0 
 
Power plant net efficiencies  in % 
LHV (CO2 liquid) 41.2% 42.2% 42.9% 43.9% 44.8% 
LHV (CO2 gaseous) 44.3% 45.4% 46.0% 47.0% 47.9% 
HHV (CO2 liquid) 39.6% 40.6% 41.2% 42.2% 43.0% 
Exergy (CO2 liquid) 38.9% 39.9% 40.6% 41.5% 42.3% 
 

CO2 emissions in kg CO2/kWh (with retention of liquid CO2) 0.081 0.079 0.078 0.076 0.075 
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3.5.2.2 H2/CO2 Separation With Membrane Separation Processes 
For the simulation of an IGCC power plant with CO conversion and H2 separation using a membrane, it 
is assumed that the permeate is burnt in a gas turbine (with air) and the retentate is burnt in a further gas 
turbine in an O2/CO2 atmosphere (Figure 3.47). The waste heat from both of these gas turbines is used in 
the heat recovery steam cycle. Subsequent to the membrane stage, both gas streams - the permeate and 
the retentate - are compressed to the pressure required by their respective gas turbine (see Table 3.18 for 
details of pressure ratios). To allow comparisons to be made, power output values were calculated for 
cases where the residual fuel of the retentate is only used for steam generation, or is not used at all. 

 
Figure 3.47: Flow diagram of an IGCC power plant with CO conversion, H2 separation using a membrane and 

subsequent combustion of the retentate 

Mass transfer in the membrane was calculated using a membrane model developed by Shindo et al. 
[162]. Preliminary investigations (Figure 3.24, Figure 3.25) determined that the pressure ratio of the 
membrane should be set at 5 to 1 (feed to permeate pressure) (for boundary conditions, see Table 3.18 to 
Table 3.17).  
 
In determining permeability D, it is assumed that Knudsen diffusion is present. For the gas separation 
process, relative permeability iD  (related to permeability 

2HD  of H2) is calculated from selectivity 

22 ,COHα  and molecular weight Mi: 
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Since the required membrane surface is not realized in this case, absolute permeability is not required. 
 
At higher CO2 capture ratios, more fuel remains in the retentate (Figure 3.48), meaning that more O2 
must be produced for subsequent combustion. At the same time, less permeate must be compressed to 
the pressure prior to the gas turbine combustion chamber. Overall, the efficiency penalty becomes larger 
as the CO2 capture ratio increases, but the specific separation work related to the separated CO2 mass 
flow becomes smaller (Figure 3.49, Figure 3.50). If the residual fuel in the retentate is not used, CO2 
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separation and liquefaction cause efficiency to be reduced by up to 17 percentage points. By making use 
of the residual fuel in the retentate, power plant efficiency can be improved by approx. 7 percentage 
points (and by a further 0.5 percentage points if it is used in a gas/steam turbine combined cycle with 
combustion in an atmosphere of O2/CO2). 
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Figure 3.48: H2 permeation rate and CO2 separation factor in the retentate in the membrane, in dependence on 

the CO2 capture ratio  
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Figure 3.50:  Specific energy expended on CO2 
capture incl. CO conversion and CO2 
liquefaction (cf. Figure 3.49: 
efficiency penalty). 

 
Higher membrane selectivity reduces both the membrane pressure ratio required to achieve the same 
CO2 capture ratio, and the residual fuel content in the retentate (Table 3.17). This makes the exergy of 
the retentate, and the work required to subsequently compress the permeate, smaller. In the following 
paragraphs, various efficiencies are calculated, ranging from efficiencies provided by currently available 
membranes, which achieve H2 to CO2 selectivities of 25, up to future efficiencies with a conceivable 
design of metal membranes capable of achieving selectivities of 1000. 
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With the best possible utilization of the residual fuel 
in the retentate, an increase in selectivity from 25 to 
1000 would boost efficiency by approx. 2.1 percent-
age points to achieve a total of 42.2%, including CO2 
liquefaction (Figure 3.51, Figure 3.52). At low rates 
of selectivity, the retentate is used, subsequent to 
combustion in an O2/CO2 atmosphere, in a (CO2) 
gas/steam turbine combined cycle, instead of being 
used just for producing steam. At a selectivity of 
1000, the combustion heat is no longer sufficient for 
high gas turbine inlet temperatures, meaning that the 
residual fuel in the retentate will subsequently be 
burnt, and the heat will only be able to be used for 
steam generation. 
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Figure 3.52: Efficiency penalty for an IGCC and separation work for CO2 separation using a membrane after CO 

conversion and CO2 liquefaction, with various ways of utilizing the residual fuel in the retentate, in 
dependence on membrane selectivity. 

 
In order to demonstrate the proportional contribution of the individual process steps towards the effi-
ciency penalty, a comparison has been drawn between the results of calculations for the basic IGCC, for 
an IGCC power plant with CO conversion, but without H2/CO2 separation, and for an IGCC power plant 
with CO conversion and membrane (Figure 3.53). The contributions of the subsequent compression of 
the permeate and CO2 liquefaction are determined by internal consumption. Since the retentate from a 
membrane with a selectivity of 1000 occurs at a high pressure, in the case of subsequent combustion 
without expansion, the CO2 compression work in this case is reduced. 
 
In comparison to CO2 separation after CO conversion using a scrubbing process, the efficiencies achiev-
able with currently available membranes are lower (Figure 3.54). This is because gas separation proc-
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Figure 3.51:  How the efficiency of the 

IGCC changes with selectiv-
ity of the H2/CO2 membrane.  
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esses using membranes require production of O2 to allow utilization of the residual fuel of the retentate, 
in addition to the separation work (primarily permeate compression). The process is also impaired by the 
fact that the gasification pressure can only be optimized for one of the two gas turbines (using air or CO2 
as a working fluid, respectively), which results either in the occurrence of additional compres-
sor/expansion losses, or in one of the gas turbines working at an unfavorable pressure ratio. Thus, for 
example, additional compression of the retentate corresponding to the higher pressure ratio of the com-
pressor of the O2/CO2 gas turbine (π = 65) reduces the performance of the IGCC power plant by approx. 
1.5 percentage points. 
 

 
Figure 3.53: Contributions of the individual process steps towards the efficiency penalty at different membrane 

selectivities59 
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Figure 3.54: Change in the efficiency of the baseline IGCC power plant and the IGCC power plant with CO2 

capture using a membrane59 or scrubbing after CO shift conversion, as gas turbine inlet temperature 
is increased.  

 

                                                 
59 Utilization of the residual fuel in the retentate through additional combustion in O2/CO2, expansion in a gas turbine and 

waste heat recovery for the steam cycle. 
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Table 3.17: Data on the membrane and the IGCC power plant featuring CO conversion and H2 separation using a 
membrane (with variation of the CO2 capture ratio 

2COr  and membrane selectivity) 

Assumptions 
Gas turbine inlet temperature (ISO 2314) 1250°C 
Permeation ratio (ratio of molar flow rates from permeate 
to feed) in % 

74  60  55   57.8  58.6  

CO conversion     in % 92   92  92  
Pressure ratio (permeate/feed)   0.2  0.29 0.44 
Selectivity H2/CO2  25 25 25  125 1000 
For relative permeabilities, see Table 3.19 
Results: 
CO2 capture ratio (incl. CO,CH4,COS)  in % 55.0  83.4  89.9   90.8  93.49 
CO2 separation factor (retentate excl. CO, CH4, COS) in % 51.5  82.3  89.3   90.3  93.6 
H2 permeation     in % 94.7  91.6  87.8   89.3  99.4  
Mass fractions in retentate      in % 
CO2 86.50  89.02  89.14   89.28  90.1 
H2 0.65  0.66  0.89   0.77  0.04  
CO 8.98  5.90  5.46   5.42  5.28 
CH4 0.14  0.19  0.20   0.21  0.22  
Retentate mass flow    in kg/s 31.7 38.4 46.9  71.4 73.4 
Mass fractions in permeate     in %  
CO2 82.9  69.3  60.0   57.6  45.4  
H2 11.9  26.2  36.0   38.7  51.5 
CO 0.3  0.2  0.2   0.1  0.1 
CH4 0.3  0.3  0.2   0.2  0.2  
Permeate mass flow    in kg/s 41.3 18.1 12.6  11.9 10.0 
Output and internal consumption  in MW   (positive = delivery of electric power, negative = consumption ) 
Coal energy supplied (LHV)  874.9 874.9 874.9  874.9 874.9 
Gas turbine 1 (working fluid: air)  252.07 233.38 221.57  224.92 248.0 
GT 2 (working fluid: CO2), incl. retentate compression 32.62 43.94 54.65  51.05 w/o GT 2
 Steam from GT waste heat (GT 1)  141.5 134.2 127.8  130.0 145.3 
 Steam from GT AHK  
 (combustion. in O2/CO2 atmos., GT 2) 

12.9 14.8 20.6  18.4 19.8* 

 Steam from raw gas cooling 23.8 26.9 27.9  27.8 27.0 
 Low temperature raw gas cooling -12.7 -7.7 -6.4  -6.2 -5.8 
 Steam for drying coal -0.5 -0.5 -0.5  -0.5 -0.5 
 Feedwater for gasification -1.6 -1.6 -1.6  -1.6 -1.6 
Σ  Steam turbine Σ  163.4 Σ  166.2 Σ  167.9  Σ 168.0 Σ 184.3 
O2+N2 compression for gasification  -22.76 -22.76 -22.76  -22.76 -22.76 
ASU for GT 2 (addition of O2 at 1 bar prior to compressor) -5.7 -7.9 -9.7  -9.1 -4.34 
Permeate compression -18.52 -15.17 -13.95  -10.25 -10.74 
Desulfurization -2.78 -2.78 -2.78  -2.78 -2.78 
Other internal consumption -16.66 -16.66 -16.66  -16.7 -16.7 
CO2 compression/liquefaction at 110 bar -16.80 -25.49 -27.47  -27.75 -6.2* 
Net output  364.8 352.8 350.8  354.7 368.8 
Power plant net efficiencies  in % 
LHV (CO2 liquid) 41.7 40.3 40.1  40.5  42.2 
LHV (CO2 gaseous) 43.6 43.2 43.2  43.7  42.9 
HHV (CO2 liquid) 40.1 38.7 38.5  39.0 40.5  
Exergy (CO2 liquid) 39.4 38.1 37.9  38.3  39.8 
CO2 emissions in kg CO2/kWh (retention of liquid CO2) 0.348 0.133 0.079  0.071 0.045 
* With a selectivity of 1000, the heating value of the retentate is too low for utilization in a gas turbine.  
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Table 3.18: Assumed pressure ratios of the gas turbine compressor, with a working fluid of air or CO2 
Gas turbine inlet temperature GT compressor pressure ratio  

 Working fluid: air Working fluid: CO2 
(see Table 3.24) 

1190°C 16.1 50 
1250°C 17.5 65 
1300°C 19.0 100 
1400°C 22.1 150 
1500°C 25.6 200 

 

Table 3.19: Relative permeability of the individual gas components in the case of Knudsen diffusion,  
Eq. (2.4) 

Selectivity H2/CO2  25 125 1000 
O2 0.0469 0.0094 0.0012 
H2O 0.0625 0.0125 0.0016 
CO2 0.0400 0.0080 0.0010 
N2 0.0501 0.0100 0.0013 
Ar 0.0420 0.0084 0.0010 
SO2 0.0332 0.0066 0.0008 
H2 1.0000 1.0000 1.0000 
CO 0.0017 0.0001 0.0000 
CH4 0.0663 0.0133 0.0017 
H2S 0.0455 0.0091 0.0011 
COS 0.0342 0.0068 0.0009 
 
 

CO2 Absorption by Seawater 
 
If, instead of physical scrubbing, which has energy requirements of 0.05 kWh per kg of separated CO2 
(Figure 3.45), seawater is used as an absorbent, which has energy requirements of 0.061 kWh per kg of 
separated CO2 (Figure 3.15), the efficiency penalty due to gas separation only increases from around 1.4 
percentage points (Figure 3.45) to around 1.7 percentage points. This would produce an overall effi-
ciency penalty of approx. 5.2 percentage points. Since no CO2 liquefaction is then required, the effi-
ciency penalty caused by absorption with seawater is lower than that caused by physical absorption and 
CO2 liquefaction. However, the large mass flow rates of water involved mean that CO2 absorption with 
seawater still does not represent an attractive alternative (see page 29 ff.). 

Combined CO Shift Reaction / Adsorption  
Calcium oxide and magnesium oxide can simultaneously act as a catalyst for the CO shift reaction and 
an absorbent for CO2 separation. Calcium oxide reacts with CO2 exothermically to form calcium car-
bonate: 
   CaO + CO2 → CaCO3  + 178 kJ/mol  (3.28) 
Experiments described in the literature show a CO2 capture ratio of over 99% for coal gas to CaO at 
660ºC [175]. To regenerate the absorbent, heat must be supplied for the reverse reaction (calcination) at 
a high temperature, corresponding to the chemical equilibrium of the calcination reaction, or a virtual 
vacuum must be achieved (Figure 3.55). 
 
The theoretical, minimum energy requirement for CO2 adsorption and regeneration with CaO is calcu-
lated from the difference in exergy ∆e of the heat supplied and the heat released: 
   ∆e= (Tu / Tadsorption - Tu / Tregeneration ) . ∆rH  (3.29) 



ENERGY AND EXERGY ANALYSIS 

 

115

 
 

0.0001

0.001

0.01

0.1

1

10

100

1000

0 250 500 750 1000 1250 1500

Temperature in °C

C
O

2 p
ar

tia
l p

re
ss

ur
e 

in
 b

ar

calcining area

CaO + CO2

non calcining area

CaCO3

 

 
 

Calcination (CaO regeneration) [176]: 

423,7)(
6,8684log

)(

10

2

+−=

<

KTK

barpK

CaO

COCaO

 (3.30) 

Figure 3.55: Conditions of equilibrium for calcination 
 

Using the temperatures given in Table 6.18 (Appendix), a minimum exergy loss with coal gas of around 
7.4 percentage points is calculated, related to the heating value of the coal used, or, with an exergetic 
efficiency of the overall process of 40%, an efficiency penalty of around 3 percentage points. In fact, 
with higher temperatures and lower pressure, further losses must also be expected, especially for the 
regeneration process (e.g. due to fuel consumption, vacuum pump work, oxygen for combustion). Based 
on estimated values of energy expenditure and possible recovery of energy for CO2 separation from the 
cleaned coal gas of an IGCC power plant according to Figure 3.56, an efficiency penalty of 12.5 
percentage points is calculated, with a CO2 capture ratio of 99.9% (Appendix, Table 6.18). 
  

 
Figure 3.56: Flow diagram of CO shift reaction and CO2 adsorption using CaO, with subsequent adsorbent regen-

eration. 
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Table 3.20: Operating parameters and results for an IGCC power plant with air-blown gasification and CO2 
separation using physical scrubbing after CO shift, with variation of the CO2 capture ratio 

Assumptions: 
Gas turbine inlet temperature (ISO 2314) 1250°C 
CO2 capture ratio     in % - 40  60  80  95  
CO2 separation factor in scrubber (synthesis gas after CO shift)   in % - 99.0  
Exergetic efficiency ζ of CO2 scrubbing      in % - 30.5  
Conversion of CO in CO shift reaction      in % - 41.9  62.8  83.7  99.4  
Results: 
Output and Internal Consumption  in MW (positive = delivery of electric power, negative = consumption ) 
Coal energy supplied (LHV) 874.9 874.9 874.9 874.9 874.9 
Gas turbine  302.15 289.37 283.53 277.69 273.31
 

 Steam from GT waste heat 147.90 140.32 136.58 132.83 130.01
 Steam from raw gas cooling 67.8 68.6 68.8 68.9 69.1 
 Saturator heating from GT-HRSG -24.5 -23.6 -22.1 -20.6 -19.6 
 Steam for drying coal -0.4 -0.4 -0.4 -0.4 -0.4 
Σ  Steam turbine Σ  190.7 Σ  184.9 Σ  182.8 Σ  180.8 Σ  179.1

 

CO2 scrubbing 0.0 -12.9 -15.6 -17.6 -18.6 
Desulfurization -3.0 -3.1 -3.2 -3.2 -3.2 
Other internal consumption -21.9 -21.9 -21.9 -21.9 -21.9 
CO2 compression/liquefaction at 110 bar 0.0 -12.9 -18.8 -24.7 -29.1 
 

Net output        467.9 423.3 406.8 391.1 379.4 
Power plant net efficiencies   in % 
LHV (CO2 liquid) 53.5 48.4 46.5 44.7 43.4 
LHV (CO2 gaseous) 53.5 49.9 48.7 47.5 46.7 
HHV (CO2 liquid) 51.4 46.5 44.7 42.9 41.7 
Exergy (CO2 liquid) 50.5 45.7 43.9 42.2 41.0 

 

CO2 emissions  in kg CO2/kWh (with retention of liquid CO2) 0.578 0.360 0.243 0.115 0.013 

3.5.3 Chemically Recuperated Gas Turbines (CRGT)60 

Table 3.21 shows a comparison of different designs of chemically recuperated gas turbines, both with 
and without CO2 capture. High CO2 capture ratios can only be achieved by increasing the temperature of 
the reformer by means of additional firing (Figure 3.60). The majority of the exergy losses are caused by 
the cooling process, which is required prior to CO conversion and CO2 scrubbing, and the condensation 
of water, which occurs in this process (Figure 3.61; final column of Table 3.21). In processes (d) and (e), 
shown in Table 3.21, the heat produced in the process of cooling the reformed gas is not used, leading to 
an efficiency penalty due to CO2 capture of 19.5 and 17.7 percentage points, respectively. By integrating 
the heat, which is produced in cooling the reformed gas, into the preheating process in processes (f) 
(Figure 3.62) and (g) (Figure 3.63), it is possible to reduce this efficiency penalty to between 11.8 and 
11.3 percentage points. With a CO2 capture ratio of over 80%, efficiencies for chemically recuperated 
gas turbines after gaseous CO2 capture range between 37.7% and 45.7%, which are better than the 
figures for a gas/steam turbine combined cycle with externally heated, upstream steam reforming and 
CO2 separation. 
 
It may be possible to further reduce exergy losses in the future by using a combination of steam reform-
ing, CO conversion and H2 retention in a membrane reactor [178], since this method allows the high 

                                                 
60 Results of investigations into chemically-recuperated gas turbines stem from a dissertation (Koerdt [177]) written under 

my supervision during the preparation of this work. 
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excess of water which is required to be reduced, and also avoids the need for cooling prior to CO con-
version and CO2 scrubbing. 

 

 
Figure 3.60: Change in the amount of separable CO2 in dependence on reformer temperature after supplemen-

tary firing (constant amount of fuel to gas turbine combustion chamber, Process (d)) 
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Figure 3.61:  Exergy losses in a CRGT with and without CO2 separation 
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Table 3.21: CRGT designs with and without CO2 separation (gaseous CO2) 
 Temp. 

of addi-
tional 
com-

bustion 

η 
(LHV)

* 

∆η ** CO2 
emis-
sions 

CO2 
capture 

ratio 

Com-
pressor 
pressure 

ratio 

Reformer CO 
conver-

sion 

Further 
exergy 

losses*** 

  % % 
points

kg 
CO2/kW

h 

% π  H2O/CH4
mol/mol

CH4 con-
version 

(%) 

H2O/CO 
mol/mol 

 % 

(a) basic GT -- 37.8 -- 0.52 -- 16 -- -- -- -- 
(b) basic GT, single-
pressure reformer 

-- 51.8 -- 0.38 --  5.8 47.5 -- -- 

(c) CRGT, seq. combus., 
two-pressure reformer 
[179] 

-- 59.4 -- 0.33 -- 42 4.7/ 4.2 38.4 / 56.5 -- -- 

(d) basic GT, single-
pressure reformer 

850°C 32.3 19.5 0.094 84.4 16 5.3 95.1 8.9 12.5+6.1

(e) seq. combustion, 
single-pressure reformer 

850°C 37.7 17.7 0.089 82.8 30 4.7 93.6 7.3 11.5+5.2

(f) Fuel gas/air HE, inter-
cooled compressor, seq. 
combus., single-pressure 
ref. (Figure 3.62) 

850°C 45.2 11.8 0.067 81.2 30 4.3 92.1 6.3 0.4+4.6 

(g) Recuperator, inter-
cooled compressor, seq. 
combus., single-pressure 
ref. (Figure 3.63) 

950°C 45.7 11.3 0.07 83.5 30 3 97.0 2.6 2.3+2.6 

Polytropic efficiency: compressor: 90%, turbine: 85%;  
Gas turbine inlet temperature (ISO2314): 1200°C, except CRGT (c) (1370/1260°C) 
Internal consumption of CO2 scrubbing   0.03 kWh/kg CO2  
*    CRGT overall efficiency (incl. CO2 separation, excl. gas turbine auxiliary units) 
**  Efficiency penalty, in relation to corresponding process arrangement without CO2 separation 
*** Due to cooling prior to the separate CO shift reactor and CO2 scrubbing, 100% = fuel exergy 
 
 
 

 
 

Figure 3.62: Flow diagram of a natural gas-fired CRGT power plant with combustible gas/air HE, intercooled 
compressor, sequential combustion, single-pressure reformer, CO2 separation (f) 
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Table 3.22: CO2 emissions, oxygen requirements and energy expenditure on oxygen generation, depending on 
fuel used 

 
Fuel 

Specific CO2 emissions Oxygen required for combustion Energy required to generate O2 
(at 0.27kWh / kg O2) 

 kg CO2 /kg F 
(maf) 

kg CO2 /MJ F 
(LHV, maf) 

kg O2/ kg 
CO2 

kg O2/ kg F 
(maf) 

kg O2/ MJ F 
(LHV, maf) 

related to CO2  
in kWh/kg CO2 

related to pri-
mary energy  

in % of the fuel 
energy (LHV) 

100% C 3.7 0.108 0.726 2.67 0.79 0.196 7.64 
Hard coal 2.9 - 3.4 0.09 - 0.1 0.75 - 0.92 2.4 - 3.0** 0.076 - 0.11 0.21 - 0.25 7.3 - 7.6 
Lignite 2.3 - 2.6 0.09 - 0.1 0.75 - 0.85 1.3 - 1.9 0.03 - 0.04 0.21 - 0.25 7.4 - 7.5 
Natural gas 2.1 - 2.9 0.05 - 0.06 1.46 - 1.54 3.1 - 4.4 0.08 - 0.095 0.39 - 0.41 7.8 - 9.0 
F = fuel 
** gasification alone: 1.0-1.3 kg O2/ MJ F 
 
Achieving a high level of oxygen purity requires more energy to be expended in the air separation 
process, but simultaneously reduces the compression work in the CO2 liquefaction phase, since there is 
less inert gas involved in the compression process. If the energy required to generate O2, and the 
contribution towards energy expenditure for CO2 liquefaction attributable to the inert gases, are both 
counted together, then the total expenditure of energy rises as O2 purity increases, if compressor 
efficiency is greater than 80% (Figure 3.64). Yet calculations carried out for the IGCC power plant as a 
whole, with combustion in an O2/CO2 atmosphere, show that, although higher efficiency is indeed 
achieved at lower levels of purity in cases where gaseous CO2 is retained, optimum efficiency, taking 
into account the increased compressor work for separated CO2 more heavily mixed with inert gases, is 
obtained at an O2 volume fraction of between 95% and 97% (Figure 3.65). 
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Figure 3.64:  Calculated expenditure of energy on oxy-

gen generation and compressor work for 
inert gas compression in the CO2 product, 
in dependence on oxygen purity62 

 Figure 3.65:  Recalculation of how the effi-
ciency of an IGCC power plant 
with combustion in an O2/CO2 
atmosphere is dependent on O2 
purity61,62. 

 

                                                 
61 Energy expended on O2 generation according to (3.15), single-stage compression. 
62 TIT 1250°C 
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3.6.2 Analysis of the Oxygen Supply 
 
In order to achieve full combustion with a residual oxygen volume fraction of 2% in a coal gas-fired gas 
turbine (TIT 1190ºC), an O2 volume fraction of 11.9% is required in the recirculated flue gas, prior to 
the combustion chamber. The volume fraction of residual oxygen rises to 2.75% after water condensa-
tion through cooling prior to recirculation (Figure 3.66). 
 
If the oxygen is supplied in the form of high-purity oxygen from an air separation unit, a large amount of 
energy will be required for the gas separation process. Only around 12% of the energy used (generally in 
the form of compressor work) is maintained as exergy of the oxygen (Figure 3.67). Exergy losses 

mixVUmixV STE ,

.

,

.
∆=∆  incurred in mixing the oxygen with the recirculated flue gas in the combustion 

chamber are even larger than the exergy of the oxygen generated. Using an O2-selective, reversible gas 
separation method, the difference in O2 concentration would make it possible to increase the oxygen 
content of the recirculated flue gas almost to the point where the partial pressure of oxygen in the ambi-
ent air is achieved (Figure 3.68). A method of this type would not require any additional expenditure of 
energy, and would more than halve the exergy losses in the mix of the O2 and recirculated flue gas (Fig-
ure 3.69). 
 
The lower exergy losses in the mix also mean that the mix component of the exergy of the flue gas, as 
opposed to that of the environment, is used for O2 supply. The exergy flows of the recirculated flue gas 
and of the gas mixture enriched with oxygen (after O2 delivery) remain just as large as in cases involv-
ing the addition of high-purity oxygen. 
 
These considerations show that, in an ideal case, when generating a flue gas consisting of CO2 and H2O, 
no additional energy is required to supply the oxygen, assuming that the differences in oxygen partial 
pressure can be utilized by means of a selective transport process, without having to take the roundabout 
route of generating a highly concentrated stream of oxygen (and accepting the expenditure of energy this 
involves) and subsequently mixing this with the recirculated flue gas (with the resulting losses through 
mixing). 
 
One possible way of making use of the difference in O2 partial pressure between the combustion prod-
ucts and the ambient air in the oxygen delivery process could lie in the oxidation of metals in the ambi-
ent air and the reduction of the oxide in the combustion chamber at high temperatures, in line with the 
proposals, described above, from Jody et al. [120] using barium, and from Ishida [121] using nickel 
(Figure 2.18). Processes of this type are currently being investigated in studies and research experi-
ments. 
 
These comments on oxygen supply apply equally to coal-fired and natural gas-fired processes, since the 
only decisive parameter is the residual oxygen content after combustion. The oxygen required for 
gasification would still have to be covered by means of air separation. 
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Figure 3.66: Development of O2 volume fractions where oxygen supply is effected through the generation of 

pure oxygen using an air separation unit (ASU), all gas streams at 1 bar.  
Assumption: fuel gas = coal gas, TIT = 1190ºC, concentrations in the gas turbine cycle calculated for the example case. 

 

 

Figure 3.67: Exergy flow diagram for the case where high-purity oxygen is supplied via an air separation unit 
(ASU), all gas streams at 25ºC, 1 bar. Assumption: energy required for oxygen generation = 0.27 kWh/kg O2, 
fuel gas = coal gas, TIT = 1190ºC, concentrations and exergy flows calculated for the example case.  
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Figure 3.68: Development of O2 volume fractions in the case of oxygen supply effected through selective mass 

transfer. Assumption: fuel gas = coal gas, TIT = 1190ºC, concentrations in the gas turbine cycle calculated for the ex-
ample case. 

 
 

 
 
Figure 3.69: Exergy flow diagram for the case where oxygen is supplied through selective mass transfer, all gas 

streams at 25ºC, 1 bar.  Assumption: energy required for oxygen generation = 0.27 kWh/kg O2, fuel gas = coal gas, 
TIT = 1190ºC, concentrations and exergy flows calculated for the example case. 

3.6.3 Operation at Increased Pressure 

In process cycles such as the Gohstjejn, Sulzer or 'quasi-combined'/'MATIANT' cycle (see pp 38 ff, 127 
ff), the working fluid passes through the liquid phase region after condensation, which means that CO2 
liquefaction is already contained within these processes. In some other CO2 cycles, in which the lower 
operating point lies above the critical point (e.g. Feher, Schabert cycle), CO2 is liquefied simply by cool-
ing it to the ambient temperature. It is also possible to perform direct liquefaction of the CO2 through 
cooling at the cold end in a simple combustion cycle (steam power plant) or Joule cycle, if the overall 
level of pressure is increased. 
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Although operation at a higher pressure cuts down on the compression work required to compress dry, 
gaseous CO2 to the point of liquefaction, more work must be done to increase the pressure of the O2 for 
combustion (and potentially also for gasification). 
 
If a comparison is made between isothermal compression work 

2,COCompW :  
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, ln1

2 p
p
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Comp

COComp η
 (3.31) 

 
to compress the required oxygen, and the energy required to compress the CO2 produced in the combus-
tion of one mole of carbon, it emerges that the compressor work for one mole of O2 is only slightly lar-
ger than that for one mole of CO2 (the product of general gas constant R and mass m equals 

315,8322598,0 =⋅  for O2, which is slightly larger than the figure of 313,8441889,0 =⋅  for CO2). This differ-
ence becomes more conspicuous in the case of non-isothermal compression. In terms of fuels where 
oxygen requirements are greater than for combustion purely of the carbon component, an increase in the 
working pressure therefore results in the greater energy requirements for oxygen compression outweigh-
ing the work saved in the CO2 liquefaction process. 
 
For fuels with a high water content (e.g. all hydrocarbons), it is therefore more favorable to operate the 
combustion chamber at the lowest possible pressure. In certain circumstances, a slight advantage may be 
gained by increasing the pressure in the combustion chamber when using a type of coal, which has a 
high oxygen component. 
 
In the case of CO2 cycles, which situate the lower operating pressure close to the critical point, the effi-
ciency advantage posed by the more favorable cycles may outweigh the greater work done on oxygen 
compression, particularly if the compressor/turbine pressure ratio is lower than in other processes, mean-
ing that only a slight increase in combustion chamber pressure is required. 

3.6.4 Joule Cycle (Standard Gas Turbine) and Joule/Rankine Cycle (Gas/Steam Turbine 
Combined Cycle) 

Comparing the specific useful work (Wt) and efficiency (η) of gas turbines in solo operation and 
gas/steam turbine combined cycles, which use air as a gas turbine working fluid, with the values of 
processes, in which CO2 is used as a working fluid, it can be seen that the Wt-η lines of both working 
fluids lie one on top of the other (if an ideal gas with constant heat capacity is assumed). If the energy 
required for O2 generation is omitted, they differ only in the setting of the pressure ratios. If tempera-
ture-dependent heat capacity is incorporated in the calculations, the position of the graphs in relation to 
each other changes slightly (Figure 3.70). This leads to the conclusion that approximately the same effi-
ciencies and useful work may be achieved using either air or CO2 as a working fluid, on condition that 
the compressor pressure ratio for processes using CO2 as a working fluid is set high enough. The reason 
for this is that the isentropic exponent of CO2 is lower than that of air. 
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Figure 3.70: Specific useful work and overall efficiency (excluding energy requirements for O2 generation) of a 

gas turbine (solo operation) and combined cycle with combustion with air and with CO2/O2, in 
dependence on the compressor pressure ratio. The capacity of the heat recovery steam cycle is 
taken into consideration in the form of the exergetic efficiency of exergy utilization in the heat 
recovery steam cycle (p 66); calculation for ideal gas and constant/ temperature-dependent heat 
capacity; efficiencies: compressor ηisentropic = 92%, turbine ηisentropic = 86%. 

Literature sources cite the following figures to achieve maximum work and maximum efficiency, re-
spectively, of the CO2 gas turbine: pressure ratios of 55 and 395, respectively, [110], at a turbine inlet 
temperature of 1150ºC, and pressure ratios of 15 and 140, respectively, [112] at a turbine inlet tempera-
ture of 1200ºC. If the energy requirements for O2 generation are included, this reduces the efficiency of 
the CO2 gas turbine by around 10 percentage points, compared to that of a gas turbine operated using air. 

3.6.5 Other Cycles with CO2 as Working Fluid 

In order to evaluate cycles using CO2-rich flue gas as a working fluid, the quasi-combined cycle, [147] 
according to Figure 3.71 (as well as the variant with reheating known as the 'MATIANT' cycle [118]), 
and the Gohstjejn cycle were compared with the gas/steam turbine combined cycle (Joule/Rankine 
cycle) using CO2 as a working fluid. In the first two cycles, the working fluid is compressed after 
condensation and expanded in the supercritical region. In the quasi-combined or 'MATIANT' cycle, the 
highest process temperature comes in the combustion chamber prior to the low-pressure turbine. Before 
the high-pressure turbine, liquid working fluid is vaporized and superheated with hot feed gas from the 
low-pressure turbine using a recuperator. Without the high-pressure turbine, or with a pressure ratio of 1 
for the high-pressure turbine, the quasi-combined cycle becomes the Gohstjejn cycle with single-stage 
expansion. 
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Figure 3.71: Quasi-combined cycle according to Iantovski et al. [147]  
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Figure 3.72:  Water vapor content of the flue gas 

in the quasi-combined cycle from 
Figure 3.71, after condensation at 
20ºC, shown in relation to pressure. 
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Figure 3.73:  Influence of condenser tempera-

ture on overall efficiency of the 
quasi-combined cycle from Fig-
ure 3.71 

 
Iantovski et al. [147] cite an efficiency of 54.3% for the quasi-combined cycle at 60 bar, with a gas tur-
bine inlet temperature of 1300ºC, including O2 generation and CO2 capture in liquid state. However, 
more recent publications on the quasi-combined cycle with reheating (the 'MATIANT' cycle) have re-
duced the values of the component efficiencies and, as well as highlighting other limitations, they calcu-
late an efficiency of just 41.1% [118].  
 
Investigations carried out by the author of this study, which use the state points of the quasi-combined 
cycle according to Iantovski et al. [147], but which use modified compressor and turbine efficiencies, 
calculated an efficiency of 49.6% (Table 3.23). The differences in these results stem from different 
component efficiencies and differing physical properties models. Additionally, the calculations 
performed by the author of this study, for the same pressure ratios, are based on a turbine inlet 
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temperature of 1190ºC and single-stage or three-stage working fluid compression. The achievable 
efficiencies in these two cases are 45.1% and 47.1%, respectively. 
 
To calculate the process in dependence on pressure ratio, the lower process pressure is set at a constant 4 
bar (corresponding to suggestions put forward by Iantovski et al. [147]) and the water content prior to 
compression is reduced to a value, which results from cooling to 20ºC (Figure 3.72). Figure 3.74 shows 
the partial pressure ratios, which have been optimized for maximum efficiency, in dependence on over-
all pressure ratio. For overall pressure ratios below approx. 35 for single-stage compression, or below 
approx. 42 for three-stage compression, the high-pressure turbine is omitted, in order to avoid exit tem-
peratures above 600ºC at the low-pressure turbine. This satisfies the conditions of the Gohstjejn cycle. 
As shown in Figure 3.75, advantages in efficiency over the Gohstjejn cycle can only be obtained using 
the quasi-combined cycle if intercooled compression is used; specific work is invariably higher. Figure 
3.73 shows how efficiency is influenced by the condenser temperature. 
 
Compared to the gas/steam turbine combined cycle using CO2 as a gas turbine working fluid, a gas tur-
bine in which compression proceeds close to the critical point (e.g. Gohstjejn cycle, 'MATIANT' cycle) 
can obtain a roughly equally high efficiency and comparable specific work at lower pressure ratios (Fig-
ure 3.75). The advantage of the quasi-combined cycle is that CO2 liquefaction is already integrated. 
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Figure 3.74:  Pressure ratios in the 

Gohstjejn cycle and the 
quasi-combined cycle63 
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cycles using CO2 as a working fluid, in depend-
ence on pressure ratio (turbine inlet temperature 
(ISO 2314): 1190ºC) 63. 

 
The efficiency potentials of the various processes, which use CO2 as a gas turbine working fluid, lie too 
close to each other to identify any decisive process advantages based on this factor (Figure 3.75). 

                                                 
63 Efficiency and specific work including O2 generation; O2 compression and pump work. Partial pressure ratios are calcu-

lated to achieve maximum efficiency. For process data, see Table 3.23; gas turbine inlet temperature 1190ºC; lowest pres-
sure 4 bar; minimum temperature 20ºC. 
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Table 3.23: Comparison of the quasi-combined cycle with internal combustion, according to Iantovski et al. 
[147], with the cycle featuring sequential combustion known as the "MATIANT" cycle [118], and 
with my own calculations 

 Quasi-combined 
cycle [147] 

'MATIANT' cycle 
[118] 

Own calculations (ASPENplus)
(quasi-combined cycle ) 

TIT (ISO)   in °C 1300 1300/ 
IH 1300 

1300 1190 

Max. temp. in the recuperator in °C 600 600 600 
HP turbine inlet*  pressure in bar 
   temp. in °C 

240 
600 

300 
600 

240 
600 

MP turbine inlet** pressure in bar 
   temp. in °C 

60 
1300 

40 / IH 9.5 
1300 / IH 1300 

60 
1300 

60 
1190 

Min. pressure (H2O condensation) in bar 4 1 4 
Condenser temp.  in °C 20 29 20 
Components 
(isentropic efficiency) 

Efficiency 
in % 

No. of 
stages

Efficiency 
in % 

No. of 
stages

Efficiency 
in % 

No. of 
stages 

No. of 
stages 

Gas turbine (HP turbine) 85 1 75 2 90 1   
Steam turbine (MP turbine) 80 1 75 1 90 1   
CO2 compressor 80 3 75 3 85 3 3 1 
CO2 pump 60 1 75 1 73 1   
O2 compressor (pump) 1 75  85 2   
Fuel  (volume fractions) 100% CH4 84% CH4, 16% CO2 100% CH4 
O2 purity:  vol. fraction of O2 in % 98 99.5 98 
Energy expended on O2 generation 
   in kWh/kg O2 
at pressure   in bar 

 
0.2  
60  

 
0.37 
40 

 
0.27 

1 
ASU energy required, in relation to fuel 
energy (LHV)   in % 

7.0  not spec. 7.9 

O2 compression, in relation to fuel energy 
(LHV)   in % 

3.1  not spec. 3.8  

Specific output (related to fuel utilization in LHV, positive for production, negative for consumption) 
 LP turbine   in % 65.7 not spec.  62.4 61.9 62.4
 HP turbine  in % 14.5 not spec.  20.1 19.5 20.1
 compressor  in % -13.2 not spec.  -18.4 -19.8 -22.3
 pumps   in %   -1.4 not spec.  -2.9 -2.9 -3.5
 ASU   in %   -7.0 not spec.  -7.9 -7.9 -7.9
 O2 compressor  in % -3.1 not spec.  -3.7 -3.7 -3.7
 CH4 compressor  in %   -1.2 not spec.     
       

Power plant efficiency (LHV) in % 54.3 41.1  49.6 47.1 45.1
 

 * = pressure at point where CO2 is sluiced out 
 ** = combustion chamber pressure  
 

3.6.6 Parameter Studies for IGCC Power Plants with CO2 Recycling 
 
The remaining calculations are performed on the assumption of a combined cycle with a CO2 gas turbine 
(Joule cycle) and a subsequent steam Rankine cycle. 
 
The development of efficiency and specific work shown in Figure 3.76 makes it clear how, in contrast to 
IGCC power plants using air as a gas turbine working fluid, the maximum efficiency of an IGCC power 
plant using CO2 as a gas turbine working fluid no longer lies in the proximity of the compressor pressure 
ratio for maximum specific gas turbine work, but instead lies far above this. 
 
The compressor pressure ratios, optimized for overall efficiency, in an IGCC power plant with CO2 cap-
ture, after combustion in an O2/CO2 atmosphere, are more than twice as high as those of the correspond-
ing baseline IGCC power plant without CO2 capture (cf. Table 3.18). 
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Figure 3.76: Useful work/efficiency diagram (η-wt) of a gas turbine using CO2 as a working fluid (excluding 

ASU energy requirements), and of an IGCC power plant with combustion in an O2/CO2 atmosphere 
(including ASU energy requirements), in relation to compressor pressure ratio π and gas turbine 
inlet temperature (TIT) according to ISO 2314, Joule/Rankine combined cycle. 
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Figure 3.77: Efficiency penalty and efficiencies of an IGCC plant with combustion in an O2/CO2 atmosphere, in 

dependence on gas turbine inlet temperature 
 
Figure 3.77 shows a comparison of the achievable efficiencies, including CO2 liquefaction, as well as 
the efficiency penalty. As well as investigating the effect of raising the gas turbine inlet temperature, the 
possibility is also examined in these calculations of implementing a selective oxygen supply, without 
any further energy requirements (p 32 ff), for the combustion stage in the gas turbine (not for the oxygen 
required by the gasifier) (Figure 3.77). In this scenario, the efficiency including CO2 capture, but exclud-
ing CO2 liquefaction, is even higher than that of the baseline IGCC power plant.  
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As shown above, in Figure 3.70, this improvement over the baseline IGCC plant cannot be accounted 
for by improvements in the gas/steam turbine combined cycle, but instead is the result of improved 
exergy utilization in the gasifier island64, due to the higher gasification pressure, and an advantageous 
process arrangement which omits the addition of N2. In the baseline IGCC power plant, N2 from the air 
separation process is compressed to the fuel gas pressure and then mixed into the fuel gas for the 
purpose of NOx reduction. In an IGCC plant with an O2/CO2 gas turbine, dilution of the fuel gas with N2 
is not required and is therefore omitted. This, in turn, avoids the losses incurred through additional N2 
compression. Furthermore, an increase in gasification pressure improves the exergetic efficiency of the 
gasifier island, since, in the gasification process, a small gas volume (O2, steam) is used to produce a 
larger volume of fuel gas, which can deliver more expansion work at a higher pressure. Figure 3.78 
shows the significant difference in the compressor pressure ratio of the gas turbine between the IGCC 
plant with combustion in an O2/CO2 atmosphere, and the baseline IGCC. It also presents a comparison 
of the exergetic efficiencies of the gasifier island. 
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Figure 3.78: Raising the pressure ratios of the gas turbine compressor (and therefore also the gasification pres-

sure) to achieve maximum IGCC efficiency as gas turbine inlet temperature rises, and the resulting 
increase of the exergetic efficiency of the gasifier island64, for an IGCC power plant with a gas tur-
bine using air (baseline IGCC) and CO2 (O2/CO2 IGCC) as a working fluid. 

 
The largest exergy losses due to CO2 capture are caused by the exergy of the separated CO2, O2 genera-
tion and CO2 liquefaction. Exergy losses in the gasification stage and the combustion chamber, on the 
other hand, are lower than in the baseline IGCC. The extent to which CO2 capture contributes to the ef-
ficiency penalty is determined by three sub-processes (Figure 3.79, Figure 3.80), whereby the last of 
these improves the efficiency: 
•  Generation of high-purity oxygen using an air separation unit (an efficiency penalty of approx. 4 to 

4.5 percentage points), 
•  CO2 liquefaction (efficiency penalty of approx. 4 percentage points), and 
•  Improvement to the exergetic efficiency of the gasifier island (efficiency improvement of between 1.8 

and 2.8 percentage points, depending on the pressure). 
 
However, the values calculated here only apply subject to the proviso that the same compressor and tur-
bine efficiencies can be achieved as in the baseline case, even at the high pressures which are required in 
the CO2 gas turbine. In a real case, the advantages of the increased gasification pressure will be some-
                                                 
64 The gasifier island comprises: the gasification, gas cooling, gas cleaning, reheating and humidification. The exergetic 

efficiency includes the exergy of all the imported and exported material flows (coal, O2, steam, water, fuel gas). 
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what tempered by lower component efficiencies. Furthermore, there is some uncertainty as to the proc-
ess data to be used, e.g. in terms of required fuel gas humidification. 
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Figure 3.79: Comparison of the exergy losses of the baseline IGCC plant and an IGCC plant with combustion in 

an O2/CO2 atmosphere 
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Figure 3.80: Proportions of the efficiency penalty due to CO2 capture attributable to O2 generation and CO2 liq-

uefaction, together with the increase in efficiency improvement as gas turbine inlet temperature is 
raised 
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Table 3.24: Operating parameters and results for IGCC power plants with an O2/CO2 gas turbine with varying 
gas turbine inlet temperatures 

 Assumptions 
Gasification temperature  1302°C 

Gasification pressure in bar 76 111 161 261 
Gas turbine inlet temperature (ISO 2314) 1250 1300 1400 1500 
Compressor pressure ratio of gas turbine 65 100 150 200 
CO2 capture ratio 100% 
O2 purity 95% Volume fraction 
Energy requirements for air separation  0.25 kWh/kg O2 
 

Results: 
Output and Internal Consumption  in MW (positive = delivery of electric power, negative = consumption ) 
Coal energy supplied (LHV) 874.9 
CO2 gas turbine  313.72 330.16 347.34 360.46 
 

 Steam from GT waste heat 170.18 159.72 154.64 152.89 
 Steam from raw gas cooling 39.1 40.5 42.0 43.3 
 Low temperature raw gas cooling -8.3 -9.0 -9.7 -10.2 
 Steam for drying coal -0.5 -0.5 -0.5 -0.5 
 Feedwater for gasification -1.8 -1.9 -2.0 -2.2 
Σ Steam turbine output Σ  198.8 Σ  188.8 Σ  184.4 Σ  183.4 
 

O2+N2 compression for gasification -31.47 -32.78 -34.10 -35.07 
O2 generation for gas turbine -44.00 -44.06 -44.13 -44.20 
Desulfurization -1.44 -1.07 -0.71 -0.44 
Other internal consumption -16.66 -16.66 -16.66 -16.66 
CO2 compression/liquefaction at 110 bar -33.9 -34.0 -33.9 -33.9 
 

Net output 385.0 390.4 402.3 413.5 
 

Power plant net efficiencies  in % 
LHV (CO2 liquid) 44.0 44.6 46.0 47.3 
LHV (CO2 gaseous) 47.9 48.5 49.9 51.1 
HHV, (CO2 liquid) 42.3 42.9 44.2 45.4 
Exergy (CO2 liquid) 41.6 42.2 43.5 44.7 
 

CO2 emissions in kg CO2/kWh  ≈ 0 
 

3.6.7 Processes with Coal Gasification and H2/CO Separation 

Figures 3.81 to 3.85 and Table 3.26 contain the results of calculations, performed by the author of this 
study, for an IGCC power plant with an H2/CO separation membrane, in accordance with Figure 2.19, 
with a membrane selectivity of 60 for H2 to CO and a gas turbine inlet temperature of 1190ºC. 
 
The more H2 permeating through the membrane, the greater the energy supplied to the air-operated gas 
turbine. Since CO2 also permeates through at the same time as H2, larger permeating mass flows of H2 
mean that less CO2 is captured (Figure 3.81). An efficiency of 43.3% including CO2 liquefaction (effi-
ciency penalty of 7.9 percentage points) was calculated with a CO2 capture ratio of 87.7% (Figure 3.82). 
 
Compared to the baseline IGCC power plant, the greatest exergy losses in this case are caused by the 
exergy of the separated CO2 and the generation of O2 for burning the retentate (Figure 3.83).    In 
addition to the energy requirements for O2 generation and CO2 liquefaction, efficiency is also reduced in 
this case due to pressure losses in the membrane (Figure 3.84). A further efficiency penalty occurs due 
to a unfavorable process pressure for one of the two gas turbine processes. 
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Based on the assumptions used in this case, the IGCC power plant with H2/CO separation achieves a 
higher efficiency than an IGCC power plant with CO conversion and H2 separation using a membrane, 
but a lower efficiency than that obtained in the case of CO conversion and CO2 scrubbing (Figure 3.85). 

0%

10%

20%

30%

40%

50%
60%

70%

80%

90%

100%

0% 25% 50% 75% 100%
CO2 retention rate

H2 removal

CO2 retention in membrane

ratio: mole permeate / mole feed

volume fraction CO (retentate)

volume fraction CO (permeate)

volume fraction H2 (permeate)

volume fraction H2 (retentate)

Abscissa values:

 
Figure 3.81:  Separation characteristics of the H2/CO membrane in dependence on CO2 capture ratio 
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Figure 3.82: IGCC net efficiency, efficiency penalty and specific energy requirements for CO2 capture in the 

IGCC plant with H2/CO separation according to Figure 2.19 

Table 3.25: Relative permeability of the individual gas components for H2/CO separation with Knudsen diffu-
sion according to Equation 2.4 

O2 0.016 
H2O 0.021 
CO2 0.013 
N2 0.017 
Ar 0.014 
SO2 0.011 
H2 1 
CO 0.017 
CH4 0.022 
H2S 0.015 
COS 0.011 
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Figure 3.83: Exergy losses of the baseline IGCC power plant and of the IGCC plant with H2/CO separation with 

a CO2 capture ratio of 87.7% 
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Table 3.26: Operating parameters and results of the calculations of H2/CO separation in the membrane in an 
IGCC. 

 min. CO2 capture max. CO2 capture 
Ratio of molar flow rates from permeate to feed 60% 30% 
Pressure ratio permeate/feed 0.44 0.33 
Selectivity H2/CO 60 60 
Relative Permeability - see Table 3.25 
 

Results: 
CO2 capture ratio (incl. CO, CH4, COS) 45.6% 87.7% 
CO2 separation factor of the membrane (retentate without CO, CH4, 
COS) 

52.3% 90.1% 

H2 permeation 72.6% 65.0% 
 Composition of the retentate, proportions by weight 

CO2 0.8% 0.7% 
H2 2.2% 1.5% 
CO 90.1% 91.1% 
CH4 0.2% 0.3% 
kg/s 24.6 46.9 

 Composition of the permeate, proportions by weight 
CO2 0.6% 0.5% 
H2 4.6% 16.5% 
CO 88.4% 77.4% 
CH4 0.3% 0.3% 
kg/s 29.9 7.6 

 
Output and Internal Consumption in MW (positive = delivery of electric power, negative = consumption ) 
Coal energy delivered (LHV) 874.9 874.9 
Gas turbine 1 (working fluid: air) 179.0 90.4 
Gas turbine 2 (working fluid: CO2), incl. retentate compression 108.2 191.7 
 
 Steam from GT waste heat (GT 1) 102.3 44.5 
 Steam from GT waste heat (GT 2) 67.4 120.0 
 Steam from raw gas cooling 30.7 34.2 
 Low temperature raw gas cooling -10.0 -5.0 
 Steam for drying coal -0.5 -0.5 
 Feedwater for gasification -1.5 -1.5 
Σ  Steam turbine Σ  188.4 Σ  191.7 
 
O2+N2 compression for gasification -19.7 -19.7 
ASU for gas turbine 2 (addition of O2 at 1 bar prior to compressor) -17.4 -30.6 
Permeate compression -4.4 -3.1 
Desulfurization -2.4 -2.4 
Other internal consumption -16.7 -16.7 
CO2 compression/liquefaction at 110 bar -14.2 -27.4 
 
Net output 400.7 374.0 
 
 Power plant net efficiencies   in % 
LHV (CO2 liquid) 45.8 42.7 
LHV (CO2 gaseous) 47.4 45.9 
HHV (CO2 liquid) 44.0 41.1 
Exergy (CO2 liquid) 43.3 40.4 
 
CO2 emissions in kg CO2/kWh (with retention of liquid CO2) 0.379 0.091 
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3.7 Process Family III: CO2 Separation from Flue Gases 
 
If figures are available for specific work 

2COw  required for CO2 separation, or the equivalent electrical 
energy of the heat required65, Equation 2.20 may be used to approximately calculate efficiency 1η  of the 

process with CO2 separation from separated mass flow of CO2 mCO
.

2 , fuel energy input FF LHVm
.

 and 
overall efficiency of the basic process without CO2 separation 0η . 
 
Table 3.27 shows the ranges of energy requirements of various CO2 separation processes, where heat 
consumption is expressed in terms of reduced steam cycle performance. For chemical scrubbing, the 
exergetic efficiency, in relation to the reversible separation work, lies between approx. 9% and 21%. 
This gives an efficiency penalty attributable to CO2 scrubbing of between 6 and 16 percentage points, 
and an equivalent electrical energy requirement66 of the scrubbing process of between approx. 0.23 and 
0.75 kWh per kg of separated CO2 (this range also incorporates the various flue gas compositions -- Fig-
ure 3.86).   
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Figure 3.86: Calculation of the power plant efficiency penalty due to CO2 separation from the flue gas, and the 
equivalent electrical energy requirements66, in hard coal-fired and natural gas-fired processes, in de-
pendence on the exergetic efficiency of the CO2 separation process (see Table 3.10 for the gas 
compositions used in the calculations). Ranges are drawn in, as examples, for the exergetic effi-
ciency of chemical scrubbing, scrubbing with seawater, membrane processes and adsorption proc-
esses. 

 

                                                 
65 If the heat requirement is calculated as the reduced performance of the steam turbine due to steam extraction. For more 

details, see Appendix, Section 6.6. 
66 Sum of electrical energy requirement and reduction in steam turbine output due to the heat requirement. 

  ∆
η 
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Table 3.27: Range of equivalent electrical energy requirements66 for various CO2 separation processes (flue 
gases with higher CO2 content represent the lower end of the range of energy values given in each 
case) 

CO2 Separation Method Absorbent / Comments Equivalent electrical energy requirement66  
in kWh/kg CO2 

Chemical absorption aqueous amine, hot potassium carbonate, 
(Table 6.7) 

0.28- 0.8 

Physical absorption with 
seawater 

absorbent: water (without regeneration, see 
Section 3.4, Figure 3.15) 

0.38 - 1.16 

Distillation  0.6 - 1 
Freezing theoretical values [74] 0.35 - 0.38 
Membrane selectivity approx. 25-40   (own calculation) 0.4 -1.5 
Adsorption   (own calculation) 0.4 - 1.3 
 
 
3.8 Process Family IV: Carbon Separation 
 
Processes involving the separation of carbon (Process Family IV) are not analyzed in any greater depth 
within the context of this study, since this process does not involve CO2 capture in power plants, and 
utilization of the fuel is incomplete. 
 
3.9 Process Family V: CO2 Capture with Fuel Cells 
 
If CO2 capture causes the composition of the fuel gas in the fuel cell to change, this will also have an 
influence on fuel conversion in the fuel cell, and on the efficiency of the fuel cell itself. However, this 
influence on the efficiency of the fuel cell is not evaluated in this study. Only a rough estimation is given 
of the expenditure required, in principle, for CO2 capture. 
 
In the case of CO2 separation prior to the fuel cell from a synthesis gas after CO conversion (after coal 
gasification or natural gas reforming), the efficiency penalty in processes with coal gasification (as de-
scribed for Process Family I) lies between 4 and 6 percentage points, plus approx. 5 percentage points 
for CO2 liquefaction. In the case of CO2 capture after natural gas reforming and CO conversion, the effi-
ciency of a power plant using fuel cells (corresponding to the values from Process Family I) decreases 
by around 10 to 14 percentage points, and a further 2 to 3 percentage points are lost due to CO2 liquefac-
tion. 
 
CO2 capture performed using the method of CO conversion in the anode exhaust gas and H2/CO2 separa-
tion makes the best use of the internal gas separation process (O2 separation in SOFC, MCFC, and H2 
separation in PEMFC, PAFC). An efficiency penalty of less than 2 percentage points can be achieved in 
this way. 
 
If the anode exhaust gas is subsequently burnt, and the cathode intake air is mixed in, then CO2 
separation from the cathode exhaust gas will produce efficiency penalties corresponding to the 
expenditures of Process Family III. 
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3.10 Minimum Energy Requirements of CO2 Capture 
 
Depending on the method used, the minimum energy requirement for CO2 capture is defined, in the 
different Process Families, by reversible gas separation (separation of CO2, H2 or O2) and ideal CO 
conversion, or ideal reforming, respectively. Ideal CO conversion, or reforming, is conceivable using a 
reactor with an endless number of stages, in which steam is added on a constant basis and heat is either 
released or, in the case of reforming, added (Section 3.5.1, Figure 3.34, Figure 3.35). In this way, a 
minimal excess of water and optimum heat utilization are guaranteed. 
 
With retention of 90% of the CO2 from the flue gas of a coal-fired steam power plant, CO2 flue gas 
scrubbing using an aqueous MEA solution with a mass fraction of 20% obtains an exergetic efficiency 
of 14% and an efficiency penalty of approx. 9 percentage points. With reversible CO2 separation, the 
efficiency penalty according to Figure 3.86 would be around 1.5 percentage points. 
 
Working on the assumption of reversible gas separation, instead of a physical scrubbing process with an 
exergetic efficiency of 30.5%, efficiency increases by approx. 2.2 percentage points, as shown in Figure 
3.39. This reduces the efficiency penalty from 5.6 to 3.4 percentage points. 
 
Assuming an ideal reactor with an endless number of stages, as against a two-stage reactor, the exergetic 
efficiency of gas conversion via a CO shift reaction improves from approx. 92.3% (Figure 3.36) to 
97.3% (Figure 3.34). According to Figure 3.40, the corresponding 61% reduction in exergy losses in the 
CO shift reaction would cause the efficiency penalty to drop by around 2.3 percentage points, i.e. 
increasing plant efficiency by this amount. For an IGCC power plant with reversible CO2 separation 
after ideal CO conversion, CO2 capture would cause efficiency to drop only by around 1.1 percentage 
points, if CO2 were separated in gaseous state. 
 
For processes involving combustion in an atmosphere of O2/CO2, the efficiency penalty can be directly 
attributed to the energy consumed in generating O2. If the energy consumption of an air separation unit 
(about 0.27 kWh per kg O2) is replaced by that of reversible separation of O2 from air67 (0.0336 kWh per 
kg O2) (Table 3.13), an efficiency penalty of just 0.5 percentage points is obtained, as against 4 
percentage points with a technically feasible air separation unit. If it should become possible to supply 
O2 through selective mass transfer of O2, this would allow the energy required for O2 supply to be 
reduced to a negligible value (theoretically to a minimum of zero). 
 
Comparison with ideal process steps clearly shows that, for CO2 separation (the gas separation process 
alone), less energy is required to be expended at higher CO2 concentrations, than at lower CO2 
concentrations. Theoretically, however, the expenditure of energy to separate O2 from air for 
combustion in an atmosphere of O2/CO2 is even lower than any type of CO2 capture from flue gases or 
from synthesis gases. 

                                                 
67 i.e. separation from air of the O2 component alone, and not separation into all components, as in the case of minimum 

work for air separation. 
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4 ECONOMIC COMPARISON OF POWER PLANT CYCLES WITH CO2 CAPTURE 
 
This section contains a description of the additional investment and electricity generating costs of CO2 
capture and CO2 liquefaction for the different process variants, together with a comparison of the result-
ing CO2 avoidance costs (Equation 1.4). The section starts with an evaluation of the results of thermo-
dynamic calculations and cost data from published examples of power plant cycles with CO2 capture. 
This is then used as a basis for estimating cost trends in dependence on the efficiencies of the baseline 
power plants. 
 
4.1 Procedure 
 
Additional investment 

2COK∆  for CO2 separation is composed of increased investment gaseous ,CO Basis, 2
K∆  

for the baseline power plant due to reduced efficiency, and additional investment separationK
2CO equipment,  in 

the equipment required for CO2 separation and CO2 liquefaction ( onliquefacti 2COK∆ ):  
  separation CO  equipment,gaseous  ,CO  Basis,gaseous  ,CO 222

KKK +∆=∆  (4.1) 

 

  onliquefacti separation CO equipment,liquid ,CO Basis,liquid ,CO 2222 COKKKK ∆++∆=∆  (4.2) 

 

At a constant rate of fuel consumption, specific investment KBasis  increases in proportion to the 
reduction in output by iCOBasisK ,, 2

∆  in relation to the net output of the baseline power plant : 
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⋅=∆ 1

,
,,
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2
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iCO
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BasisiCOBasis KK

η
η  (4.3) 

(i= gaseous, liquid). 
 

Assuming that the net power output is to be maintained, the lower net efficiency of the power plant 
means that the size of the baseline power plant must be increased. Where degression exponents n  are 
smaller than 1, the specific fixed-cost component caused by the efficiency penalty becomes smaller. 
 
Investment in the equipment required for CO2 separation is calculated from the specific investments iK  
in individual items of equipment i used for CO2 separation, in dependence on the mass flow of the sepa-

rated CO2 separatedCOm ,

.

2  and of the oxygen, which is additionally required for combustion additionalOm ,

.

2  : 

  ∑ ⋅+⋅=
i

additionalOLZAseparatedCOiseparationCOequipment mKmKK ,

.

,

.

, 222
 (4.4) 

Specific investment onliquefacti 2COK∆  for CO2 liquefaction includes not only investment 

onliquefactiCOequipment,K
2

 in the equipment required for liquefaction, but also, due to the additional efficiency 
penalty, increase separationCOequipmentK

2,∆  of the specific investment in the equipment used for CO2 capture, 
as set against the separation of gaseous CO2: 
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The electricity generating costs were calculated using the annuity method under the conditions described 
in Table 4.2 (Appendix, Section 6.7, [180]). The cost digression exponents n  used are given in Table 
4.1. Figure 4.1 shows the proportions of the investment and electricity generating costs represented by 
the individual process steps in CO2 capture, based on the example case of an IGCC with CO conversion 
and CO2 scrubbing, according to the results of the thermodynamic calculations from Section 3.5, Table 
3.16. 
 
The CO2 emissions reduction costs are heavily dependent on which baseline power plant is chosen as the 
reference case. In this example, the baseline case selected is always the same type of power plant. An 
alternative way to proceed would be to always relate the CO2 emissions reduction costs to a steam 
power plant, for example. 
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Figure 4.1: How investment and electricity generating costs are divided up for an IGCC with CO conversion and 
CO2 scrubbing with a turbine inlet temperature of 1250ºC, according to the results taken from Table 
3.16 and the costing details given in Table 4.2 and Table 4.5. 
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Table 4.1:  Cost degression exponents n  for investment according to Boeddicker [110] 
Power Plant / Components Cost Degression Exponent Related to Output of 
Gas turbine 0.57616 Gas turbine 
GTCC power plant (gas/steam turbine combined 
cycle power plant) 

0.8061 GTCC plant 

IGCC 0.71221 IGCC plant 
Pressurized Pulverized Coal-Fired Combined Cy-
cle 

1.09459 Whole plant 

Coal-fired steam power plant (Benson boiler) 0.75 Whole plant 
Steam turbine 0.76428 Steam cycle 
Heat Recovery Steam Generator 0.78255 Steam cycle 
 

 

Table 4.2: Factors which influence the calculation of electricity generating costs according to the annuity method 
(for calculation equations, see Appendix, Section 6.7, [180]) 

 

          Influencing Factors    Unit  
Ta  Utilization factor   (h/a) 7000 
nB  Construction period    (a) 3 
fE  Client's own contribution as % of plant costs (%) 5.0% 
fZB  Interest rate during construction period (discount rate) (%/a) 8.0% 
fV  Insurance rate over period of operation (%/a) 2.5% 
fe  Increase in fuel prices   (%/a) 1.5% 
kb  Fuel costs in base year  (US$/t) 51 
LHV  Heating value of the coal   (MJ/kg) 30 
nP  Duration of planning period prior to start of 

construction 
 (a) 1 

        
nL  Period of depreciation   (a) 25 
fI  General price escalation (inflation)  (%/a) 3.5% 
fS  Tax rate during period of construction  (%/a) 0.2% 
fW  Standardized rate of maintenance and repair costs + staff costs (%/a) 2.5% 
fZ  Interest rate during period of operation (%/a) 8.0% 
 

 

Fuel costs [12] 
coal 1.52 US$/GJ (44.58 US$/t coal equivalent, spot market, import price, sulfur <1%, north-west 

Europe) 
natural gas 2.24 US$/GJ (65.49 US$/t coal equivalent, spot market, import price, EU) 

 
 
4.2 Review of Literature 
 
To allow comparison of the data cited in literature sources at a standardized level of technology, 
calculations were performed of the additional investment costs, electricity generating costs and CO2 
avoidance costs, on the basis of the results of the thermodynamic analyses of data from the literature 
pertaining to levels of investment for component groups such as CO conversion, CO2 scrubbing and air 
separation units. The costs of component groups are presented in Table 4.3. For all the examples, it is 
assumed that the same power output should be obtained with and without CO2 capture, i.e. that the basic 
component of the power plant with CO2 capture must be increased by a degree large enough to 
compensate for the efficiency penalty caused by CO2 separation and liquefaction. In some cases, missing 
data on separated CO2 mass flow was calculated from assumptions concerning the fuel. The deviation of 
the specific levels of investment calculated in this manner is approximately ±30% compared with the 
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data from the literature. In some cases, the cost data contained in the literature itself for the same type of 
power plant differs by more than 50%. 
 
The specific investment calculated for power plants with CO2 capture was used to calculate the electric-
ity generating costs for the first year of operation, using the factors given in Table 4.2. The electricity 
generating costs and the data on specific CO2 emissions were then used to determine CO2 avoidance 
costs, according to Equation 1.44, for CO2 emissions reduction as compared to the baseline power plant 
without CO2 capture. The results obtained from a review of the literature are presented in Figures 4.3 to 
4.7. The figures clearly illustrate the wide range over which the costs are spread, due to uncertainties at 
the current level of technology in the field of CO2 capture. 
 
Although calculations for MHD combined cycle power plants are to be found in the literature, MHD 
plants do not fall within the current state of the technology, nor have they been constructed as demon-
stration facilities. Equally, combined cycle power plants using SOFC or MCFC fuel cells should also be 
seen as a future option. 
 
In the majority of cases, the additional specific investment (Figure 4.3, Figure 4.4) is primarily caused 
by the equipment required for CO2 capture, followed by the additional specific investment resulting 
from the reduction in efficiency of the baseline power plant. In the majority of cases, these are then fol-
lowed, in almost equal proportions, by the additional investment in equipment required for CO2 lique-
faction, and for the efficiency penalty due to CO2 liquefaction. 
 
The rise in electricity generating costs and CO2 avoidance costs is caused not only by the additional in-
vestment (equipment required, and larger baseline power plant) but also, quite substantially, by higher 
specific fuel consumption. In virtually all cases where electricity generating costs (Figure 4.5, Figure 
4.6) and CO2 avoidance costs (Figure 4.7) increase, the proportion attributable to CO2 capture is larger 
than that attributable to CO2 liquefaction. 
 
The additional investment required, and the increase in electricity generating costs and CO2 avoidance 
costs (related to the same type of baseline power plant), are all at their lowest in an IGCC power plant 
with CO2 separation after CO conversion. In a comparison of the electricity generating costs, the steam 
power plant with CO2 scrubbing from the flue gases is slightly ahead of the rest of the field, although the 
efficiencies are lower (Figure 4.2, Figure 4.5, Figure 4.6). According to data from the literature, the 
investment required for the steam power plant is also significantly lower than for the IGCC power plant 
(Figure 4.3). Finally, with regard to cycles with CO2 capture using high-temperature fuel cells, the 
additional levels of investment and CO2 avoidance costs may indeed be low (based on a comparable 
power plant, which also uses fuel cells), but the high specific investment required for the baseline power 
plant nevertheless means that the electricity generating costs are substantially higher than in any of the 
other variants. 
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Table 4.3: Specific investment required for the individual components of CO2 separation, according to a review 
of the literature. See Table 4.5 for the author's own calculations. (Calculations are based on the specific in-
vestment related to the mass flow of CO2 or O2, respectively. The specific investment related to electrical power 
plant net output merely serves as a reference value illustrating the additional investment in the power plant.) 

 

Process Family I 
CO2 Separation From Synthesis Gas After CO Shift 

CO Conversion 
Raw gas CO shift conversion Clean gas CO shift conver-

sion  
+ Rectisol 

Membrane reactor  
(CO shift conversion + H2 

membrane) 

Reforming + CO shift con-
version 

44-184 US$/kW 230 US$/kW 74 US$/kW 170 US$/kW 
170 � 680 US$/(t CO2/s) 1190 US$/(t CO2/s) 462 US$/(t CO2/s) 1815 US$/(t CO2/s) 

CO2 Separation (synthesis gas under pressure) 
Selexol DEMEA MDEA Polymer membrane (CO/H2)

70 � 80 US$/kW 310 US$/kW 96 US$/kW 28 US$/kW 
250 � 360 US$/(t CO2/s) 1130 US$/(t CO2/s) 1590 US$/(t CO2/s) 125 US$/(t CO2/s) 

 

Process Family II 
CO2 Concentration in the Waste Gas (flue gas recirculation, O2 supply) 

Air Separation Unit (O2 production) Steam Power Plant: 
modifications to the boiler 

Exhaust gas cooler, flue gas recircula-
tion 

≈60 US$/kW ≈125 US$/kW ≈40 US$/kW 
 700 � 2100 US$/(t O2/s) 500 US$/(CO2/s) 300 US$/(t CO2/s) 

 

Process Family III 
CO2 separation from the flue gas (CO2 scrubbing, chem. absorption with MEA) 

Coal-fired steam power plant (SPP) Natural gas-fired gas/steam turbine  
combined cycle power plant 

140 � 460 US$/kW 250 US$/kW 
570 1250 US$/(t CO2/s) 2300 US$/(t CO2/s) 

 

CO2 Liquefaction, Transport, Sequestration 
CO2 liquefaction Pipeline Sequestration 

30 � 480 US$ /kW 120 � 610 US$/kW 190 � 215 US$/kW 
 215 � 1930 US$/(t CO2/s) 570 � 2550 US$/(t CO2/s) 570 � 680 US$/(t CO2/s) 
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Table 4.4:  Description of cases shown in Figures 4.3 to 4.7 
No. in 
Figure 

Original Source Type of Power Plant CO2 Separation/Capture 

COAL-FIRED CYCLES 
Process Family I: CO2 separation from synthesis gas after CO shift 

(1) Condorelli et al. (EPRI)[86] IGCC, quenching 
with water 

phys. absorption 

(2) Shell [81] IGCC chemical absorption 
(3) Pruschek et al. [20] IGCC physical absorption 
(4) Hendriks [16] IGCC physical absorption 
(5) Daun [87] IGCC physical absorption 
(6) Koetzier et al. [17] IGCC physical absorption 
(7) Jansen et al. [92, 93] IGCC membrane 
(8) Alderliesten et al. [94] IGCC membrane reactor 

Process Family II: CO2 concentration in the exhaust gas 
(9) Hendriks [16] IGCC H2/CO membrane, GT with air + O2/CO2 GT 

(10) Boeddicker [110] IGCC combustion in an atmosphere of O2/CO2  
(11) v. Steenderen [133] IGCC combustion in an atmosphere of O2/CO2  
(12) v. Steenderen [133] IGCC combustion in an atmosphere of O2/CO2  
(13) McMullan et al. [123] IGCC hybrid combustion in an atmosphere of O2/CO2  
(14) McMullan et al. [123] SPP combustion in an atmosphere of O2/CO2  
(15) IEA GHG [18] SPP combustion in an atmosphere of O2/CO2  
(16) Herzog et al. [124] SPP combustion in an atmosphere of O2/CO2  
(17) Allam et al. [125] SPP combustion in an atmosphere of O2/CO2  
(18) McMullan et al. [123] MHD combustion in an atmosphere of O2/CO2  

Process Family III: CO2 separation from the flue gas 
(19) McMullan et al. [123] MHD chem. absorption with MEA 
(20) McMullan et al. [123] IGCC hybrid chem. absorption with MEA 
(21) Hendriks [16] SPP, MEA chem. absorption with MEA 
(22) McMullan et al. [123] SPP, MEA chem. absorption with MEA 
(23) Smelser et al. [154] SPP, MEA chem. absorption with MEA 

Process Family V: CO2 capture with fuel cells 
(24) McMullan et al. [32] IGCC/MCFC before anode (reforming + CO shift conversion + 

scrubbing) 
(25) McMullan et al. [32] IGCC/SOFC CO2 separation from anode exhaust gas after CO 

shift conversion 
NATURAL GAS-FIRED CYCLES 

Process Family I: CO2 separation from synthesis gas after CO shift 
(26) Hille [100] GTCC (combined 

cycle) power plant 
externally-heated reforming, CO conversion, chem. 

absorption 
(27) Koerdt [177] CRGT power plant recuperatively-heated reforming, CO conversion, 

chem. absorption 
Process Family II: CO2 concentration in the exhaust gas 

(28) de Ruyck et al. [145, 146] REVAP (similar to 
HAT) 

combustion in an atmosphere of O2/CO2  

(29) Bolland [144] GTCC power plant 
(gas/steam turbine 

combined cycle 
power plant) 

combustion in an atmosphere of O2/CO2  

Process Family III: CO2 separation from the flue gas 
(30) Bolland [144] GTCC power plant chem. absorption with MEA 
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Figure 4.2:  Efficiencies of power plants with CO2 capture and CO2 liquefaction (review of the literature, Table 
4.4) 
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Figure 4.3: Investment required for power plants with CO2 capture and CO2 liquefaction (review of the literature, 

Table 4.4). 
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Figure 4.4: Proportions of the specific additional investment represented by CO2 capture and CO2 liquefaction 

(review of the literature, Table 4.4). 
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Figure 4.5: Calculated electricity generating costs (review of the literature, Table 4.4) 
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4.3 Development Potential 
 
In the last section, the performance data and overall investment figures presented in the literature 
sources were used to recalculate the components of the additional investment (in part from assumed 
partial costs) and to calculate the electricity generating costs and CO2 avoidance costs under uniform 
conditions (Table 4.2). The same cost conditions will be used in this section to calculate the cost 
trend in CO2 capture from an IGCC power plant, with efficiency improvement of the baseline power 
plant, according to the results of Section 3, and according to the specific investment described in 
Table 4.5. 
 
If, in the future, gas turbine inlet temperatures can be raised to around 1500ºC, then an IGCC effi-
ciency (without CO2 capture) of 54% seems achievable (Figure 4.8, results of Section 3). This, in 
turn, will improve the efficiency of IGCC power plants with CO2 separation. According to the results 
of Section 3, the efficiency of an IGCC using a membrane separation method of CO2 capture is lower 
than that of variants which use CO conversion and physical scrubbing or combustion in an O2/CO2 
atmosphere. For the costing of CO2 capture in an IGCC power plant, only the IGCC process variants 
with CO conversion and physical scrubbing, and the IGCC with combustion in an O2/CO2 
atmosphere, are compared. For an IGCC power plant featuring combustion in an O2/CO2 atmosphere, 
a band of values is given, ranging from the current technology of generating O2 by means of air 
separation, to an ideal process of O2 supply without any additional energy requirements (see Section 
3.6.2). 
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Figure 4.8: Graph showing how IGCC efficiency (with and without CO2 capture) develops as gas turbine inlet 

temperature increases (results from Section 3). 

Under the assumptions made in this case, specific investment for an IGCC power plant with CO2 
capture after combustion in an O2/CO2 atmosphere, and with an air separation unit, is slightly higher 
than that of the IGCC with CO conversion and physical scrubbing (Figure 4.9). For an IGCC power 
plant with CO2 capture after combustion in an O2/CO2 atmosphere, with a selective oxygen supply 
which does not require additional energy, it is assumed that the additional investment related to the 
O2 mass flow is equivalent to that of an air separation unit. The higher level of efficiency means that 
the specific investment for this IGCC power plant drops to approximately the value for the IGCC 
power plant with CO2 capture by means of CO conversion and physical scrubbing. As the efficiency 
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of the baseline IGCC power plant increases, a decrease can be seen in the efficiency penalty due to 
CO2 capture as a proportion of the gross power output of the power plant. Consequently, the specific 
investment required for the IGCC power plant with CO2 capture also decreases slightly (Figure 4.9). 
Additionally, as the efficiency of the baseline IGCC power plant improves, there is also a drop in 
electricity generating costs (Figure 4.10) and CO2 avoidance costs (Figure 4.11). 
 
At current levels of technology of CO2 capture from IGCC power plants, the variant with CO 
conversion and physical scrubbing is more economical than the variant with air separation and 
combustion in an O2/CO2 atmosphere. Moreover, the CO2 gas turbine for this latter variant is not yet 
commercially available, since the technology has not yet been developed. 
 
If it should become possible to implement O2 supply without any additional energy requirements, and 
if a CO2 gas turbine should become available, the only remaining energy requirements would be for 
CO2 liquefaction; the IGCC power plant with combustion in an O2/CO2 atmosphere would then 
achieve the lowest costs of CO2 capture in fossil fuel-fired power plants, based on the assumptions 
described, even if the additional investment were similar to that of the alternative air separation unit. 
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Figure 4.9: Specific investment for an IGCC power plant with CO conversion and CO2 scrubbing, and an 

IGCC power plant with combustion in an O2/CO2 atmosphere, in dependence on the efficiency of 
the baseline IGCC power plant without CO2 capture 
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Figure 4.10: Electricity generating costs in an IGCC power plant with CO conversion and CO2 scrubbing, and 

an IGCC power plant with combustion in an O2/CO2 atmosphere, in dependence on the efficiency 
of the baseline IGCC power plant without CO2 capture
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Figure 4.11: CO2 avoidance costs in an IGCC power plant with CO conversion and CO2 scrubbing, and an 

IGCC power plant with combustion in an O2/CO2 atmosphere, in dependence on the efficiency of 
the baseline IGCC power plant without CO2 capture 

 
Table 4.5: Assumed specific level of investment for baseline power plants and components of CO2 capture 
Power plants without CO2 separation: 
 Steam power plant (hard coal) 1050 US$/kW 
 IGCC power plant 1110 US$/kW 
 Gas/steam turbine combined cycle power plant 510 US$/kW 
Components of CO2 capture: 
 CO conversion 170000  US$/(kg CO2/s) 
 CO2 scrubbing - Selexol 280000  US$/(kg CO2/s) 
 CO2 scrubbing - MEA 1400000  US$/(kg CO2/s) 

Air Separation Unit (ASU) or selective O2 supply (without 
additional energy requirements) 

1700000  US$/(kg O2/s) 

 Other, e.g. CO2 recycling, piping 110000  US$/(kg CO2/s) 
 CO2 compression, liquefaction 500000  US$/(kg CO2/s) 
 
 
4.4 Comparison with Alternative Measures 
 
The CO2 avoidance costs due to CO2 capture in power plants have been calculated as lying between 
20 and 45 US$ /t CO2. These figures do not include the cost of CO2 transport and disposal. The trans-
port cost, of between 6 and 8 US$ /t CO2 for a pipeline length of 1000 km, and the cost of disposal, 
amounting to between 1 and 6 US$ /t CO2, must therefore be added to the figures for CO2 avoidance 
costs (see Table 2.3). Thus, CO2 avoidance costs for CO2 capture in power plants and CO2 disposal 
lie between 29 and 59 US$ /t CO2. 
 
Through measures such as switching to CO2-lean fuels, cogeneration efficiency improvement, and 
increased building of nuclear power plants, CO2 emissions reductions of between approximately 8% 
and 14.5% can be achieved (Appendix, Table 6.20). Depending on the method used, CO2 capture in 
power plants can result in CO2 emissions from power plants being reduced by anywhere between 
80% and virtually 100%. Since power plants are only one of the factors contributing to global CO2 
emissions (currently around 20% ), the contribution towards the global reduction of CO2 emissions is 
correspondingly lower, even if CO2 capture is performed in all power plants. 
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CO2 capture in power plants is only likely to be implemented at the point where a reduction in CO2 
emissions can no longer be achieved more economically using other means. According to information 
provided by the IW (Institut der deutschen Wirtschaft = Institute for Business Research), CO2 avoid-
ance costs in Germany are likely to be as follows, depending on the reduction targets [181]: 
 
•  Reducing CO2 emissions in Germany by 10% would incur a reduction cost per ton of CO2 of 

around 22 US$.  
•  Reducing CO2 emissions by 25% would push the cost of this reduction up to 348 US$ per ton of 

CO2 avoided. 
 
For CO2 emissions reduction targets of around 10%, it would therefore also be sensible to ascertain 
the costs of other measures for CO2 emissions reduction. It is hard to estimate the cost of energy 
savings, where these go beyond an increase in the efficiency of energy conversion systems, e.g. 
factors such as avoidance of energy usage. With a saving of up to 25% of primary energy, reducing 
CO2 emissions by improving thermal insulation in housing, through retrofitting, can be essentially 
self-financing. Achieving a higher rate of energy savings incurs costs of up to 369 US$ /t CO2, 
depending on the intensity of the measure [87]. According to Pruschek et al. [19], specific CO2 
avoidance costs of between 4.3 and 26 US$ /t CO2 can be calculated for efficiency-improving 
retrofitting measures, which need not, however, lead to an increase in electricity generating costs, 
assuming that the fuel savings obtained through improved efficiency compensate for the additional 
investment. Replacing coal-fired power plants with wind energy converters having electricity 
generating costs of between 0.09 and 0.17 US$ /kWh incurs estimated CO2 avoidance costs of 
between 82 and 204 US$ /t CO2 [182]. The use of photovoltaics, with electricity generating costs of 
between 0.9 and 1.1 US$ /kWh, incurs CO2 avoidance costs of between 850 and 1200 US$ /t CO2. In 
the context of negotiations on future reductions in CO2 emissions, discussion has also focused on the 
trading of CO2 emissions rights certificates at prices of between around 3 and 30 US$ per ton CO2 
[183]. Other measures of reducing CO2 emissions would also have to compete with this approach. 
 
If CO2 emissions were required to be reduced by 25%, CO2 capture in power plants could certainly 
represent a cost-effective measure.
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5 SUMMARY 
 
In order to prevent, in the long term, CO2 concentration in the earth's atmosphere exceeding a propor-
tion by volume of 500 ppm, as against the current figure of 360 ppm, projected worldwide CO2 emis-
sions would have to be cut by around 40% as early as the year 2025. If other possible ways of reduc-
ing CO2 emissions (e.g. improvements in energy efficiency and a switch to low-carbon or carbon-free 
fuels and primary energy sources) prove to be insufficient in the future, CO2 capture in power plants 
could serve as an additional method, which could contribute to the reduction or avoidance of these 
CO2 emissions. This study presents a survey of the methods of CO2 capture in power plants which are 
currently under discussion, together with an energy analysis of the individual methods and an as-
sessment of specific CO2 emissions, the efficiency penalty due to CO2 capture, additional investment 
required, additional electricity generating costs incurred, CO2 avoidance costs and technical feasibil-
ity. 
For the sake of clarity, the numerous possible variations on processes for CO2 capture in power plants 
have been divided up into five process families: 

•  Process Family I: CO2 separation from synthesis gases after CO shift reaction  
   (from coal gasification or steam reforming of natural gas),  

•  Process Family II: CO2 concentration in the exhaust gas (mostly through combustion in an  
   atmosphere of oxygen and recirculated flue gas), 

•  Process Family III: CO2 separation from flue gases, 
•  Process Family IV: Carbon separation prior to combustion   

     (not calculated in this study), 
•  Process Family V: CO2 capture in power plants using fuel cells 
     (not calculated in this study). 

In high-efficiency power plants, less primary energy is consumed and less CO2 is produced. As 
efficiency increases, with power output remaining the same, the CO2 mass flow to be separated 
become smaller, which, in turn, means that the utilization of energy and equipment for CO2 capture 
also become smaller. The calculations in this study therefore primarily focus on those power plants, 
which currently have the greatest efficiency potential, namely the natural gas-fired gas/steam turbine 
combined cycle power plant (GTCC power plant) and the GTCC power plant with integrated coal 
gasification (IGCC). Fuel cell power plants with higher efficiencies, and a theoretically low 
expenditure of energy required for CO2 capture, are a future option, offering a potential for CO2 
capture which is sketched out only briefly in this study. 
 
Using as a basis the numerous published investigations of CO2 capture in power plants, the particular 
characteristics of the various combinations of different types of power plant and gas separation 
method are considered, and criteria for assessing the different processes are elaborated. Comprehen-
sive review of the literature shows that the cited efficiencies of power plants with CO2 capture are 
spread over a wide range, as are the efficiency penalties due to CO2 capture; as a result, it is difficult 
to ascertain the differences between the various methods of CO2 capture and between the different 
types of power plant. The majority of the published studies of CO2 capture in power plants also fail to 
provide a detailed analysis of the energetics. 
 
When comparing the energy expended on CO2 capture, and the efficiency penalties and additional 
costs incurred in this process, various points must be observed, such as standard boundary conditions, 
e.g. the inclusion of CO2 liquefaction. 
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According to the results of the literature review and to calculations carried out by the author of this 
study (Figure 5.1), the capture and liquefaction of between 85% and 95%, or virtually 100% (Process 
Family II), of the CO2 produced through fuel burning results in an efficiency penalty of between 
approx. 7 and 11 percentage points for IGCC power plants according to Process Family I or coal-
fired power plants according to Process Family II. In the case of CO2 separation from flue gases in 
coal-fired cycles, the efficiency penalty lies between approx. 11 and 14 percentage points. Even in the 
most advantageous case, removal of the carbon from the fuel (Process Family IV) results in an effi-
ciency penalty of 18 percentage points. Efficiency penalties of between 6 and 9 percentage points are 
given for CO2 capture in power plants using fuel cells (Process Family V) with integrated coal 
gasification. 
 
More energy is used, per separated CO2 mass, for CO2 capture in natural gas-fired power plants than 
in coal-fired cycles. However, the lower proportion of carbon in natural gas means that the efficiency 
penalty is smaller. The efficiency of a gas/steam turbine combined cycle power plant is reduced by 
approx. 9 percentage points by CO2 scrubbing after reforming (which is heated through partial 
combustion of natural gas), CO conversion and subsequent CO2 liquefaction. With combustion in an 
atmosphere of O2 and recirculated CO2, the efficiency penalty lies between 8 and 11 percentage 
points, and for CO2 separation from flue gases through scrubbing, the efficiency penalty lies between 
approx. 7 and 13 percentage points. In natural gas-fired fuel cell power plants, too, CO2 separation 
from the cathode exhaust gas following combustion of the anode exhaust gas also seems to be the 
most advantageous method. 
 
If CO2 avoidance costs and technical feasibility are included, the following methods prove to be ad-
vantageous: for coal-fired cycles, the concept of separating CO2 from synthesis gases after CO con-
version in an IGCC power plant (Process Family I) and, for natural gas-fired power plants, the con-
cept of separating CO2 from the flue gases (Process Family III) of gas/steam turbine combined cycle 
power plants. In the case of coal-fired power plants with CO2 separation according to Process Family 
II, the CO2 avoidance costs are only marginally higher. Nevertheless, a gas turbine cycle optimized 
for CO2 as a working fluid, together with the necessary components for this process, would first have 
to be developed. 
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Figure 5.1: Comparison of the efficiency penalty due to CO2 capture in an IGCC power plant with CO 

conversion, with combustion in an O2/CO2 atmosphere with O2 generation by means of air 
separation, with combustion of the CO component in an O2/CO2 atmosphere after H2/CO 
separation and CO2 separation from the flue gas (without CO2 liquefaction) 

 
The minimum energy required for gas separation is determined by the reversible separation work. 
With the aid of reversible separation work, it can be shown that, the higher the concentration of the 
gas component to be separated, the lower the energy expended on gas separation. To calculate the 
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exergetic efficiency of real gas separation processes, in terms of the ratio of reversible separation 
work to the actual expenditure of energy in a real gas separation process, information on energy 
requirements was taken from the literature, and from research carried out by the author of this study. 
For this purpose, calculation models were developed for physical and chemical scrubbing, adsorption, 
low-temperature processes and membranes. According to these calculations, physical adsorption 
processes and membrane separation processes achieve the highest exergetic efficiency for H2/CO2 
separation in synthesis gases, at between 20% and 31%; for CO2 separation from flue gases, the 
highest exergetic efficiency, of up to approx. 21%, is achieved by chemical scrubbing. Further 
calculations show the contributions of the individual process steps towards the efficiency penalty due 
to CO2 capture (Figure 5.2). 
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Figure 5.2: Comparison of the contributions of individual process steps to the efficiency penalty due to CO2 

capture in (A) an IGCC power plant with CO conversion, (B) an IGCC power plant with combus-
tion in an O2/CO2 atmosphere and (C) an IGCC power plant with H2/CO separation, combustion of 
H2 in air and CO in an O2/CO2 atmosphere 
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CO2 liquefaction makes a contribution of between 3 and 4 percentage points to the reduction in the 
net efficiency of a power plant. In Process Family I, the contribution of fuel conversion through CO 
conversion towards the reduction in power plant efficiency is around 3.6 percentage points, for gas 
separation approx. 1.2 percentage points, and for the non-realized expansion work of the separated 
CO2 approx. 0.8 percentage points. 
 
In Process Family II, the largest component of the efficiency penalty (5 percentage points) is caused 
by the expenditure of energy for O2 generation. Calculations for Process Family II with various 
cycles using CO2 as a working fluid (Gohstjejn cycle, quasi-combined cycle, gas/steam turbine 
combined cycle power plant) do not show any significant differences in levels of efficiency, as long 
as the optimum pressure ratios, with regard to efficiency, are set in each case (which is always higher 
than in cycles using air as a working fluid). For the example of gas/steam turbine combined cycle 
power plants which use air or CO2 as a working fluid, it was demonstrated that the only difference 
with ideal gases lies in a shift of the pressure ratio. In IGCC power plants with combustion in an 
O2/CO2 atmosphere (Process Family II), an increase in gasifier pressure can, however, result in better 
exergy utilization in the gas generation process. 
 
The additional exergy losses due to CO2 capture mainly comprise the lost exergy of the separated 
CO2 itself (Figure 5.3). The CO2 liquefaction and gas separation stages also make smaller contribu-
tions to these losses. 

Figure 5.3: Exergy losses in the baseline IGCC power plant and in the IGCC variants with CO2 capture 
through CO2 separation after CO conversion, combustion in an O2/CO2 atmosphere or combustion 
of the CO component in an O2/CO2 atmosphere after H2/CO separation 

 
CO2 capture with reversible process steps represents the ideal case of CO2 capture in power plants, 
and can also reveal the longer-term efficiency potential. The efficiency penalty is determined through 
precise process calculations and the comparison of the individual contributions of ideal process steps. 
The most favorable variant in this case, in terms of energy expenditure, would here be found in the 
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case of combustion in an O2/CO2 atmosphere, with an efficiency penalty of just 0.5 percentage points, 
if the oxygen could be provided through reversible gas separation, followed by an IGCC power plant 
with CO conversion and CO2 scrubbing (1.1 percentage points). The variant having the highest re-
versible separation work for CO2 capture in coal-fired cycles is CO2 separation from the flue gas 
(1.5 percentage points). 
 
Regarding the processes described under Process Family II, it would theoretically be possible, in an 
ideal case, to provide O2 for the combustion process without any additional expenditure of energy, if 
it were possible to implement a selective mass transfer of the O2 from the ambient air into recircu-
lated flue gas, in which the O2 partial pressure lay close to zero, instead of generating a technically 
pure O2 stream. This would make it possible to capture gaseous CO2, in an ideal case, without any 
additional expenditure of energy or efficiency penalty.  
 
CO2 emissions can also be reduced using other means, such as switching to CO2-lean or CO2-free 
primary energy sources, increasing efficiency, implementing efficient energy conservation measures, 
or avoiding energy use. Some of these measures -- particularly, at the present time, switching the 
primary energy carrier from coal to natural gas -- are more economical than CO2 capture, with CO2 
avoidance costs of between 20 and 45 US$ /t CO2, including CO2 liquefaction, to which must be 
added the costs of CO2 transport and CO2 disposal, amounting to between around 7 and 14 US$ /t 
CO2 (based on a 1000 km pipeline length). This means that, working on the basis of global CO2 emis-
sions reduction targets of over 10%, CO2 capture in electricity generation can only be judged to be of 
economic interest once the potential for a reduction in CO2 emissions, which is posed by the more 
economical measures, has already been fully exploited. Until that point is reached, CO2 capture will 
only be used in special cases in a relatively small number of power plants, e.g. to enhance oil and gas 
production (EOR), to enable CO2 fertilization in greenhouses, for cost-related political reasons as a 
consequence of tax on CO2 emissions, as in the case of Norwegian oil production, or to cover indus-
trial demand for CO2. 
 
CO2 capture in power plant should therefore be viewed as a future option, which could come into 
practical use on a large-scale in 20 to 30 years time, and which could then be used to significantly 
reduce CO2 emissions, serving as an interim solution on the path towards carbon-free power supply.
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Findings presented by the "Intergovernmental Panel on Climate Change" (IPCC) suggest there is a 
"discernible" human influence on world climate [10]. Indeed, average global temperature has already 
risen by between 0.3 and 0.6 K since the 19th century, and has contributed, to a large extent, to the rise 
of between 10 and 25 cm in sea level over the last 100 years. The possible warming of the earth's 
atmosphere is primarily caused by anthropogenic emissions of CO2, CH4 and some other gases (Figure 
1.1). In terms of individual molecules, other greenhouse gases cause a far more significant greenhouse 
effect than CO2, even taking into account the lifespan of these gases, which is generally far shorter. In 
relation to molecular weight and impact over a time horizon of 100 years, the greenhouse potential of the 
gases CO2, CH4, N2O, R11, R12, R22, R113, R114, R115, CH3CCl3, CCl4 is expressed in the following 
ratios: 1:11:270:3400:7100:1600:4500:7000:7000:100:1300. However, seen from an absolute 
perspective, CO2 is the main cause of the anthropogenic greenhouse effect, due to its concentration in 
the earth's atmosphere, and is the second most pronounced cause (after water vapor) of the natural 
greenhouse effect.  
 
Based on an "average" scenario ("IS92a"), IPCC calculations estimate that the volume fraction of CO2 in 
the atmosphere will increase from the current figure of 360 ppm to a figure of 750 ppm by the year 
2100, and that annual CO2 emissions will climb from the current figure of 24 Gt CO2 to approx. 73 Gt 
CO2 (approx. 44 Gt CO2 in 2025, and 55 Gt CO2 in 2050). Average global temperature is expected to 
increase by between 1.5 and 3.5 K by 2100 [10]. The IPCC concludes that annual CO2 emissions will 
have to be limited to around 26 Gt CO2 if the CO2 volume fraction is to be stabilized at 500 ppm [13].  
 
CO2 emissions worldwide have more than tripled since 1950 (Figure 6.3). Even in the short period be-
tween 1990 and 1996, CO2 emissions increased by 6.4% from 22.4 Gt CO2 to 23.9 Gt CO2 [11] and pri-
mary energy demand increased by 7.3% from 94 � 106 TWh to 101 � 106 TWh [12]. In order to counter 
the threat of a global increase in temperature, a decision was made at the UN conference on climate 
change in Kyoto in December 1997 to achieve an initial, average reduction of 5.2% in greenhouse gases 
by the period 2008-2012. However, predictions suggest that CO2 emissions will lie between 23 and 24 
Gt CO2 in the year 2000, and between 28 and 31 Gt CO2 in the year 2010 [188]. Energy conservation 
efforts have already been taken into account in calculating the lower of these figures. This growth will 
primarily be caused by the increased demand for primary energy in countries outside the OECD and in 
Eastern Europe. 
 
In 1992, 13% of the primary energy, or 12220 TWh, was used in the form of end-use electrical energy 
[188]. Assuming an average efficiency of between 25% and 35%, this means that electricity supply 
makes up a proportion of between 38% and 53% of primary energy consumption. Of this, 39% comes 
from coal-fired power plants [188]. With fossil energy fuels representing 64% [188] of this electricity 
supply, the proportion of CO2 emissions from power plants is estimated to be around 30%, and that of 
coal-fired power plants around 20% [189]. Total coal consumption as a proportion of primary energy 
consumption lies at 29% (3.4 Gt coal equivalent) and contributes 38.5% (1992) of total CO2 emissions 
(Figure 1.2). The proportion represented by coal of primary energy consumption, which, taken as a 
whole, is rising, has been steadily decreasing since 1950, as liquid and gaseous fossil fuels have gained 
ground [15]. 
 
If a CO2 volume fraction limit of 500 ppm were to be enforced over the long term, this would require 
that no more than 26 Gt CO2 be emitted (see above), according to IPCC figures. Based on anticipated 
CO2 production of between 28 and 31 Gt in the year 2010, and 44 Gt in 2025, this would necessitate 
CO2 removal of between 7% and 16% in 2010, and 41% in 2025. With CO2 production expected to in-
crease to 55 Gt in 2015, and 73 Gt in 2100, it would become necessary to separate and sequester 53% 
and 64%, respectively, of the CO2. Since CO2 separation from some sources of emissions is barely 
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feasible and cannot, in many cases, be financed by less developed countries, significantly higher CO2 
separation and emissions reduction would have to be achieved in industrialized countries, particularly in 
the power plant arena. 
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Figure 6.3:  CO2 emissions from the burning of fossil fuels and 

the production of cement (global and distributed by 
region) [15] 
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Figure 6.4:  How CO2 emissions per 

capita have developed in 
the various parts of the 
world since 1950 [15]. 

 
 
6.2 Possible Approaches Towards Reducing CO2 Emissions in the Energy Sup-

ply Sector 
 
Anthropogenic CO2 emissions may be assigned to the fields of tapping and mining of deposits, and also 
of consumption. In the field of energy conversion and consumption, there are a variety of possible ways 
of reducing CO2 emissions: 
•  Reduced end-use energy consumption 

•  Improved utilization of energy 

•  Switching from carbon-rich fossil fuels (coal) to carbon-lean fossil fuels (natural gas) 

•  Increased use of renewable energies 

•  Increased use of nuclear power plants 

•  CO2 capture in power plants, which are fired with fossil fuels, and CO2 sequestration.
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Reducing End-Use Energy Consumption 
End-use energy consumption depends heavily on the industrial structure, patterns of consumption and 
climate of a specific region. Figure 6.4 and 6.5 clearly show the differences in CO2 emissions connected 
to energy consumption in specific regions of the world. The figures also show how emissions in Ger-
many (taken as a whole) and Eastern Europe have dropped, due to the collapse of inefficient industries 
when the centrally planned economy came to an end. Reducing end-use energy consumption will require 
changes to be made to the structure of industry and to peoples' lifestyles [190].  
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Figure 6.6:  CO2 emissions reduc-
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plant, as set against 
various benchmark 
power plants 

Improved Utilization of Energy 
By improving efficiencies, CO2 emissions can be reduced within the context of the possibilities for tech-
nical improvement. For example, by replacing a power plant, which has an efficiency of 35% (LHV), 
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with a new power plant, which has an efficiency of 45%, and which uses the same fuel, CO2 emissions 
can be reduced by 22% (Figure 6.6). According to Pruschek et al. [207], average efficiencies in Ger-
many in 1990 were: 

•  32.0% for all electricity-generating installations of the public power supply system, 

•  30.0% for the lignite-fired power plants in the public power supply system, 

•  34.3% for the hard coal-fired power plants in the public power supply system, 

•  90.0% for heat generation in heating furnaces in the industrial sector. 
 

With the current state of the technology, the following efficiencies can be achieved for newly-
constructed plants: 

•  >43%  for lignite-fired power plants68, 

•  >47%  for hard coal-fired power plants68, 

•  >58%  for natural gas-fired combined cycle power plants. 
 

By replacing all of the old plants with this more up-to-date technology, using the same fuel, the follow-
ing reductions in CO2 emissions could be achieved: 

•  ≈ 30%  in lignite-fired power plants,        

•  ≈ 27%  in hard coal-fired power plants.         
 

With primary energy consumption remaining the same, and taking 1990 (1997) figures for the propor-
tion of electricity generation represented by lignite-fired power plants of 29.4% (25%) and hard coal-
fired power plants of 27.8% (26%) [208], the improvements to both types of coal-fired power plants 
would achieve a reduction in CO2 emissions in Germany of 16.3% (14.5%). 

According to Pruschek et al. [207], if the separate generation of electrical power and heat were to be 
replaced with industrial cogeneration, the potential CO2 savings in the industrial sector alone would 
come to between 1.4% and 7.8% by the year 2020, related to CO2 emissions in 1990. 

Switching from Carbon-Rich Fossil Fuels (Coal) to Low-Carbon Fossil Fuels (Natural 
Gas) 
In terms of energy content, natural gas has the lowest specific CO2 emissions of the fossil energy fuels, 
followed by crude oil, hard coal and lignite (Table 6.1). 

By replacing coal in power plants with natural gas, on a worldwide basis, with 41% less CO2 emissions 
per fuel energy, CO2 emissions could be reduced by approx. 8%. The savings potential of this measure 
could actually be even higher, since higher efficiencies can be obtained with natural gas-fired combined 
cycle power plants than with coal-fired power plants. 

                                                 
68 Steam power plants 
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Table 6.1: CO2 emissions from fossil fuels 
Fuel Heating 

Value LHV 
in MJ/kg 

kg CO2 /GJ 
(LHV) 

kg CO2/MWh 
(LHV) 

t CO2/t coal 
equivalent 

Relative CO2 emissions

coke 29.3 107 385 3.13 119% 
hard coal(anthracite) 31.0 98 354 2.87 110% 
hard coal (bituminous 
coal) 

31.0 90 323 2.62 100% 

lignite 16.7 109 392 3.18 121% 
crude oil 41.9 80 289 2.35 90% 
natural gas 50.0 53 191 1.55 59% 

 

Increased Use of Renewable Energies 
Operating power plants using renewable energies such as hydroelectric power, biomass, wind power, 
geothermal energy or solar power results in virtually zero CO2 emissions69. However, some CO2 emis-
sions are caused by the consumption of fossil energy fuels to produce the plants and/or the biomass. 
Measured against electricity production, the overall reduction in CO2 emissions can be extremely high. 
It is, however, important to take into account the yield factor70, which is a significant issue in the case of 
photovoltaic plants, for example. 

There are several factors which continue to limit the potential for expansion of renewable energies: high 
costs (e.g. in the case of solar power, wind power), irregular availability (e.g. in the case of solar power, 
wind power), low energy density (solar power), and issues involving the availability of land or competi-
tion with other agricultural products (biomass). An increase in the use of wind power and solar power 
would have to be accompanied by appropriate storage systems, or by fossil fuel-fired power plants 
working on a standby basis. 

In the case of hydroelectric power plants, it should also be noted that, when areas previously covered 
with vegetation are flooded, climate-affecting CH4 and CO2 emissions are produced as the original vege-
tation dies off. 
 
Increased Use of Nuclear Power Plants 
 
Taking into consideration the whole chain of electricity generation in nuclear power plants, including 
fuel acquisition and disposal, the figures show energy-specific CO2 emissions amounting to between a 
tenth and a hundredth of the CO2 emissions from fossil fuel-fired power plants. This wide spread is the 
result of various factors including the type of fossil fuel-fired power plant used for the comparison, the 
quality of the uranium ore and of the uranium enrichment process, and the way in which the radioactive 
waste is treated [191]. By increasing the number of additional power plants to be built, global CO2 emis-
sions from the power supply sector could be reduced by 7% of their current value [209].  
 
CO2 Capture in Power Plants Fired with Fossil Fuels, and CO2 Sequestration 
 
As explained in this study, CO2 capture in power plants is certainly possible in principle, though it does 
require high additional input of energy and equipment, which ultimately results in lower efficiencies, 
greater fuel utilization, and higher plant costs and electricity generating costs (Figure 6.7). Long-term 

                                                 
69 Biomass can be taken to be neutral in terms of CO2 emissions, since the carbon emitted when it is burnt has already been 

extracted from the atmosphere through photosynthesis. 
70 Yield factor: quotient of the electrical energy output and the accumulated energy used in manufacturing the plant 
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sequestration of the separated CO2 is also feasible, e.g. in dissolved state in the deep ocean, or in geo-
logical aquifers. 
 
Since the number of power plants is relatively small, in comparison to other sources of CO2 emissions, 
and the CO2 mass stream emitted in each case is very large, it is possible to capture a relatively large 
percentage of the CO2 emissions using relatively few CO2 separation installations. 
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Figure 6.7:  Specific CO2 emissions in power 
plants with CO2 separation 

6.3 The Natural, Geochemical Carbon Cycle and Global Carbon Reservoirs 
 
In the natural carbon cycle, the ocean marks the end of a chain of processes, which begins with CO2 
emissions (e.g. emissions from volcanic eruptions or anthropogenic activities) and which ends with CO2 
being fixed in sediments and, eventually, deposited on the ocean floor. This cycle involves various reac-
tions, including examples such as [60]: 
A) Weathering of carbonate rock:      CO2 + H2O + CaCO3 → Ca++ + 2 HCO3

- 

B) Weathering of silicate rocks:     2 CO2 + H2O + CaSiO3 → CO2 + H2O 

C) Carbonate precipitation in the ocean:    2 HCO3
- + Ca++ → CaCO3 + CO2 + H2O 

D) Silicate weathering plus carbonate precipitation (B+C):  CO2 + CaSiO3 → CaCO3 + SiO2  

E) Metamorphic or magmatic decomposition of carbonates:  CaCO3 + SiO2 → CaSiO3 + CO2. 

Over time, similar reactions also bind a portion of the CO2 in the form of rock in cases where CO2 is 
injected into geological deposits, which potentially increases the long-term storage capacity [49]. How-
ever, the natural process of sedimentation is an extremely slow-acting process, which would require be-
tween 10000 and 300000 years to absorb the entire quantity of atmospheric CO2, without even taking 
into account new emissions [60]. More rapid absorption of large quantities of CO2 can be achieved by 
dissolving CO2 in seawater.  

The current CO2 volume fraction of the atmosphere of around 360 ppm should be viewed in the context 
of the Earth's development. From an initial point where the original atmosphere of the Earth consisted 
mainly of CO2, geochemical and biological processes (see Muschelkalk) subsequently reduced the CO2 
content to its current value over the course of millions of years. The major part of all the carbon 
currently present on the Earth is bound up in the form of rock [192]. The oceans and seas also contain 
large quantities of CO2 in the form of dissolved gas, carbonates, carbohydrates and carbonic acids. A 
further portion is bound up in fossil fuel deposits and in the biosphere. 
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Table 6.2: Comparison of CO2 reservoirs and emissions  
 Gt C/year Gt CO2/year 
Global emissions from fossil fuels (1996) 
all fossil fuels ∼  6.5 ∼  23.7 
coal ∼  3.2 ∼  11.7 
Emissions from a hard coal-fired power plant: 

700 MW (el.), η = 45%, 7000 h/a, Pittsburgh Nr. 8 0.00095 0.0035 
Natural reservoirs, sequestration sites and exchange processes (carbon and CO2) 
Earth's atmosphere (with 348 ppm CO2 volume fraction) 718 2631 
Earth's crust (calcium carbonate/ limestone CaCO3, magnesium carbonate/ dolo-
mite CaCO3

.MgCO3, among other substances) [79] 
1.5 1016 5.5 1016 

Oceans and seas (dissolved gas, carbonates, hydrogen carbonate and carbonic 
acids) [79] 

38182 140000 

Biosphere [138] 600 2200 
Proven, minable deposits of fossil fuels [193] 272 1000 

(including deposits which it is not economically viable to extract) >1090 >4000 
Carbon conversion through photosynthesis [138] 110-120 400 
Exhaled by all of mankind [138] 0.46 1.7 
 

6.4 CO2 Pipeline Transport 
 
For a velocity of between 2 and 3 m/s, the pressure loss in a CO2 pipeline may be estimated using the 
equation [194]:  
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The largest available diameters, which can be used for CO2 pipelines, are 1600 mm for land-based pipe-
lines and 1500 mm for ocean pipelines [64]. Table 6.5 shows the results of pressure drop calculations 
and estimated figures for capacity. Assuming a pipeline diameter of 1600 mm, and a CO2 flow spread 
evenly over the whole year, somewhere between 8 and 14 pipelines would be required to transport the 
CO2 emissions of all the fossil-fuels power plants in Germany. Between 220 and 370 of these pipelines 
would be needed to deal with the energy-related CO2 emissions of the whole world. 
 
Emissions tests in the USA have demonstrated that, in the event of pipeline breakage, CO2 is discharged 
too slowly to allow dangerously high concentrations of CO2 to build up around the pipeline or to lead to 
extremely low temperatures in the pipeline [195]. 
 
Table 6.3: Pipeline costs per meter ( ±40%) [64] 
Diameter  0.4 m 0.75 m 1 m 1.6 m 
$ per meter 450-950 800-1800 1100-2500 200-6600 
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Table 6.4: Example CO2 pipelines used to transport CO2 for Enhanced Oil recovery (EOR) 
Project Pipeline 

Length 
Pipe 
Diameter 

Pressure, 
Temperature 

Gas Composition Source 

Sheep Mountain 
Colorado → Texas 
USA 

676 km 0.5m / 0.6 m Initial pressure 117-131 bar 
Minimum (at height of 2515 m): 
82.7 bar 

97% mol CO2  
  1.7% mol CH4  
  0.6% mol N2  
  0.7% mol C2H6  

[196] 

Cortez 
Colorado → Texas 
USA 

807 km 0.3-0.6 m 96.5- 186 bar 95% mol CO2  
Limit:  5 % mol CH4 max. 
 4 % mol N2 max. 
 0.7% mol H2S max. 

[197] 

Central Basin 
West Texas 
USA 

278 km 0.65 m 117-152 bar 
-4°C to +43°C 

98.5% mol CO2  
  1.3% mol N2  
  0.7% mol Cl 

[198] 

Budafa 
Hungary 

  33 km 0.15m / 0.3m 140 bar 
  45°C 

81 % mol CO2  
15.5% mol CH4  
  1.9% mol N2  
  0.3% mol H2S  

[65] 

 
Table 6.5: Pressure drop per 100 km and respective power plant size for CO2 pipelines with an inlet pressure of 

110 bar. Power plant size is based on Pittsburgh Nr. 8 coal, 90% CO2 separation and a net power plant 
efficiency of 37%. The costs shown are based on information from Table 6.3. 

Pipeline Ø  Velocity in m/s CO2 mass flow 
(98% CO2) in Gt 
CO2/a 

Capacity for coal-
fired power plant  
in MW 

Pressure drop per 
100 km in bar 

Pipeline costs in 
106 US$/100km 

Specific costs in 
106 [US$ /(kg 
CO2/s)] /100 km 

0.30 1.2 0.0023 342 47.3   
 1.5 0.0029 427 73.9   
 2 0.0038 570 131.4   
0.40 1.2 0.0041 608 33.0 42.3 � 89.2 0.40 � 0.84 
 1.5 0.0051 760 51.6 42.3 � 89.2 0.32 � 0.68 
 2 0.0068 1013 91.7 42.3 � 89.2 0.24 � 0.50 
0.50 1.2 0.0064 949 25.0   
 1.5 0.0080 1187 39.1   
 2 0.0107 1582 69.4   
0.60 1.2 0.0092 1367 19.9   
 1.5 0.0115 1709 31.1   
 2 0.0153 2279 55.3   
0.75 1.2 0.0144 2136 15.1 75.0 � 102. 1 0.20 � 0.27 
 1.5 0.0180 2670 23.5 75.0 � 102. 1 0.16 � 0.22 
 2 0.0240 3560 41.8 75.0 � 102. 1 0.12 � 0.16 
0.80 1.2 0.0164 2430 13.9   
 1.5 0.0204 3038 21.7   
 2 0.0273 4051 38.6   
1.06 1.2 0.0287 4267 9.8 103 � 234 0.14 � 0.31 
 1.5 0.0359 5334 15.3 103 � 234 0.11 � 0.25 
 2 0.0479 7112 27.2 103 � 234 0.09 � 0.19 
1.50 1.2 0.0575 8545 6.3   
 1.5 0.0719 10681 9.9   
 2 0.0959 14241 17.6   
1.60 1.2 0.0654 9722 5.8 188 � 619� 0.11 � 0.36 
 1.5 0.0818 12152 9.1 188 � 619� 0.09 � 0.29 
 2 0.1091 16203 16.2 188 � 619� 0.06 � 0.22 
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6.5 Data Tables 

The data tables presented below are referred to in the preceding chapters of this study. They provide 
more precise details of process data. 
 
Table 6.6: Accuracy of the notations of physical characteristics used in this paper for the heat capacity of ideal 

gases according to Hougen et al. [160] 
Gas Component Max. Error in % Average Error  in % 

O2 1.19 0.28 
H2O 0.53 0.24 
CO2 0.67 0.22 
N2 0.59 0.34 

SO2 0.45 0.24 
H2 1.01 0.26 
CO 0.89 0.37 
CH4 1.33 0.57 
H2S 0.76 0.47 
COS 0.94 0.49 

 
Table 6.7: Common absorption techniques for CO2 scrubbing [79, 95, 176]. Figures for heat in enthalpy (desorber 

temperature) and equivalent electrical work65 (≅  ... el.) 
Method Absorbent Operating Conditions Gases Absorbed Energy Requirements Purity 

Separation factor 
PHYSICAL ABSORBENTS 
Rectisol Methanol Absorber:  

  ≈-10/-70°C 
  

2COp  > 10 bar 

H2S, COS, organic 
S-compounds, CO2, 
NH3, HCN, aro-
matic compounds 
and higher hydro-
carbons 

Work:  
0.038 kWh/kg CO2 (incl. H2S) 
Heat: 0.025kWh/kg CO2  
 (≅ 0.01 kWh (el.) /kg CO2) 
≅ Total (el.): 0.048 kWh/kg 
CO2  

CO2 separation factor 
≤90% 
Clean gas:  
H2S<0.1 ppm vol. frac. 
CO2< 5 ppm vol. frac. 

Purisol N-methyl-2-
pyrrolidone 
(NMP) 

Absorber:  
 -20/+40°C 
 ptot > 20 bar 
 

2COp  ≈10 bar 

 

H2S, COS, CO2, 
NH3, HCN, higher 
hydrocarbons,  
COS → H2S  
H2S sol. matter 12 
times higher than 
CO2  

Work: 0.07 kWh/kg CO2  
Heat:  
 0.07 kg steam (20bar) per kg 
CO2  
 (≅  0.02 kWh (el.)/kg CO2) 
≅ Total (el.): 0.09 kWh/kg CO2 

CO2 separation factor 
≤90% 
Clean gas:  
H2S<1 ppm vol. frac-
tion 
CO2≤1000ppm vol. frac. 

Selexol Dimethylether 
polyethylene 
glycol 
(DMPEG) 

Absorber:  
     ptot = 20-140bar 
    

2COp = 7-30 bar  

without cooling: ≈ 20°C 
(120°C) 
with cooling:  ≈ 0°C  

H2S, COS, organic 
S-compounds, CO2, 
NH3, HCN, aro-
matic compounds, 
higher hydrocar-
bons,  
H2S sol. matter 9 
times higher than 
CO2  

Work:  
  0.03-0.06 kWh/kg CO2  
Heat:  
  0.016-0.024kWh/kg CO2  
(≅ 0.03-0.05 kWh el./kg CO2) 
≅ Total: 0.06-0.11 kWh el./kg 
CO2 

Clean gas 
<0.5% vol. fraction CO2  
<1 ppm vol. fraction H2S 

Sepasolv n-oligoethylene 
glycol + methyl 
isopropyl ether 

Absorber:  
 ptot≈ 70 bar 

 Work: 2.22 kWh/kg CO2  
Heat: 0.05 kWh/kg CO2  
(≅  0.01 kWh el./kg CO2) 
≅  Total: 2.3 kWh el./kg CO2. 

 

Fluor Sol-
vent 

Propylene car-
bonate 

Absorber: below ambi-
ent temp. 
3.1-6.9 MPa 

H2S, COS, CO2, 
acetylene, propane, 
butane, methane 
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Method Absorbent Operating Conditions Gases Absorbed Energy Requirements Purity 
Separation factor 

CHEMICAL ABSORBENTS 
Amine-based 
MEA 
monoethano-
lamine 

Mass frac. 12% 
aqueous sol. + 
additives 

Absorber: ≈ 40°C,  
  1 - 5 bar 
Regenerator.  
 95-120°C 

SO2, H2S, COS, 
CS2, CO2 

Power. 0.05-0.3 kWh/kg CO2  
Heat: 2.3 kWh/kg CO2  
  (≅  0.48 kWh el./kg CO2) 
≅ Total:0.53-0.78 kWh el./kg CO2 

CO2 separation factor 
<99% 
(80-95%) 

MEA Mass frac. 20% 
aqueous sol.  
+ additives 

 -"- -"- Power: 0.02-0.4 kWh/kg CO2 
Heat: 1.0-1.7 kWh/kg CO2  
(≅  0.21-0.35 kWh el./kg CO2) 
≅  Total: 0.23-75 kWh el./kg CO2. 

-"- 

MEA Mass frac. 30% 
aqueous sol. + 
additives 

-"- -"- Power: ≈ 0.036 kWh/kg CO2  
Heat: ≈ 1.1 kWh/kg CO2  
(≅  0.23 kWh el./kg CO2) 
≅  Total: 0.27 kWh el./kg CO2. 

-"- 

Amine 
Guard FS 
(MEA) 
 

5 n MEA + 
inhibitors 

Absorber 3.4-138 bar,  
 80-132°C 

CO2, H2S (selec-
tive), COS 

Power: 4-12 10-4 kWh/m3  
                            CO2+H2S 
Heat: 10.3- 165 kWh/m3  
                            CO2 +H2S  

Separation factor: 
H2S ≈ 100% 
CO2 20-99.9% 

Econamine 
(DGA) 

6 n diglycola-
mine,  
mass frac.: 5-90% 
aqueous sol. 

Absorber: 80-120°C 
          ptot=63 raw 
Regenerator: 
          120-140°C,  
          ptot=1.3-2 bar 

H2S, COS, CS2, 
CO2, aromatic com-
pounds 

  

DEA and 
SNEA-DEA 

2 n diethanola-
mine or 3n 
diethanolamine, 
mass frac. 20-
30% aqueous 
sol. 

Absorber: 18-55°C 
    ptot=5-75 bar 
    

2COp =0.5-26 bar 

H2S, COS, CS2, CO2   

Flexsorb Amine + hot 
potassium car-
bonate 

Absorber: ptot ≈60 bar 
 (flue gases) 

 Power: 0.43 kWh/kg CO2   

Inorganic chemical absorbents 
Benfield* 
(variants) 

Potassium car-
bonate & cata-
lysts 
(borate/ arsenic 
trioxide) 

Absorber: 70-120°C 
    ptot = 3-140 bar 
   

2COp  = 0.6-30 

Regenerator:  
    temp. as in abs. 
    p≈ 1.2 bar 

SO2, H2S, HCN, 
COS, CO2  

Power:  
   0.2-0.7 kWh/kg CO2  
Heat: 
   1-2 kWh/kg CO2  
(≅  0.21-0.42 kWh el./kg CO2) 
≅ Total:0.41-1.1 kWh el./kg CO2 

 

Vacuum 
carbonate* 

Sodium carbon-
ate + catalysts 

Absorber: 20-40°C 
  ptot= 1-3 bar 
  CO2 < 5% vol. fraction

 SO2, H2S, HCN, 
CO2  

  

PHYSICAL-CHEMICAL ABSORBENTS 
Activated 
MDEA 

2 n methyldi-
ethanolamine 
mass fraction: 
40-50% aqueous 
sol. 

Absorber: 40-90°C 
      ptot  < 120bar, 
1-stage abs.: 
   

2COp  0.5-5 bar 

2-stage abs.: 
   

2COp  2-15 bar 

Regenerator: 
   0.5 - 1.9 bar  

CO2, H2S, COS Power:  
  0.023-0.027 kWh/kg CO2  
Heat: 0.202kWh/kg CO2.  
  (≅  0.04 kWh el./kg CO2) 
≅  Total:0.063-0.067 kWh 
el./kg CO2. 

Clean gas:  
< 20 ppm  vol. frac. CO2 
Product: 
> 99.8% vol. frac. CO2 
CO2 separation factor 

> 99% 

Adip (DIPA 
& MDEA) 

aqueous sol. 
alkanolamine 
2-4n diisopropyl 
amine 
2 n 
methyldiethanol
amine 

absorber 25-75°C 
        ptot < 130 bar 
        (wide range) 

H2S (selective), 
COS, CO2  

Wide range 
LP steam:  
  0.4-2.8 kg/kg acid gas 
(≅ 0.07-0.48 kWh el./ kg acid 
gas) 

Clean gas: 
< 10 ppm vol. frac. H2S 
< 5 ppm vol. frac. COS 
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Method Absorbent Operating Conditions Gases Absorbed Energy Requirements Purity 
Separation factor 

Sulfinol-D  
Sulfinol-M 

Mixture of 
DIPA or 
MDEA,  
H2O + tetrahy-
drothiopene 
dioxide 

Absorber: 
      ≈ 40°C 
 ptot= 45-70 bar 

H2S, COS, Methyl 
Mercaptan, hydro-
carbons, aromatic 
compounds, CO2  

 Clean gas:  
H2S <1 ppm vol. frac.  

Amisol Mixture of 
methanol + 
MEA, DEA, 
diisopropyl 
amine (DIPAM) 
/ diethylamine 

Absorber: 35-80°C 
                 >1MPa 

H2S, COS, organic 
sulfur, HCN, NH3, 
CO2, aromatic com-
pounds, higher 
hydrocarbons 

 Clean gas:  
CO2:  
5-100 ppm  vol. frac.  

Optisol aqueous amine 
+ physical ab-
sorbent 

Absorber: 20-30°C, 
                 17-55 bar 

  Clean gas:  
H2S < 4.2% vol. frac-
tion 
CO2 0.1-12% vol. 
fraction 

* alkaline components may lead to problems with corrosion in downstream gas turbines 
 
Table 6.8: Data from the literature on CO2 adsorption plants 
Plant Type Raw Gas Adsorption Desorption Separation 

Factor 
Product 
Purity 

Energy Require-
ments 
(in kWh/kg CO2) 

Source 

PSA flue gas  
28-34% CO2 

1 bar 0.05-0.9 bar >60%  0.16-0.18 [199] 

PSA reformed 
natural gas 

13-21 bar <1 bar >89% >99%  [200] 

PSA low CO2 con-
centration 

  high  0.4  [201] 

PTSA  
Ca-Fe +  
zeolite 

flue gases 
10% CO2  
11.5% CO2  

1 bar  90% ≤ 99% 0.7  
0.55 

[202] 

TSA 
zeolites 

synthesis gas  / 25°C 0.0012 bar / 
200°C 

60-90%   [203] 

Thermal regeneration 
(Rektisorb / Hypersorb) 
activated coke 

coke oven 
waste gas 

continuous fluidized bed 
process 

   [79] 

Thermal regeneration 
MgO + CaO 

flue gas / 
synthesis gas 

high tem-
peratures 

high tem-
perature 

  Power generation 
in the power plant 
reduced by around 
1/3 

[96] 
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Table 6.9: Selectivity of commercial membranes [204, 205, 206] 
Manufacturer/ 
Brand Name 

GKSS DELAIR Ube  
Type C 

Ube  
Type B-H

UBE  
Type A 

SEPAREX PERMEA GKSS Dow 

Material polydi-
methyl-
siloxane 

poly-
phenyle-
neoxide 

polyimide polyimide polyimide acetyl 
cellulose 

polysulfone/ 
silicone 
rubber 

polyther-
mide 

polyole-
fine 

Working temp. 30°C 30°C 60°C 60°C 60°C 30°C 30°C 30°C  
Selectivity (permeability of Gas 1 / permeability of Gas 2) 
O2/N2  5 6.1 5.0 5.0 5.5 6 9 4 
CO2/N2 11.4 20 33.3 18.3 17.0 30 30 29  
CO2/CH4    27.5 25.5     
H2 /CO    55.6 91.7     
H2 /CO2 5  2.8 4.5 10.8     
H2 /N2 190  94.4 83.3 183.3 67 72 190  
CO2/O2 5.2 4.1 5.5 3.7 3.4 5 6 3  
H2 /CO     55.6 91.7 30-50 60 100  

 

Table 6.10: Input values and results for a simplified estimation of the energy requirements of CO2 separation 
with methanol at -30°C (similar to Rectisol process) 

Reference values 
CO2 separation factor (in %)  90  Feed gas Volume frac-

tion in % 
Pressure loss in solvent circulation (in bar)    5  H2O 28.4 
Efficiency of refrigerating unit  
ηRU=ηRU,rev . ε (in %) 

 
 35 

 CO2 29.4 

Pinch cold recovery  (in K)  15  N2    0.6 
Absorption:   Ar   0.6 
Tabs   (in °C) -30.0  H2  38.3 
Pabs,tot   (in bar)  20.0  CO   2.5 
Desorption:   CH4     0.05 
Tdesorption  (in bar)  -5  H2S      0.17 

desorptionCOp ,2
 (in bar)   1.2    

Results 
Absorption   Refrigerating work  
Charge  (in kg CO2/kg methanol)   0.049  Refrigerating unit efficiency ηRU   (in %)   35  
Desorption   Carnot factor ηc  (in %)   22.6 
Charge  (in kg CO2/kg methanol)   0.015  max. coefficient of perf. εrev = Q/P = 1/ηc        4.42     
 
Absorbent balance 

  actual coefficient of perf. εRU= εrev ηRU     1.55     

Absorbent circulation  
 (in kg methanol/kg CO2, separated) 

 
 29.3 

 Feed gas cooling work (in kJ/kg CO2 sepa-

rated)  (
CcCOCO

p

rx
Tc

ε22

∆= ) 

  80.6 

Average density of methanol (in kg/m3) 835  Feed gas cooling work (kWh/kg CO2 sepa-
rated) 

    0.022 

Pump work = v ∆p/ηpump          (in kJ/kg CO2) 119.2    
Expansion, recovery              (in kJ/kg CO2) -33.0  Total energy required  
Pump work + recovery     (in kJ/kg CO2)  86.3    (in kJ/kg CO2) 166.9 
Pump work + recovery  (in kWh/kg CO2)    0.024    (in kWh/kg CO2)     0.046 
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Table 6.11: Input values and results for CO2 absorption using water as an absorbent 
Gas Coal gas after CO 

shift conversion 
Flue gas Flue gas Flue gas 

Power plant IGCC power 
plant 

Steam power 
plant (coal) 

IGCC 
power plant 

GTCC 
power plant

CO2 capture ratio (in %) 90 90 90 90 
Pressure loss in solvent circulation ∆p  (in bar) 5 5 5 5 
Absorption     
P1 (gas inlet)   (in bar) 1.013 1.013 1.013 1.013 
Tabs     (in °C) 20.0 20.0 20.0 20.0 
Pabs,tot    (in bar) 20.0 20.0 20.0 20.0 
pCO2     (in bar) 5.9 2.2 1.5 0.6 

Absorption     
Charge   (in kg CO2/kg water) 0.010 0.004 0.002 0.001 
Absorbent balance     
Solvent circulation (in kg water/kg CO2,separated) 99.8 264.7 402.4 937.5 
Pump work    (in kJ/kg CO2) 341.5 905.9 1377.1 3208.1 
Water expansion, recovery  (in kJ/kg CO2) -132.8 -352.3 -535.5 -1247.6 
Water: pump work - recovery  (in kJ/kg CO2) 208.7 553.6 841.6 1960.5 
                     (in kWh/kg CO2) 0.058 0.154 0.234 0.545 
Gas compression    (in kJ/kg Gas) 612.8 432.6 449.6 453.6 
Gas expansion (recovery)  (in kJ/kg Gas) -400.1 -160.1 -164.3 -159.1 
Gas compression - recovery  (in kJ/kg CO2) 765.5 1972.8 2931.2 6702.1 
Gas compression - recovery  (in kWh/kg CO2) 0.2 0.5 0.8 1.9 
Pump and compressor work (water+gas) (in kJ/kg CO2) 974.1 2526.4 3772.8 8662.6 
                    (in kWh/kg CO2) 0.271 0.702 1.048 2.406 
 
Feed gas 

Volume fraction 
in % 

Volume frac-
tion in % 

Volume 
fraction in 

% 

Volume 
fraction in 

% 
O2     6.1  12.2  13.9 
H2O   28.4    6.2  13.8    6.4 
CO2   29.4  11.2    7.4    3.2 
N2      0.6  75.3  65.6  75.6 
Ar     0.6    1.0    1.0    0.9 
H2    38.3    
CO     2.5    
CH4     0.05    
H2S      0.17    
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Table 6.12: Input values and results in calculating the energy requirements of various chemical CO2 scrubbing 
processes (see Table 6.13 for details of physical characteristics)  

Absorbent MEA MEA MEA DEA TEA MDEA Hot potas-
sium car-

bonate 
K2CO3 

DIPA DGA 

Absorbent concentration  (Mass fraction in %) 12 20 30 30 50 50 40 40 40 
H2O in CO2 product 
  Volume fraction in % 44.8 44.8 44.8 44.8 44.8 44.8 44.8 44.8 44.8 
  Mass fraction in % 24.9 24.9 24.9 24.9 24.9 24.9 24.9 24.9 24.9 

Temperature of CO2 product (in °C) 92.2 92.2 92.2 92.2 92.2 92.2 92.2 92.2 92.2 
Desorption pressure (in bar) 1.7 1.7 1.7 1.7 1.7 1.7 1.7 1.7 1.7 
Temp. of desorption (in °C) 115.2 115.2 115.2 115.2 115.2 115.2 115.2 115.2 115.2 

Pinch heat exchanger lean/rich solution (in K) 23 23 23 23 23 23 23 23 23 
Regeneration rate 0.5 0.5 0.5 0.5 0.5 0.5 0.5 0.5 0.5 

Heating (assuming heat capacity of solution as water) 
Difference in enthalpy ∆h (in kJ/kg H2O) 96.7 96.7 96.7 96.7 96.7 96.7 96.7 96.7 96.7 

Solvent circulation  
(in kg/s MEA/ kg/s CO2) 

 
5.0 

 
5.0 

 
5.0 

 
5.0 

 
4.0 

 
4.0 

 
5.0 

 
5.0 

 
5.0 

 (in kg/s H2O / kg/s CO2) 41.7 25.0 16.7 16.7 8.0 8.0 12.5 12.5 12.5 
Heating (in kJ/kg CO2) 4607 2996 2191 2191 1257 1257 1788 1788 1788 

Vaporization of water (amount determined by proportion of water in CO2 product) 
enthalpy of vaporization hr (in kJ/kg CO2) 551.6 551.6 551.6 551.6 551.6 551.6 551.6 551.6 551.6 

Vaporization of absorbent 
kg vaporized absorbent/kg CO2 (target) 0.03 0.03 0.03 0.01 0.01 0.01 0.01 0.01 0.01 

Enthalpy of vaporization hr,sol. (in kJ/kg CO2) 123.9 123.9 123.9 33.5 21.4 22 0 0 0 
Reaction enthalpy (In kJ/kg CO2) 1636 1636 1636 1477 1409 1209 603 1674 1976 
   in relation to total energy consumption (in 
%) 

19 25 29 28 35 32 16 33 37 

Total energy expended on regeneration 
 kJ/kg CO2 6919 5308 4503 4253 3238 3039 2943 4013 4315 
 kWh/kg CO2 1.92 1.47 1.25 1.18 0.90 0.84 0.82 1.11 1.20 
Total energy required (regeneration as proportion of total energy expenditure = 80%) 
 kJ/kg CO2 8648 6635 5628 5316 4048 3799 3678 5017 5394 
 kWh/kg CO2 2.40 1.84 1.56 1.48 1.12 1.06 1.02 1.39 1.50 
Equivalent electrical power (exergy efficiency of heat utilization =19 %) 
Comparative elec. consump. (in kWh/kg CO2) 0.48 0.37 0.31 0.31 0.24 0.23 0.22 0.29 0.32 
          
Pump work (additional assessment) 
Absorber pressure (in bar) 1.02 1.02 1.02 1.02 1.02 1.02 1.02 1.02 1.02 
Pressure loss in solvent circulation (in bar) 3 3 3 3 3 3 3 3 3 
Pump work (in kJ/kg CO2) 36.5 23.7 17.4 17.4 10.0 10.0 14.2 14.2 14.2 
CO2 mass fraction in feed gas in % 10 10 10 10 10 10 10 10 10 
Pressure loss in absorber (in bar) 0.05 0.05 0.05 0.05 0.05 0.05 0.05 0.05 0.05 
Absorber-compressor work (in kJ/kg CO2) 42.2 42.2 42.2 42.2 42.2 42.2 42.2 42.2 42.2 
With stripper (with recovery of the expansion work) 
Expansion (in kJ/kg CO2) 0 0 0 0 0 0 0 0 0 
Pump work, total (in kJ/kg CO2) 78.7 65.9 59.5 59.5 52.1 52.1 56.3 56.3 56.3 
Pump work, total (in kWh/kg CO2) 0.022 0.018 0.017 0.017 0.014 0.014 0.016 0.016 0.016 
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Table 6.13: Characteristics of chemical absorbents used in removing CO2 [168] 
Absorbent Concentration 

(M) 
Max. concen-

tration 
CO2 charg-

ing (approx.)
Reaction enthalpy 

with CO2 (enthalpy 
of solution) 

Enthalpy of 
vaporization of 
the absorbent 

Reaction 
rate 

 M=mol absor-
bent/ mol H2O

kg MEA 
/kg H2O  in % 

kg CO2 /kg 
MEA 

 kJ/mol 
CO2  

kJ/kg 
CO2  

kJ/kg mol/L.s 

MEA 5 30 0.4 72 1635.9 826 7600 
DEA 3.5 36 0.4 65 1476.9 670 1500 
TEA 3.35 50 0.5 62 1408.8 535     16.8 
MDEA 4.28 50 0.5 53.2 1208.8 550       9.2 
DIPA   0.4*  1673.6    400 
DGA   0.4*  1975.8   
Hot potas-
sium car-
bonate 
K2CO3 

  0.4*    603.1   

*notional value 
 

Table 6.14: Input values and results for calculating the energy requirements of CO2 separation by means of con-
densation/sublimation of CO2 from the flue gas of a gas/steam turbine combined cycle power plant 

Flue gas of gas/steam turbine combined cycle power plant 
Condensation Freezing 

T in °C  0 -20 -56.45 -56.75 -100 -130 
p0 in bar 1.05 1.05 1.05 1.05 1.05 1.05 
ptot in bar 9706 5460 1455 1430 39 0.86 
psat,subl  in bar 34.85 19.70 5.21 5.12 0.14 0.0031 
CO2 capture ratio in % 90.0 89.9 90.0 90.0 90.0 90.0 
Carnot coefficient of performance in % 9.2 17.8 37.6 37.8 72.2 108.3 
ζ refrigerating unit (RU) in % 35 35 35 35 35 35 
RU performance figure 3.8 2.0 0.9 0.9 0.5 0.3 
Pinch in K 40 40 40 40 40 40 
Refrigeration power in kJ/kg CO2 231.5 448.2 941.1 945.8 1795.3 2678.3 
Refrigerating work in kWh/kg CO2 0.06 0.12 0.26 0.26 0.50 0.74 
T after compression in °C 2798 2440 1753 1746 573 10.5 
Compressor work in kJ/kg Gas 3509 3014 2084 2074 599 -15 
Compressor work in kJ/kg CO2 74947 64413 44496 44274 12802 -320 
T after expansion in °C 418.0 368.1 272.3 271.2 109.4 28.9 
Expansion work in kJ/kg Gas -3085 -2646 -1821 -1812 -511 19 
Expansion work in kJ/kg CO2 -62478 -53613 -36869 -36682 -10350 385 
Total compr. work in kJ/kg CO2 12470 10801 7628 7592 2452 65 
Total compr. work in kWh/kg CO2 3.46 3.00 2.12 2.11 0.68 0.02 
Total energy required in kWh/kg CO2 3.53 3.12 2.38 2.37 1.18 0.76 
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Table 6.15: Input values and results for calculating the energy requirements of CO2 separation by means of con-
densation/sublimation of CO2 from the flue gas of an IGCC power plant 

Flue gas of IGCC power plant 
   Condensation Freezing 

T in °C  0 -20 -56.6 -56.8 -100 -120 
p0 in bar 1.05 1.05 1.05 1.05 1.05 1.05 
ptot in bar 3741 2114 556 555 14.85 1.4 
psat,subl    in bar 34.8 19.7 5.2 5.1 0.14 0.013 
CO2 capture ratio in % 90.0 90.0 90.0 90.1 90.0 90.0 
Carnot coefficient of performance in % 9.2 17.8 37.7 37.8 72.2 94.7 
ζ refrigerating unit in % 35 35 35 35 35 35 
RU performance figure 3.8 2.0 09 0.9 0.5 0.4 
Pinch in K 40 40 40 40 40 40 
Refrigeration power in kJ/kg CO2 99.2 191.8 403.0 403.8 765.3 998.4 
Refrigerating work in kWh/kg CO2 0.03 0.05 0.11 0.11 0.21 0.28 
T after compression in °C 2053 1788 1273 1272 366 53 
Compressor work in kJ/kg Gas 2613 2237 1528 1526.3 378.4 29.3 
Compressor work in kJ/kg CO2 23303 19953 13622 13596 3376 261 
T after expansion in °C 318.7 281.2 208.6 208.4 81.0 30.5 
Expansion work in kJ/kg Gas -2289 -1956 -1328 -1327 -318 -23 
Expansion work in kJ/kg CO2 -17871 -15271 -10365 -10345 -2486.7 -183.0 

Total compressor work in kJ/kg CO2 5432 4682 3257 3251 889 79 
Total compr. work in kWh/kg CO2 1.51 1.30 0.90 0.90 0.25 0.02 
Total energy required in kWh/kg CO2 1.54 1.35 1.02 1.02 0.46 0.30 
 
Table 6.16: Input values and results for calculating the energy requirements of CO2 separation by means of con-

densation/sublimation of CO2 from the flue gas of a coal-fired steam power plant 

Flue gas SPP 
    Condensation Freezing 

T in °C  0 -20 -56.6 -56.8 -100 -120 
p0 in bar 1.05 1.05 1.05 1.05 1.05 1.05 
ptot in bar 2600 1466 386 390 10.4 0.97 
psat,subl    in bar 34.8 19.7 5.2 5.1 0.139 0.013 
CO2 separation factor in % 90.0 89.9 89.9 90.2 90.0 90.0 
Carnot coefficient of performance in % 9.2 17.8 37.7 37.8 72.2 94.7 
ζ refrigerating unit (RU) in % 35 35 35 35 35 35 
RU performance figure 3.8 2.0 0.9 0.90 0.5 0.4 
Pinch in K 40 40 40 40 40 40 
Refrigeration power in kJ/kg CO2 68.5 132.4 277.9 278.0 526.6 687.4 
Refrigerating work in kWh/kg CO2 0.02 0.04 0.08 0.08 0.15 0.19 
T after compression in °C 1879 1641 1151 1155 308 19 
Compressor work in kJ/kg Gas 2273 1953 1312 1316 299 -6 
Compression in kJ/kg CO2 14579 12531 8413 8418 1918 -37 
T after expansion in C 294 263 192 192 73 26.5 
Expansion work in kJ/kg Gas -1989 -1703 -1138 -1141 -250 7 
Expansion in kJ/kg CO2 -10544 -9032 -6033 -6037 -1327 39 
Total compressor work in kJ/kg CO2 4034 3499 2380 2381 591 1.7 
Compressor work  in kWh/kg CO2 1.12 0.97 0.66 0.66 0.16 0.00 
Total power required in kWh/kg CO2 1.14 1.01 0.74 0.74 0.310 0.19 
 



Data Tables 176 

Table 6.17: Input values and results for calculating the energy requirements of CO2 separation by means of con-
densation/sublimation of CO2 from the synthesis gas of an IGCC power plant after CO shift conver-
sion 

Synthesis Gas 
    Condensation Freezing 

T in °C  0 -20 -56.57 -56.75 -75 
p0 in bar 25 25 25 25 25 
ptot in bar 591.8 335.6 87.9 88.22 22.67 
psat,subl  in bar 34.8 19.7 5.2 5.1 1.3 
CO2 capture ratio in % 90.0 90.0 90.0 90.1 89.9 
Carnot coefficient of performance in % 9.2 17.8 37.7 37.8 50.5 
ζ of refrigerating unit (RU) in % 35 35 35 35 35 
RU performance figure 382.4 196.9 92.9 92.6 69.4 
Pinch in K 40 40 40 40 40 
Refrigeration power in kJ/kg CO2 22.1 42.4 88.2 88.3 117.0 
Refrigerating work in kWh/kg CO2 0.01 0.01 0.02 0.02 0.03 
T after compression in °C 409.6 322.4 149.9 150.3 18.4 
Compression work in kJ/kg Gas 682.7 519.6 210.8 211.4 -10.9 
Compression work in kJ/kg CO2 880.9 670.2 271.9  56.3 
T after compression in °C 88.8 75.7 48.2  30.3 
Expansion work in kJ/kg Gas -577 -436 -173  -35 
Expansion work in kJ/kg CO2 -103 -78.0 -30.9  -6.2 
Total compr. work in kJ/kg CO2 777.7 592.3 241.0  50.1 
Total compressor work in kWh/kg CO2 0.22 0.16 0.07  0.01 
Total power required in kWh/kg CO2 0.22 0.18 0.09  0.04 

 

Table 6.18: Expenditures and potential recovery of energy for CO conversion / CO2 adsorption with CaO / 
CaCO3 (without CO2 liquefaction). 

Adsorbent: CaO H2O : CO (mol/mol): 2.1 : 1 
Adsorption: 600-400°C / 29.7 bar Desorption: 750°C / pCO2 <0.086 bar 

Expenditure / Exergy Losses 
 Enthalpy 

in MW 
Electrical Energy 

in MW 
Efficiency Penalty in 

Percentage Points 
MP steam for CO conversion in MW   69.4    21 *   -2.4 
Raw gas for CaO regeneration (750°C) 253 132.0 ** -14.9 
O2 generation (0.23 kWh/kg O2, 1bar)    15.8    -1.8 
Total losses  172.4 -19.5 
Heat recovery 
Adsorption enthalpy (400°C) 231   64.7 ***   +7.3 
CO2 waste gas (750°C)   52   15.6 *   +1.8 
Effect of N2 preheating on GT   26     6.5  ****   +0.7 
Fuel gas expansion      2.73   +0.3 
Total recovery    89.5 +10.1 
CO2 compression from 0.16 bar to 1 bar:  
(ηis=0.9, 2 stages, intercooling at 30°C) 

  
  31.2 

 
  -3.5 

Total power loss  110.6 -12.5 
Energy input (coal) 885.14   

* Conversion of enthalpy to electrical energy where: η ≈ 0.3 
** Conversion of enthalpy to electrical energy where:  η =ηIGCC/η(clean gas to coal) ≈ 0.4/0.766=52.2% 
*** Conversion of enthalpy to electrical energy where: η ≈ 0.28 
**** Conversion of enthalpy to electrical energy where: η ≈ 0.25 
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Table 6.19: Results of calculations for the 'quasi-combined' cycle with TITs of 1300°C and 1190°C at condenser 
temperatures of 18/20/23°C (single-stage GT, three-stage intercooled compression). 

TIT in °C 1300 1300 1300 1190 1190 1190 
Condenser temperature in °C 18 20 23 18 20 23 
CO2 condensation pressure in bar 67.45 69.7 73.12 67.45 69.7 73.12 
T-recuperator/CO2 in °C 769 771 774 669 672 674 
Power output (positive = delivery of electric power, negative = consumption ) 
  GT in kW 31282 31213 31213 31178 30982 30905 
  ST in kW 10069 10070 10097 9855 9817 9812 
  O2 compression in kW -1883 -1883 -1883 -1883 -1883 -1883 
  CO2 compression in kW -9110 -9195 -9195 -9862 -9909 -9767 
  pump in kW -1415 -1453 -1557 -1539 -1573 -1681 
  ASU in kW -3957 -3957 -3957 -3957 -3957 -3957 
  net output in kW 24986 24795 24719 23791 23476 23429 
Efficiencies in % 
  η (LHV) 50.0 49.6 49.4 47.6 46.9 46.8 
  η (HHV) 45.0 44.7 44.5 42.9 42.3 42.2 
Composition of separated CO2 stream 
  Mass fractions of CO2 in % 96.5 96.5 96.5 96.5 96.5 96.5 
  Mass fractions of Ar    in % 2.7 2.7 2.7 2.7 2.7 2.7 
kg CO2/s  2.735 2.735 2.735 2.735 2.735 2.735 
CH4  input in kg/s 1 
LHV (CH4) 50010 
HHV (CH4 ) 55495 
O2 mass flow in kg/s 4.071 
Energy expended in O2 production in 
kWh/kg O2 

0.27kWh/kg  (at 1 bar, O2 purity: 98% Volume fraction O2) 

 
Table 6.20: Potential for reducing CO2 emissions 
Measure Potential for reducing CO2 

emissions 
Notes 

Worldwide use of natural gas instead 
of coal as a power plant fuel 

8% (global) Assuming that power plant efficiency remains the 
same 

Replacing all existing power plants in 
Germany with new higher-efficiency 
models 
(43% for lignite power plants,  
 47% for hard coal power plants, 
 58% for natural gas power plants) 

30% in relation solely to 
lignite power plants 
27% in relation solely to 
hard coal power plants 
 
14.5% in Germany  
(total emissions) 

1) Average efficiencies [207]: 
32.0% for all the electricity generating plants of the 
public power supply system 
30.0% for the lignite power plants of the public 
power supply system 
34.3% for the hard coal power plants of the public 
power supply system 
2) Share of electricity generation (1997) [208]:  
25% for lignite power plants, 26% for hard coal 
power plants   

Replacing the separate generation of 
electrical energy and heat with power 
and heat cogeneration (German: 
KWK) 

1.4% to 7.8% in Germany 
(total emissions) 

Literature source: Pruschek et al. [207] 

Increased construction of nuclear 
power plants on a global level 

7% (only power supply 
sector, global) 

Literature source: van de Vate [209] 
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6.6 Electrical Equivalence Factor of Heat Utilization (Extraction Steam) 
 
Chemically-acting solvents (chemical absorption) are regenerated through an increase in temperature. 
Normally, steam is used to heat the regenerator. This steam is extracted from the low-pressure section of 
the steam turbine and fed back into the steam cycle as condensate. Extracting the steam leads to a reduc-
tion in the output of the steam turbine cycle. 
  

turbine inlet
m0, h0

T0, p0

extraction steam

mZ, hZ

turbine exit

mcond ,hcond ,

Tcond , pcond

 
Figure 6.8:   Steam extraction 

 
The reduced output of the steam turbines ∆PT (mechanical equivalent of the steam) is calculated from 

heat consumption 
.

Q  through multiplication with a conversion factor (equivalence factor Q,0α ): 

  useQT QP
.

,0 ⋅=∆ α    (6.1) 

Heat flow useQ
.

 , used in the heat consumer, is the difference useDH ,∆  between the enthalpy flow of the 
steam prior to heat utilization and the condensed, warm water after heat utilization.  

useQ
.

 corresponds approximately to enthalpy ),( ZZ TpH  of the extraction steam: 

  ),(
.

,

..

ZZZuseDuse TphmHQ =∆=  (6.2) 

The ratios at the steam turbine are shown in Figure 6.8. Equivalence factor Q,0α  of the heat utilization is 

the ratio of the modified turbine output ∆PT to the heat used useQ
.

: 
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With the modified turbine output (mechanical equivalent of the steam): 
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equivalence factor  Q,0α  is calculated: 
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The enthalpy of the condensate flowing back from the heat consumer could be used to preheat the feed 
water. This would enable a higher equivalence factor to be achieved. The enthalpy of fuel saved through 

preheating corresponds to enthalpy )('
.

Zz phm  of the condensate from the heat consumer minus enthalpy 

)('
.

Kondz phm  of the condensate after the steam turbine: 

  ))()(( ''
..

condZZB phphmH −=∆  (6.6), 

To perform a more precise calculation of the change in power output through using the hot return flow 
condensate from the heat consumer for regenerative preheating in the steam turbine cycle with the same 
utilization of fuel, it would be necessary to take into consideration the exact process arrangement of the 
steam cycle with the number of preheatings, and the states and mass flow rates of the vapor. To enable a 
generalized statement to be given, the simplified assumption is made that efficiency elD,η  of the steam 
cycle is known. This enables the calculation of equivalence factor Qv,α  of heat utilization with preheat-
ing:  
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 (6.7). 

 
If technical limitations mean that the steam can only be expanded by the turbine to a residual humidity 
of around 85%, for some live steam states this will mean having to increase the condenser pressure. 
High wet steam pressure at the turbine inlet means that maximum humidity has already been achieved at 
a high pressure, which produces a higher turbine exit temperature. This also reduces the equivalence 
factor. 
Figure 6.9 (using the enthalpy of the hot condensate from the heat consumer for preheating purposes) 
and Figure 6.10 (using the enthalpy of the hot condensate) show the equivalence factor for the three 
cases, in which the difference in enthalpy usable in the turbine: 
•  occurs through expansion to 0.04 bar (29ºC), whereby residual humidity is dependent on the inlet 

state of the steam (Figure 6.11), 
•  is the difference between the enthalpy of the extraction steam and the enthalpy at a fixed condenser 

state of 0.04 bar and wet steam of 85%, or 
•  occurs through expansion to wet steam of 85%, and to the associated condenser pressure in depend-

ence on the inlet state of the steam (Figure 6.12). 
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6.7 Calculation of Electricity Generating Costs 

In calculating the electricity generating costs, it is assumed that the investment during the period of con-
struction is made in equal annual installments, at the mid-point of each year. Table 4.2 on page 143 sum-
marizes the values of the factors which influence the calculation.  
 
The method of calculating the electricity generating costs is described in more detail by Pruschek et al. 
[180]. 
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Table 6.21: Influencing factors in the calculation of electricity generating costs 

elk   standardized electricity generating costs in 
US$/kWh 

 I  specific plant costs in base year in US$/kW 

Ta   annual utilization factor in h/a  kB  fuel costs in base year in US$/GJ 
η  net efficiency of power plant  nP  duration of planning period prior to start of con-

struction in years 
nB  construction period in years  nL  period of depreciation, operating life in years 
fE  client's own contribution as % of plant costs  fI  general price escalation (inflation) in %/a 
fZB  imputed rate of interest during construction 

period (discount rate) in %/a 
 fS  standardized tax rate during period of construc-

tion in %/a 
fV  standardized rate of insurance over period of 

operation in %/a 
 fW  standardized rate of maintenance and repair 

costs + staff costs in %/a 
fZ  imputed rate of interest during period of opera-

tion in %/a 
 ef  increase in fuel prices in %/a 
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